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ABSTRACT 

Fluidized beds are widely used in industries as they can offer high quality contacts 

between particles. Particle behavior such as particle mixing is very important for the 

understanding of fluidization and the design of fluidized beds. The aim of this project 

is to investigate the regularity of particle velocity distribution and particle mixing in 

fluidized beds by using both experimental and computational methods. To achieve the 

research aim, four key chapters have been proposed and the key findings are 

summarized below.   

Bubbles play an important role in particle mixing in fluidized beds. However, 

fundamental understanding of particle velocity distribution around bubbles is still 

limited. Therefore, both particle image velocimetry (PIV) technique and discrete 

element modelling (DEM) are employed in Chapter 3 to investigate the particle 

velocity fields in fluidized beds. Results show that particle velocity distribution for a 

single bubble can be described by tri-peak model which is a linear superposition of 

three Maxwellian distributions. A tri-peak model based on the fluid and particle 

control mechanism is also theoretically derived, showing that the tri-peak model can 

profile particle velocity distribution more accurately than other models.  
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Mixing of granular materials in jetting fluidized beds is further investigated in 

Chapter 4. The mixing efficiency is affected significantly by the number of jets and 

their locations. In the study, discrete particle model is validated by physical 

experiments, and cases with different jet numbers (varying from one to five) but the 

same gas flow rates are compared. It is found that the mixing efficiency in the one-jet 

case (spouted-bed) is 1.5~3 times higher than other cases due to a higher jet velocity 

and umbrella-type flow pattern. For the multiple jets, bubbles and vortex can form and 

promote particle mixing but not as efficient as the case of one jet.  

Further understanding the particle mixing and segregation dynamics is essential in 

successfully designing and reasonably operating multicomponent fluidized bed. In 

Chapter 5, a novel fluorescent tracer technique combining image processing method is 

used to investigate the mixing and segregation behavior in a binary fluidized bed with 

wide size distributions. The results show that the theoretical minimum fluidization 

velocity calculated from the bed pressure drop cannot represent the whole fluidization 

for a wide particle size distribution system. It is also found that there is a stagnant 

region in the bottom of the bed that consists of particles with large sizes and a low 

degree of sphericity. Particles in the stagnant region are difficult to fluidize and should 

be considered in the design of fluidized beds in industrial applications. 

Particle rotation has been found important in affecting the heterogeneous structures of 

fluidized beds, for example, Magnus lift force might play a pivotal role when particles 
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have fast rotation speed. In Chapter 6, a pseudo two-dimensional DEM is used to 

investigate the influence of Magnus lift force in fluidized bed, and the rotational 

Reynolds number (Rer) bases on the angular velocity and the diameter of the spheres 

is used to characterize the rotational movement of particles. Results show that the 

influence of Magnus lift force is enhanced with a higher Rer. Magnus lift force affects 

the movement of particles in both radial and axial directions when Rer is high. 

However, in low Rer case it can be neglected. This indicates that Magnus effect 

should be considered in gas-solid two phase systems when the particle rotational 

speed is high. 
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The development of gas-solid fluidized bed technology stems from the pursuit of 

enhancing the efficiency when processing solid particulate materials. This so-called 

"fluidization" is different from the traditional gas, solid and liquid states. It is a new 

state that is generated from the interaction of fluid and solid particles. The fluidized 

bed is a reactor in which particles are processed by the fluidization method. The 

gas-solid fluidized bed uses gas as a power source to fluidize the particles. Compared 

with a traditional fixed bed and moving bed, the gas-solid fluidized bed not only 

enhances the interaction between the gas and solid particles but also promotes the heat 

and mass transfer efficiencies. On one hand, the rates of the physical and chemical 

processes are greatly increased. On the other hand, the temperature and concentration 

distributions throughout the reactor are made uniform. Gas-solid fluidized beds have 

such characteristics as a high production efficiency, a good expansion performance, 

and a good scale-up performance. Because of these remarkable advantages, after 

nearly 70 years of fundamental theoretical research and technological development, 

the gas-solid fluidized bed is widely used in many industries, including the chemical, 

energy, food processing, environmental protection, and materials industries. 

In the theoretical studies of a gas-solid fluidized bed, the research scope can be 

roughly grouped into three scales: the microscopic particle scale, the mesoscopic 

structure scale, and the macroscopic reactor scale. 
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A particle group is composed of single particles. The force and motion of microscopic 

single particles are the basis for studying the motion of mesoscopic particle groups 

and the mass/heat transfer phenomena of macroscopic reactors. In a typical gas-solid 

two-phase system, the force analysis is relatively complicated because the particles 

are subjected to the effects of both the fluid and other particles. Specifically, the 

particles are subjected to a drag force, buoyancy force, gravity, contact forces 

(collisions and friction) between particles and between the particles and the walls, and 

pressure gradient forces. In some special circumstances, additional force terms also 

apply. For example, the Saffman lift force is generated in a flow field with a velocity 

gradient, and the Magnus lift force is produced by the rotation of particles. An 

in-depth study of the forces on particles and the conditions for force generation is of 

great significance for investigating particle motion, developing numerical simulation 

methods, and optimizing the reactor’s structural parameters. However, some forces 

are often overlooked in numerical simulation calculations. The Magnus lift force is 

one such example. On one hand, it is difficult to experimentally observe the rotation 

of the particles, on the other hand, it is difficult to obtain a theoretical relationship that 

is applicable to actual gas-solid two-phase systems (Zhou and Fan 2015a). Therefore, 

systematic research is still lacking. 

The so-called mesoscopic structure scale, i.e., the mesoscale (Li et al. 2005), refers to 

the scale between the microscopic particle scale and the macroscopic reactor scale. 
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The main research objects at this scale are mesoscale structures in the gas-solid 

fluidized beds, such as bubbles and particle clusters. Unlike a single uniform fluid, the 

fluidized particle flow has a certain degree of non-uniformity, which is represented by 

bubbles (a dense fluidized bed) and particle clusters (a dilute-phase fluidized bed). 

These structures have significant impacts on the segregation and mixing 

characteristics of the particles, the residence time distribution of the particles, and the 

reactor’s structural design. The motions and formation mechanisms of the bubbles and 

particle clusters are complex. Although researchers have conducted numerous related 

studies, more experimental and theoretical support is needed for some specific 

research subjects, such as the velocity distribution curves of particles around a bubble.  

At the macroscopic reactor scale, the transport phenomenon in a fluidized bed is a 

prominent research topic in the study of fluidized bed reactors. The research scope 

includes multiple aspects, such as particle mixing, particle elutriation, diffusion, gas 

mixing, mass transfer, and heat transfer. Particle mixing refers to mixing different 

particle components. In a gas-solid fluidized bed, the mixing quality greatly affects 

the production efficiency and product quality. On one hand, good mixing helps in 

achieving a relatively uniform temperature and concentration fields and avoids the 

formation of local “dead zones”, on the other hand, good mixing promotes the contact 

of solid reactants in the bed and improves the reaction efficiency. Therefore, research 

on particle mixing in a gas-solid fluidized bed is of great significance for improving 
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the safety and economics of the equipment. After years of theoretical development 

and experimental exploration, a relatively mature theoretical system has been formed 

for particle mixing in gas-solid fluidized beds. However, there is still a lack of 

experimental or simulation support for some specific practical problems, such as the 

effect of the nozzle arrangement on particle mixing under the same gas flow rate and 

the effect of particles with a wide size distribution on particle mixing. 

The main aims of this study are as follows: (1) Simulate the particle rotation in the 

fluidized bed by adopting improved CFD-DEM calculation model, reveal the affect of 

Magnus effect on particle movement in gas-solid fluidized bed, and propose the 

application conditions of Magnus lift force. (2) Measure particle flow field in a 

two-dimensional fluidized bed to obtain particle velocity distribution function around 

a single bubble. Establish theoretical model of particle velocity distribution to 

describe the dynamic mechanism of particles around bubbles. (3) Put forward a novel 

fluorescent tracer technique combining image processing method for measuring the 

distribution of tracer particles in dense area of fluidized bed, and study the mixing of 

particles in the dense area at low gas velocity. 
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2.1 Current research status 

During the nearly 70 years of development, researchers have conducted a series of 

studies on gas-solid fluidized bed technology and published many meaningful works. 

The research objects include microscopic particles, mesoscopic structures (bubbles, 

particle clusters), and macroscopic fluidized bed reactors. For topics related to this 

study (such as flow dynamics and particle mixing characteristics), the previous 

research can be mainly divided into three aspects: experimental research, numerical 

simulations, and theoretical research. In terms of the above three aspects, the research 

status of particle dynamic characteristics and mixing characteristics in a gas-solid 

fluidized bed are described in detail below. 

2.1.1 Experimental research 

2.1.1.1 Particle velocity measurement 

To characterize the dynamics of the particle flow, it is often necessary to capture the 

motion and measure the velocity profile of the particles. Particles in a gas-solid 

system are characterized by their small size, large quantity, and vigorous motion. 

Therefore, measuring particle velocity has always been a difficulty in the research of 

gas-solid fluidized beds. The mainstream velocity measurement methods currently 

include the optical fibre method, the laser Doppler anemometry (LDA) velocity 
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measurement method, the particle tracking velocimetry method, and the particle 

image velocimetry (PIV) method. 

 

 

 

Figure 2.1. Fibre optical probes. (a)Oki et al.(1977) , (b) Ishida et al.(1980) , and (c) 

Zhou et al.(1995) . 
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Oki et al. (1977) were the first to use optical fibres as probes for particle velocity 

measurements. The reflected signal delay time of the particles passing through two 

sets of optical fibres was used as the measurement parameter. Ishida et al. (1980) 

improved the fibre optic probe and proposed a coaxial fibre optic probe structure. In 

addition to measuring the particle velocity, the probe was also able to detect the 

direction of particle motion based on the combination of signals from different fibres. 

Zhou et al. (1995) developed a five-fibre optical particle velocity probe. This probe 

can determine whether the light reflected to the transmitting fibres is from the same 

particle by obtaining two delay times. If the difference between the two measured 

velocities is less than 0.015, it can be determined that the two velocities were 

generated by the same particle in this direction. This method greatly improves the 

measurement accuracy. Moreover, this method can accurately measure the particle 

velocity in regions adjacent to the wall where the particle concentration is high and 

the particle movement direction is disordered. Some recent studies have shown that 

the optical fibre method is generally accurate for measuring solid concentration and 

voids, but there are many interference factors for measuring the velocity of particles. 

The accuracy and reliability of this method are thus still being questioned: first, the 

reflection-type optical fibre has the problem of light scattering, which leads to 

deviation in the velocity measurement, second, the instantaneous velocity of the 

particle group is obtained based on the cross-correlation algorithm, while the 

time-average velocity is obtained by a statistical average. The particle aggregation 
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state, the particle position, and the flow field turbulence can all affect the 

characteristics of the optical signals. Different signal processing methods and 

algorithms can lead to significant differences in the results. There is currently no 

unified signal processing method. 

 

Figure 2.2.Detailed cross-section view of an ultrasound Doppler probe (Bröring et al., 

1991) 

When a laser beam is irradiated onto a solid particle, the laser is scattered by the 

moving particle, and a frequency shift occurs between the incident light and the 

scattered light. This phenomenon is called the Doppler effect. The frequency shift is 

proportional to the velocity of the solid particle. Therefore, the Doppler shift can be 

used as a measure of the particle velocity. LDA velocity measurement technology can 

measure the instantaneous velocity of the local motion. It has the advantages of a high 

measurement accuracy, high temporal and spatial resolutions, a small measurement 

https://www.sciencedirect.com/science/article/pii/S0009250902001938#BIB22
https://www.sciencedirect.com/science/article/pii/S0009250902001938#BIB22
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volume, a fast response frequency, non-contact measurement, and no interference on 

the fluid field (Boyer et al., 2003). The test principle is to use the laser Doppler effect 

for velocity measurement. The research mainly focuses on gas-solid two-phase 

systems with low solid content, liquid-solid two-phase systems, and gas-liquid 

two-phase systems with low liquid content (with liquid droplets dispersed in the gas 

phase). There have been many studies in recent years on the phase velocity 

measurement for gas-liquid bubble column systems, but few for three-phase flow 

systems (Ming et al., 2005). However, the laser (phase) Doppler velocimetry system is 

complicated, expensive, and has a high technical requirement. Although it has good 

application prospects in velocity tests for fluidized beds with fine particles and a low 

concentration, it has some issues, such as light blocking(Ming et al., 2005). Therefore, 

this technique is difficult to extensively apply in industrial production. 

 

Figure 2.3. Instantaneous snapshots of particle mixing process with time by using 

tracer particle method (Zhang et al., 2009a). 
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The tracer particle method is often used to study the velocity and mixing properties of 

particles, the residence time distribution, and the trajectory of particle motion in a 

fluidized bed. The tracer particles must have hydrodynamic properties that are similar 

to those of other particles in the measured flow field. Currently, radioactive isotopes 

are mostly used as tracers. However, because of many concerns regarding radioactive 

isotopes in tracer preparation and safety protection, there are many difficulties and 

limitations in their application. Therefore, some researchers have studied the 

trajectory of particle motion in a fluidized bed by using the fluorescent particle 

tracking method. For example, Qu and Kwauk (1985) used optical fibre-excited 

fluorescent particles to study the trajectories of particles as they flew out of small 

holes in a two-dimensional bed. Kojima et al. (1989) produced tracer particles by 

immersing FCC in a fluorescent material. Ultraviolet light was then transmitted into 

the bed, and the fluorescence signal from the tracer particles was detected by fibre 

optic probes. Other tracer particle methods, such as hot particle tracking, 

phosphorescent particle tracking, salt particle tracking, and magnetic particle tracking 

are rarely used for particle velocity measurements. Studies on tracer particle methods 

can be found in the literature (for exmaple, Kwauk and Li, 2007). 
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Figure 2.4. PIV experimental system (Bokkers et al., 2004) 

PIV technology(Westerweel, 1997) is a two-dimensional measurement technique 

based on the cross-correlation analysis of particle flow field images. It uses a 

high-speed camera to capture two sequential frames and then performs the 

cross-correlation analysis using a fast Fourier transform (FFT) to obtain the particle 

velocity (Willert et al., 1991). The analysis process is shown in Figure 2.7. First, two 

sequential frames of the images are taken for analysis. Two sampled regions f(m, n) 

and g(m, n) of the same size are taken at the same location in each image. Then FFT is 

performed on the image information of f and g to obtain their expressions F(m,n) and 

G(m,n) in the spatial frequency domain. The cross-correlation function Φ is then 

calculated in the spatial frequency domain. Next, an inverse Fourier transform is 
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performed on Φ to obtain the cross-correlation function φ. The peak value of the 

cross-correlation function is determined so that the particle displacements dx and dy 

can be determined. Finally, the particle velocity is obtained by dividing the particle 

displacement by the time interval between the two frames. 

 

Figure 2.5. PIV vector map for flow about 0.4 m above unfluidised bed 

surface(Duursma et al., 2001) 
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Figure 2.6. Bubble approaching the top of a 2D gas-fluidized bed by using PIV 

technology (Muller et al., 2007) 

The development of PIV technology offers a wide range of possibilities for studying 

particle motion in a fluidized bed. Duursma et al. (2001) used PIV technology to 

explore the velocity field of particles in the freeboard region on different 

cross-sections of a fluidized bed. Bokkers et al. (2004) obtained the particle velocity 

field in the vicinity of bubbles in dense gas-solid fluidized systems using PIV. Link et 

al. (2010) used PIV to explore the motion characteristics of particles in spout-fluid 

beds. They compared the data measured by PIV with that obtained by the discrete 

particle model (DPM) simulation and successfully obtained the particle flow 

temperature in the fluidized bed. Dijkhuizen et al. (2010) extended the PIV 

cross-correlation algorithm and found that direct illumination was better than indirect 

illumination. Muller et al. (2007) analysed the motion of particles during a bubble 

eruption in a two-dimensional fluidized bed using PIV. 
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Figure 2.7.Cross-correlation calculation procedure for the analysis of PIV experiment 

data. 

2.1.1.2 Particle mixing experiment 

 

Figure 2.8. Photograph showing a layered packed bed of pharmaceutical granulate in 

the beaker on the left and, on the right, a sample from that bed collected with the core 

sampling probe (Wormsbecker et al., 2005) 

The experimental method of particle mixing in gas-solid fluidized beds is mainly the 

tracer particle method. The processing method for tracer particles can be roughly 

divided into two categories: the sampling method and the image analysis method. 
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The tracer particle method is a relatively traditional method for particle mixing 

research: in a gas-solid two-phase fluidized bed system, some particles are marked in 

a certain way and can thereby be tracked by a certain method. The mixing state of 

particles can be visualized since the tracer particles (tracer) can well reflect the 

particle motion behaviour and the particle distribution in the fluidized bed. This 

method has been widely used in mixing studies of gas-solid fluidized beds because of 

its intuitiveness and convenience. Meanwhile, many tracer techniques have been 

developed, such as coloured particle tracking (Zhang et al., 2009a, Wormsbecker et al., 

2005), salt particle tracking (Van Zoonen, 1962) , magnetic particle tracking (Avidan 

et al.,1985), radioactive particle tracking (Ambler et al., 1990, Helmrich et al., 1986), 

phosphorescent particle tracking (Fei et al., 1994), and hot particle tracking (Zhang et 

al., 2013). 
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Figure 2.9. Schematic diagram of sampling. This figure shows how to determine the 

location of biomass particle which is located at the intersection between two 

layers.(Zhang et al., 2009b) 

A sampling analysis is a relatively common method for particle tracking. Early studies 

mostly used the bed-frozen method. In this method, the fluidizing air supply is 

suddenly cut off to cause the bed to collapse naturally. Then the particles in the 

collapsed bed are sampled and analysed. Related research can be found in references 

(Olivieri et al., 2004). However, the particle cluster may reorganize during the free fall, 

which will impact the accuracy of the concentration measurement (Zhang, 2010). 
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Zhong et al. (2007) of Southeast University investigated the particle mixing behaviour 

of a large spout-fluid bed and developed the insert/separator sampling technique. A 

large number of studies have been conducted on particle mixing and the bed pressure 

drop in spout-fluid beds (Zhang et al. 2009, Zhang et al., 2009a, 2009b). 

 

Figure 2.10. Schematic diagram of experimental system: (1) compressor, (2) pressure 

gauge, (3) bypass value, (4) desiccator, (5) ball value, (6) control value, (7) flow meter, 

(8) spout nozzle, (9) fluidizing gas chamber, (10) gas distributor, (11) spout–fluid bed, 

(12) halogen lamp, (13) digital CCD.(Zhang et al., 2009a) 

The image analysis method uses an apparatus, such as a high-speed camera or infrared 

thermal imaging system, to take images/videos of particles and then analyses them. 

Amiri et al. (2016) of the Iran University of Science and Technology used a CMOS 

high-speed camera to study the particle mixing behaviour in a quasi-two-dimensional 

bubbling fluidized bed. The DPM simulation model was experimentally validated. 

Based on the principle that microwaves can heat up polar particles, Zhang et al. (2013) 
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of Southeast University developed a novel microwave heating-infrared thermal 

imaging technology. In this work, a number of polar particles were used as tracer 

particles and were heated to a certain temperature via microwaves. The segregation 

characteristics of the particles in a multi-component fluidized bed were studied by 

infrared thermal imaging technology. 

2.1.2 Numerical simulation 

With the rapid development of computer technology, the application of numerical 

simulations in the research of multiphase flow has attracted increasing attention. 

Based on the dynamic heterogeneous characteristics of a fluidized system, two 

mathematical models have been established, depending on how the particles phase is 

processed: the two-fluid model and the particle trajectory model. The two-fluid model 

considers the particle phase as a pseudo-fluid that interpenetrates with the real fluid. 

The particle phase is considered to be a fluid-like continuous phase. It is assumed in 

the calculation that each phase has its own velocity, temperature, and volume fraction, 

and each particle phase has continuous spatial distributions of velocity, temperature, 

and volume fraction. The particle trajectory model is also called the discrete particle 

model. It treats the particle phase as a discrete phase and establishes the equation of 

motion for single particles. The gas phase is solved by the Navier-Stokes equation. 

Between these two phases, one can use either one-way coupling or two-way coupling. 

The former only considers the effect of the fluid phase on the particles, while the 
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latter also considers the effect of particles on the fluid. Both methods have advantages 

and disadvantages when solving practical problems. In addition, the two-fluid model 

considers the interaction between particles through the particle pressure and viscosity, 

and thus can solve the dense gas-solid flow with high concentration. The 

disadvantages of the two-fluid model are also obvious. For example, it is difficult to 

analyse the heterogeneous flow structure of the two-phase flow and determine the 

constitutive equation of a closed model, and it is impossible to obtain the trajectory of 

the particles. The most prominent advantage of the particle trajectory model is that the 

particle phase can be solved by the Lagrangian method. The motion of a single 

particle can be directly obtained and the empirical correlation function that is 

necessary for the closed solid phase stress term in the two-fluid model is not required. 

It is thus easy to simulate the processes with evaporation, volatilization, and reaction, 

and there is no numerical diffusion in the particle phase prediction. However, the 

biggest disadvantage of this model is that the calculation time increases exponentially 

with an increase in the particle number. For a gas-solid two-phase system, the 

improvement of the numerical simulation models and their applications in different 

fluidization conditions can be found in the literature(Zhou and Fan 2015b, Mikhailov 

and Freire 2013, Ye et al., 2004, 2005b, 2005a, Ye, 2005, Goldschmidt et al., 2004, 

Bokkers et al., 2004, Yuan et al., 2001, Lukerchenko, 2001, Huang et al., 2001, 

Hoomans, 2000, Tsuji et al., 1993, Kuipers et al., 1992, Cundall et al., 1979). 
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Figure 2.11. The snapshots of the simulation results of the homogeneous fluidization 

of Geldart A particles. The far left graph shows the fluidized bed in 3D. Graphs 1–5 

show the cross sections of bubbling bed(Ye et al., 2005a) 

 

Figure 2.12. Single bubble injection in a monodisperse fluidised bed: comparison of 

experiment with DPM using different drag models.(Bokkers et al., 2004) 

2.1.2.1 Governing equations for Discrete Element Method (DEM) used in this thesis 

DEM tracks each particle using Newton’s second law of motion, and the fluid phase is 

described using the averaged equations of motion. DEM has been used and 
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documented somewhere (Huang et al., 2018, Clarke et al., 2018, Zhao et al., 2017, Ye 

et al., 2005b, Peng et al., 2016, Hoomans et al., 1996, Tsuji et al., 1993). For 

convenience, it is briefly given below. 

The fluid flow is solved by the averaged continuity and momentum equations of the 

continuum which are given as 
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where  presents the porosity, g the gravity acceleration, g the gas density, u the gas 

velocity,   the viscous stress tensor, and p the pressure of the gas phase. The source 

term Sp is: 
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where V is the volume of fluid cell and N the number of particles in the fluid cell. Fd,i 

is the drag force acting on particle i. The  -function ensures that the drag force acts 

as a point force at the particle centre (Zhang et al., 2015). 

The Newtonian equation is used to track the motion of particles. The equations for the 

translational and rotational motion of particle are: 
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where m is the mass of particle, the first and second terms are the contact force and 

drag force, respectively. The third term represents the pressure drag induced by the 

pressure gradient around the particle. I is the moment of inertia,  the angular 

displacement, and T the torque of particle. The contact force Fcont includes both 

normal and tangential components which are given by 
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Soft-sphere model is used to calculate the contact force. The normal and tangential 

components are respectively given by: 
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Here k  is the spring stiffness,   the damping coefficient, abn the normal unit vector, 

n  the overlap, t  the tangential displacement, f  the friction coefficient and ab  

the relative velocity between two particles. 

The drag force Fd is a combination of Ergun equation (1949) for dense regime and 

Wen-Yu’s drag model (1966) for dilute regime:  
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2.1.3 Theoretical research 

2.1.3.1 Research status of the dynamic characteristics of particles in gas-solid 

fluidized bed 

The motion of particles in the flow field is caused by force. Particle dynamics

 is the pattern of motion and force of the particles. Understanding the force o

n the particles is the basis for the particle motion description and is of great s

ignificance when studying the motion mechanism of single particles and the m

otion characteristics of particle groups. Particle dynamics are also often involve

d in the systematic modelling of particle fluid systems. Therefore, in this study,
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 the microscopic dynamic characteristics of the particles need to be studied bef

ore exploring the macroscopic characteristics (mixing, segregation) of the gas-so

lid fluidized bed. 

 

Figure 2.13. Example of rotation speed measurement by experimental method.(Wu et 

al. 2008a) 

In a typical gas-solid two-phase system, the particles are subjected to a drag force, 

buoyancy force, gravity, contact forces (collisions and friction) between particles and 

between the particles and the walls, and pressure gradient forces. In some special 

circumstances, other force terms also apply, such as the Basset force, which is caused 

by the deviation from the steady-state motion in a viscous fluid, the Saffman lift force, 

which is generated in a flow field with a velocity gradient, and the Magnus lift force, 

which is produced by the rotation of particles. At present, most studies focus on the 

drag force on particles or particle groups. Little research has been conducted on the 

expression of other forces when particles move in fluids. In this study, these forces 

will be analysed and a DPM model will be established based on the force analysis.  
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In a gas-solid two-phase system typified by a fluidized bed, the motion of the particles 

includes not only translation but also rotation because the particles are not points with 

no radii but instead have spherical or spherical-like shapes. Rotation occurs when the 

particles collide non-centrally or when they are in a heterogeneous flow field. Studies 

by Torobin et al. (1960) have shown that rotational motion affects the linear motion of 

the particles and, to some extent, the transport and entrainment of the particles in the 

gas-solid fluidized system. Wu et al. (2008a, 2008b) experimentally investigated the 

effects of different influencing factors (such as the particle size, density, and particle 

collision rate) on the particle rotation. It was found that the rotation speed of particles 

with radii of 0.5 mm and densities of 2400-2600 kg/m3 could reach 300 to 2000 rev/s 

in a cold circulating fluidized bed riser. Kajishima et al. (2004) studied particle 

rotation via numerical simulation and found that irrotational particles were more 

likely to form particle clusters than rotational ones under a shear flow. Similar studies 

and conclusions were also reported in the work of Wang et al. (2008). Sun et al. (2006) 

found that the numerical simulation model with the incorporation of particle rotation 

could better capture the characteristics of bubble dynamics and bed behaviour. 



Chapter 2 Literature Review 

29 

 

 

Figure 2.14.Instantaneous gas volume fraction for a bidispersed-fluidized bed at (a) 0 

s, (b) 6 s, (c) 10 s, (d) 14 s, (e) 18 s and (f) 20 s. For each subframe, the left side are 

simulations without particle rotation and the right frame with particle rotation.(Sun et 

al., 2006) 

It is well known that rotating particles in a fluid are subjected to the Magnus lift force. 

The direction of the Magnus lift force satisfies the left-hand rule, i.e., the direction of 

this force is perpendicular to the plane defined by the rotation direction and the 

direction of the relative velocity of the particle with respect to the fluid. The Magnus 

lift force and the corresponding Magnus effect can explain such phenomena as the arc 
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ball in table tennis and the banana kick in football. In 1672, Newton correctly deduced 

the reason for the Magnus effect after watching a tennis game match at the Cambridge 

College (Barkla and Auchterlonie, 1971). In 1852, German physicist Heinrich Magnus 

described this effect mathematically. Since then, extensive research has been reported 

on the Magnus effect in particle-fluid systems. Oliver (1962) explained some motion 

behaviours of particles in a tube by the Magnus effect. White and Schulz (1977) 

studied the motion of glass beads (with a diameter of 350 µm and a density of 2500 

kg/m
3
) in an air duct and explained some of the observations with the Magnus effect. 

Dandy and Dwyer (1990) calculated the drag force and Magnus lift force of a single 

particle under different Reynolds numbers. They found that the magnitude of the 

Magnus lift force was much smaller than that of the drag force under the same 

Reynolds number. You et al. (2003) also found that for small particles (with a 

diameter of 100 um), the Magnus lift force was negligible compared to the drag force, 

even with a rotational speed of 10
6
 rev/min. However, recent studies have shown that 

the Magnus lift cannot be ignored in some cases. Zhou et al. (2015a) simulated the 

particles using the lattice Boltzmann method and showed that the Magnus lift force 

could not be ignored in dilute fluids with high Reynolds numbers. Researchers have 

studied the Magnus effect under different working conditions (in terms of the 

Reynolds numbers). However, there are few reports on the Magnus effect in gas-solid 

fluidized bed systems. 



Chapter 2 Literature Review 

31 

 

 

Figure 2.15. Magnus effect 

2.1.3.2 Theoretical research status of the mesoscopic structure (bubble) 

 

Figure 2.16. Physical basis of the EMMS model (Kwauk and Li 2007). 

The force on microscopic particles is the driving force of single particle motion, while 

the mesoscopic bubble is the driving force of particle mixing in gas-solid fluidized 
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beds (Kwauk and Li 2007). Therefore, studying the formation and evolution 

mechanism of bubbles is of great significance for exploring particle mixing in 

gas-solid fluidized beds. Some researchers have studied bubbles by dividing the 

gas-solid system into a dense phase and a dilute phase, which is called the two-phase 

model. Tommey and Johnstone (1952) were the first to propose the two-phase concept. 

They defined the dispersed phase as the dilute phase and the continuous phase as the 

dense phase. The bubbling fluidization system was studied by the two-phase theory in 

their work. Davidson (1963) established the Davidson bubble model to describe the 

motion behaviour of bubbles in a bubbling fluidized bed. Li and Kwauk (2003) 

established the energy minimization multi-scale (EMMS) theory. In this theory, the 

system was divided into a dense phase and a dilute phase using a multi-scale method. 

Eight variables were employed to describe the system and the model was solved based 

on the concept of energy minimization. The fluidization phenomena of different flow 

patterns were also analysed in their work. Experimental support or extensive 

simulations are still required to obtain some specific data, such as the velocity 

distribution curves of particles around a bubble. 
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Figure 2.17. Study of bubble dynamics: Flow patterns for different particle shapes 

when jet velocity is 0.25 m/s (colored by porosity): (a) oblate particles, (b) spheres, 

and (c) prolate particles. (Shrestha et al., 2019) 
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Figure 2.18. Histogram of radial velocities (Maxwell velocity distribution)(Carlos 

and Richardson 1968) 

Currently, most studies believe that the particle velocity distribution in a two-phase 

system satisfies the Maxwell velocity distribution function. The Maxwell velocity 

distribution was first employed in molecular gas dynamics to describe the motion of 

gas molecules with random collisions. Some researchers adopted the concept of the 

Maxwell velocity distribution to describe the motion of particles in a particle-fluid 

two-phase system. The Maxwell velocity distribution function for the two-phase 

system was first experimentally confirmed by Carlos and Richardson (1967, 1968). 

They studied the velocity distribution of 570 particles in a liquid-solid fluidized bed 

and concluded that the results were consistent with the Maxwell velocity distribution 

function. Gidaspow et al. (1994) applied the conclusion of Carlos and Richardson to 

the deduction of the kinetic theory of granular flow (KTGF). Some researchers 



Chapter 2 Literature Review 

35 

 

believe that the particle velocity distribution in the two-phase system does not fully 

satisfy the Maxwell velocity distribution. Goldschmidt et al. (2002) noted that in 

dense gas-solid fluidized beds, the elastic particles satisfy the isotropic Maxwell 

velocity distribution, whereas the inelastic and rough particles follow the anisotropic 

Maxwell velocity distribution. Lu et al. (2005) reached a similar conclusion using the 

method of a hard-sphere model simulation. It was confirmed that the greater the 

inelasticity is, the greater the tendency of anisotropy is. Kumaran (2009) simulated the 

collision behaviour of 500 particles in a cubic box. Their work also proved that the 

velocity distribution of elastic particles followed the Maxwell distribution and the 

velocity distribution of rough particles was close to the Maxwell distribution. 

However, the velocity distribution of the inelastic particles was a superposition of the 

Maxwell distribution and the exponential distribution. Leszczynski et al. (2002)   

analysed the particle velocity distribution function of different regions in a circulating 

fluidized bed and used a linear combination of double Maxwell distributions to 

describe the behaviour of the particle velocities. Wang et al. (2016) theoretically 

derived the bimodal distribution formed by two superimposed Maxwell distributions 

in a gas-solid two-phase system based on the EMMS principle and heterogeneity. Liu 

et al. (2016) applied a large-scale direct numerical simulation (DNS) to analyse the 

particle velocity fluctuations. Their results showed that the distribution of the particle 

fluctuation velocity (PFV) satisfied the typical double-discrete mode. 
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Figure 2.19. Behaviour of different types of distributions in the histogram 

background: (a) for vertical component of particle velocity, (b) for horizontal 

component of particle velocity. (Leszczynski et al., 2002) 
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2.1.3.3 Research status of particle mixing characteristics 

The distribution of particles in a multi-component fluidized bed is the result of the 

dynamic equilibrium of two competing mechanisms: the mixing and segregation of 

particles. The segregation of particles, also known as classification, is the opposite 

process of mixing. One may promote the segregation or mixing of particles by 

adjusting certain conditions, such as the ratio of different particles and the operating 

parameters. The ideal material system in a fluidized bed is a system with a uniform 

density and uniform particle size, so that the influence of the material characteristics 

on the mixing and segregation behaviours can be neglected. Therefore, previous 

studies are mostly based on one-component systems. However, the actual production 

operation is often a process that involves mixing multi-component particles. The 

biomass fluidized bed is such a example. Since biomass is difficult to fluidize, bed 

materials such as quartz sand are often added to promote the fluidization and heat 

transfer. This is a typical two-component bubbling fluidized bed. It is of great 

significance to study the mixing and segregation of particles for the design and 

operation of bubbling fluidized beds. 
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Figure 2.20. A jetsam layer punctured by successive bubbles that have caused 

segregation and mixing. (Rowe and Nienow 1976) 

The particle segregation and mixing mechanisms have been described in earlier 

studies (Marsheck and Albert, 1965, Gibilaro and Rowe, 1974, Chen and Keairns, 

1975, Rowe and Nienow, 1976, Nguyen et al., 1977, Masson, 1978, Nienow et al., 

1978, Fan and Chang, 1979, Nienow and Naimer, 1980, Chen, 1981, Tanimoto et al., 

1983, Hoffmann et al., 1993). Rowe et al. (Rowe and Nienow, 1976) were the first to 

classify the two-component particle system into "Jetsam" (component tends to settle 

to the bottom) and "Flotsam" (component tends to float). Their research suggests that 



Chapter 2 Literature Review 

39 

 

large or heavy particles will deposit in the lower part of the bed during fluidization, 

which is called the Jetsam, and small or light particles will float to the top of the bed, 

which is called the Flotsam. The fundamental reason for particle segregation is that 

different bed densities are formed by particles with different physical properties 

during fluidization:  

                                       (2.10) 

when  , component 1 is the Jetsam and component 2 is the Flotsam. 

In a bubbling fluidized bed, the rise of the bubbles is a major factor in particle 

segregation and mixing (Yang, 1986). When the bubble rises, the bubble wake carries 

the particles up. The empty space created after the bubble leaves is replenished by the 

particles around the bubble, causing the particles to flow upward in the region where 

the bubble passes through. To balance the rise of the bed material, particles in the 

adjacent bubble-free regions flow downward. The Jetsam and Flotsam are segregated 

or mixed by this process. 
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Figure 2.21. Instantaneous volume fraction contours for all mass ratios of coal–poplar 

wood at Ug = 9.87 cm/s for (a) gas, (b) coal and (c) poplar-wood.(Estejab et al., 2017) 
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Figure 2.22. Structure scheme of fluidized bed by Chen et al(Chen et al., 2017): (a) 

Schematic of the experimental facility, (b) 2D structure for the simulation model. 

Recent studies on particle mixing and segregation in fluidized beds can be found in 

the literature (Ali et al., 2018, EI-Sayed et al., 2019, Kong et al., 2018, Ke et al., 2017, 

Estejab et al., 2017, Chen et al., 2017, Brachi et al., 2017, Wang et al., 2015, Fotovat 

et al., 2015, Zhang et al., 2013, Zhang et al., 2009b). Researchers have investigated 

the mixing and segregation characteristics of particles in fluidized beds based on 

different research backgrounds, different fluidized bed structures, and different 

research methods. Estejab et al. (2017) explored the mixing characteristics of Geldart 

A particles in a bubbling fluidized bed. Chen et al. (2017) developed a mixing model 

for particles in a biomass gasification circulating fluidized bed. Wang et al. (2015) 

investigated the nonlinear characteristics of particles in a multi-component 
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two-dimensional fluidized bed using Hilbert-Huang transformation theory. Zhang et al. 

(2013) studied binary mixtures with different shapes, different weights, and different 

sizes in a fluidized bed using microwave heating-infrared thermal imaging technology 

and improved insert sampling technology. The effects of the mixing time, gas velocity, 

and material ratio on the particle mixing behaviour were studied in detail. 

The above studies are mostly concerned with two-component particle systems. 

Multi-component systems can be considered to be several two-component particle 

systems if complete segregation can be achieved. Nienow et al. (1997) compared the 

results of individual experiments on two-component systems with the experimental 

results of a three-component system. It was found that for a three-component system 

that consisted of different distinct types of particles, the presence of the third 

component had almost no effect on the segregation mode of the other two components. 

However, not all multi-component systems can be broken down into a combination of 

several two-component particle systems for the actual segregation processes. There 

have been few studies on the segregation and mixing of multi-component particles 

and the corresponding segregation mode requires further investigated. 
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2.2 Summary and research gap 

(1) At the mesoscopic structure (bubble) scale, previous studies have shown that, 

unlike the Maxwell velocity distribution for uniform systems based on the kinetic 

theory of gases, the velocity distribution of particles in gas-solid two-phase systems 

has certain heterogeneity. Different researchers have described the velocity 

distribution functions differently because of different research scales and perspectives. 

There is no detailed experimental or theoretical study on the velocity distribution of 

particles around bubbles. 

(2) In the exploration of particle mixing characteristics at the macroscopic scale, first, 

previous studies have mostly focused on the effects of different operations or different 

material parameters (e.g., gas velocity, particle size, density) on the fluidization and 

mixing characteristics based on the same type of fluidized bed, such as a single nozzle 

spout-fluid bed or a uniform air distribution type bubbling fluidized bed. However, 

there are few studies comparing the mixing characteristics of different fluidized beds. 

Second, in regard to mixing theory, researchers have developed particle mixing 

models for bubbling fluidized beds, spout-fluid beds, and circulating fluidized beds. 

These mixing models can predict the degree of mixing to some extent. However, for 

actual production processes represented by biomass fluidized beds, the particle 

systems are usually multi-component with a wide particle size distribution. Since the 

theoretical models often fail to reflect the actual mixing situation, it is therefore 
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necessary to experimentally study the mixing of particles with a wide particle size 

distribution. 

(3) On the subject of experimental methods, first, most particle velocity measurement 

methods such as PIV can accurately measure the velocity distribution of dilute phase 

particles. However, it is difficult to measure the particle velocity distribution for 

dense-phase fluidized beds, such as the bubbling fluidized bed. To accurately measure 

the particle velocity distribution in a dense-phase fluidized bed, certain improvements 

in the fluidized bed or measurement method are required. Second, for the particle 

mixing experiment method, the sampling method is often unable to reflect the mixing 

characteristics of the particles in real time, and the image analysis method has the 

disadvantage of requiring expensive equipment. Therefore, the experimental method 

of particle mixing also needs to be improved. 

(4) In terms of microscopic particle dynamics, previous studies have focused on the 

drag force on particles in fluids. There have been few studies involving particle 

rotation and the Magnus lift force. Many researchers have studied the Magnus effect 

based on different operating conditions (Reynolds number) and reached different 

conclusions. Therefore, before studying the macroscopic mixing characteristics, it is 

necessary to establish a calculation model for the gas-solid fluidized bed, understand 

the influence of the Magnus effect on the gas-solid fluidized bed, and explore the 
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application scope of the Magnus effect. Then, the computational fluid dynamics 

CFD-DEM model is adjusted accordingly for the following research. 

2.3 Research aims and thesis structure 

The aim of this project is to investigate the regularity of particle velocity distribution 

and particle mixing in fluidized bed by using experimental and computational method. 

For achieving research aim, based on four research gaps above, four Chapters will be 

shown and discussed in this project. 

 

Figure 2.23. Schematic of the PIV experiment device in Chapter 3 
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In Chapter 3, a particle image velocimetry (PIV) system is employed to measure the 

particle velocity fields of different forms of two-dimensional local bubbles to obtain 

the particle speed distribution function in the area. Discrete particle modelling is also 

used to simulate bubbles in fluidized bed. A tri-peak model based on the fluid and 

particle control mechanism is theoretically derived. Three kinds of models: a tri-peak 

model, a bi-peak model and a single-peak model are proposed to fit the experimental 

data. 

In Chapter 4, discrete particle model is used to simulate fluidized beds with different 

jet numbers, and the results are validated by physical experiments. Cases with 

different jet numbers (varying from one to five) but the same gas flow rates are 

compared in terms of the maximum bed pressure drop, bed height, mixing index, 

particle velocities and contact number.  
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Figure 2.24. Schematic of the fluorescent tracer experiment device in Chapter 5 

In Chapter 5, a fluorescent tracer technique combining image processing method has 

been used to investigate the mixing and segregation behavior in a binary fluidized bed 

with wide size distributions. The particle number percentage in each layer for 

different gas velocities is obtained by an image processing method. Fluidization, 

mixing and segregation behaviour have been discussed in terms of bed pressure drop, 

gas velocity and mixing index. Different types of binary particle systems, including 

the jetsam and the flotsam-rich system, are analyzed and compared. The mixing 
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indexes at different minimal fluidization velocities are also analyzed and compared 

with other work.  

 

Figure 2.25. Magnus effect for particles in fluidized bed will be discussed in Chapter 

6 

In Chapter 6, a pseudo two-dimensional discrete particle model (DPM) was used to 

investigate the influence of Magnus lift force in fluidized bed. The rotational 

Reynolds number (Rer) bases on the angular velocity and the diameter of the spheres 

is used to characterize the rotational movement of particles. We studied the influence 

of Magnus lift force for particles with rotational Reynolds number in the range of 

1~100.  
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3.1 Introduction 

In this work, based on a typical mesoscopic-scale heterogeneous structure surrounding 

a bubble, the velocity distribution function of particles is investigated. Furthermore, a 

tri-peak expression of the velocity distribution function is proposed based on the fluid 

and particle control mechanism. Three kinds of models of tri-peak, bi-peak and 

single-peak models are compared and discussed in detail. 

3.2 Method description 

3.2.1 Experimental setup 

The technique of particle image velocimetry (PIV) provides the possibility for the 

study of particle behaviour. For example, Duursma et al. (2001) used PIV to produce 

vector maps of the gas-phase flow in the freeboard region of fluidized beds. Bokkers 

et al. (2004) used PIV to obtain the particle velocity profile in the vicinity of a bubble 

in a dense fluidized bed. Link et al. (2010) investigated particle movement in a 

spout-fluid bed by the PIV technique and hard-sphere based DPM simulation, and 

showed a similar influence of the background fluidization velocity on the spout 

behaviour. Dijkhuizen et al. (2010) extended the PIV method to simultaneously 

measure the local instantaneous granular temperature, and found that direct lighting 

gives better results than indirect lighting in the experimental setup. Muller et al. (2007) 
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analysed the motion and eruption of a bubble at the surface of a two-dimensional (2D) 

fluidized bed using PIV.  

In this study, the experiments were performed in a pseudo-2D fluidized bed, as shown 

in Fig. 3.1. The fluidized gas is air, and particles are 1 mm glass balls in diameter with 

a narrow grain size distribution. The bed layer thickness is 1.5 mm. This ensures that 

only one layer of observable particles exists along the thickness direction, which 

ensures the accuracy of images captured and velocity field processing and analysis. 

The minimum fluidization velocity Umf is 0.887 m/s which was calculated by the 

relationship of pressure drop with gas superficial velocity. 

 

 

(a)                    (b) 

Figure 3.1. (a) Schematic of the PIV experiment device, and (b) Pseudo-2D cold 

fluidized bed. 
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Image capture was performed using Olympus i-VELOCITY automatic high-velocity 

camera, and the recording rate was 1000 fps. The captured images were processed to 

identify particles via grey scale differences and calculate the particle spatial 

distribution. As particles were present in large quantities and at high density, the 

particles in two consecutive frames were matched via cross-correlation theory, and the 

cross-correlation of particle images was calculated to obtain the velocity field and 

velocity distribution.  

In this work, cross-correlation analysis was performed via fast Fourier transform (FFT) 

to obtain the particle velocity (Willert and Gharib, 1991). The analytical process is 

shown in Fig. 3.2. Briefly, in the same position, two sampled regions, f(m,n) and 

g(m,n), with identical dimensions were selected. Images of f and g were subjected to 

FFT to obtain expressions F(m,n) and G(m,n) in the frequency domain. Then, the 

spatial frequency domain operation was performed to calculate the cross-correlation 

function Φ in the frequency domain. Φ was subjected to reverse Fourier transform to 

obtain the cross-correlation function ϕ. The cross-correlation peak was identified to 

determine the particle displacements dx and dy. These displacements were then 

divided by the time interval between the two images to obtain the particle velocity.  
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Figure 3.2. Cross-correlation calculation procedure for the analysis of PIV 

experiment data. 

3.2.2 Discrete element method (DEM) 

DEM tracks each particle using Newton’s second law of motion, and the fluid phase is 

described using the averaged equations of motion. DEM has been used and 

documented somewhere (Ye et al., 2005b, Peng et al., 2016, Hoomans et al., 1996, 

Tsuji et al., 1993). The equations are listed in section 2.1.2.1. 

3.2.2.2 Simulation conditions  

The simulation parameters are listed in Table 3.1. A pseudo-2D fluidized bed model 

with 100 mm in width, 7 mm in depth and 1000 mm in height is used to simulate 

experimental fluidized bed. The parameters such as gas temperature, gas viscosity and 

molar mass, particle size and density, are determined based on air properties used in 

the experiment. For restitution coefficient and friction coefficient, the values were 

chosen from our previous works (Liu et al. 2018). The sensitivity of model prediction 

based on particle spring stiffness k was examined. The results showed that the overlap
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δn would less than 5% of particle diameter and the gas-solid flow characteristics 

were almost independent of the value of spring stiffness after the value exceeds 

104 N/m. This is consistent with the work by Peng et al. (2016). Therefore, the values 

of 7 × 104 N/m and 2 × 104 N/m for the normal and tangential spring stiffness were 

chosen in this work. 

Table 3.1. Simulation parameters 

Parameter Value Unit 

Gas temperature,  293 (K) 

Shear viscosity of gas,  1.8 × 10−5 (Pas) 

Molar mass of gas,  M 2.9 × 10−2 (kg/mol) 

Number of particles,  80000 (-) 

Diameter of particle, D 1.0 × 10−3 (m) 

Density of particle,  2400 (kg/m
3
) 

Bed width, w 1.0 × 10−1 (m) 

Bed depth, d 7.0 × 10−3 (m) 

Bed height, h 1.0 (m) 

Normal restitution coefficient,  0.97 (-) 

Normal restitution coefficient wall,  0.97 (-) 

Tangential restitution coefficient,  0.33 (-) 

Tangential restitution coefficient,  0.33 (-) 

Friction coefficient,  0.1 (-) 

Time step, t 1.0 × 10−5 (s) 

Time step for data save, 𝑡𝑠 1.0 × 10−3 (s) 

3.3 Results and analysis 

3.3.1 Comparison of experimental and simulation results 

Fig. 3.3 shows the bubble snapshots and flow patterns obtained from experiment (top 

row) and simulation (bottom row), demonstrating consistent results. Also, the shape of 
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bubbles agree with typical characteristic as described by Kunii et al. (1991). Bubbles 

are not spherical but flattish and even concave at the bottom. This is because the 

rising bubble drags a wake of particles up the bed behind it and those particles change 

the bubble shape. Fig. 3.4 presents the corresponding particle velocity vector field 

around the bubble from experiment (left) and simulation (right). Note that in 

experiment, limited particles velocity vector are detected by PIV technology because 

only one layer of observable particles exists along the thickness direction. More 

detailed information for particle velocity can be obtained in the simulation results. 

The colours represented different value of particle velocity. As shown in Fig. 3.4, 

particles below the bubble have large velocity because they are stirred up by the 

bubble trailing vortex. Particles around bubble have negative velocity. Some studies 

(Collins, 1982, Rowe et al., 1964) use “cloud pattern” to describe the region of those 

particles. Particles far from bubble have low velocity. This is because that according 

to Eqs. (3.9) and (3.10), lower porosity  results in lower drag force and decreases 

particle velocity. On the other hand, the results from both experiment and simulation 

show that particles at the top drop along both sides of bubble and particles at the 

bottom constitute the bulk of trailing wake, and rise along the bubble. The similar 

trend can also be found in the early theoretical studies (Rowe et al., 1964). 
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(a)            (b)          (c)           (d) 

Figure 3.3. Snapshots of flow patterns (top - experiments, bottom – DEM simulation) 

under various gas velocities: (a) Ug = 1.22 m/s, (b) Ug= 1.33 m/s, (c) Ug = 1.44 m/s, (d) 

Ug = 1.66 m/s 

  

Figure 3.4. Comparison of particle velocity vector field: experiment (the left figure) 

vs DEM simulation (the right figure). 

Fig. 3.5 shows particle velocity distribution determined via experiment and simulation 

under various gas velocities. The velocity distribution is the average of 30 snapshots 
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for each gas velocity. Note that the particle number in each snapshot is different. 

Therefore, we define F(c) as , where F(c)dc indicates the particle 

number ratio in the velocity range [c, c + dc]. Compared with the experiment, particle 

velocity distribution curves from simulation is smoother because of more data points 

obtained from simulation. Although the bubbles have different shapes, the velocity 

distribution curves are basically consistent and follow similar patterns. For example, 

all the figures show the feature of “multi-peaks” for velocity distribution. This means 

that the Maxwellian single-peak velocity distribution curve may not accurately reflect 

the particle velocity distribution surrounding a bubble. When the gas velocity changes, 

the peak also changes. The first peak on the left decreases with the increase of gas 

velocity. The second peak shifts to the right and other peaks become more obvious 

compared with the low gas velocity cases. This may be because bubble size will 

increase with increasing gas velocity.  
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(b)                              (d) 

Figure 3.5. Particle velocity distribution determined via experiment under various gas 

velocities: (a) Ug =1.22m/s, (b) Ug =1.33m/s, (c) Ug =1.44m/s and (d) Ug =1.66m/s. 

3.3.2 Particle velocity distribution in different domain 

The selected domain size may impact the characteristics of particle velocity 

distribution. Therefore, the effect of domain size on particle velocity distribution is 

examined. Fig. 3.6 shows a particle velocity vector field for a typical bubble. Three 

different sized domains are chosen for analysis, and the corresponding particle 

velocity distribution curves are shown in Fig. 3.7. Based on the method of Li et al. 

(2003), the particles are divided into three categories according to particle-fluid 
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interaction mechanism. The particles inside the bubble correspond to the rightmost 

peak of the distribution curve in domain 1. The particles in this region are in dilute 

phase and are stirred up by the bubble trailing vortex. They have a small quantity but 

high velocity, belonging to the fluid dominating (FD) category. The particles around 

the bubble correspond to the second peak in domain 1 or the peak in domain 2 shown 

in Fig. 3.7. The particles in this region are in relatively dense phase and fall into the 

particle-fluid compromising (PFC) category. The remaining particles are less 

susceptible to the gas velocity. Therefore, the velocity is close to zero, and they 

belong to the particle dominating (PD) category. This corresponds to the first peak 

near the zero point in domain 3. Domain 2 could be better to describe the velocity 

feature in Fig. 3.6 (Ug = 1.22 m/s), because particles far from bubble is not the interest 

of study. However, for large gas velocity cases, bubbles may be large and the 

information near the bubble may be missing. Therefore, in this study, to fully and 

comprehensively describe the characteristics of particle movement around a single 

bubble, particle velocity distribution for domain 3 (80 × 80 mm) will be used and 

discussed in the following analysis. 
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Figure 3.6. Particle velocity field for a typical bubble (Ug = 1.22 m/s): (a) 

domain 1: 40×40 mm, (b) domain 2: 60×60 mm, and (c) domain 3: 80×80 mm) 
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Figure 3.7. Particle velocity distribution at different selected domains. 

3.3.3 Tri-peak model 

3.3.3.1 Velocity distribution function 
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The velocity distribution function is the foundation of particle dynamics theory. 

Normally, the particle velocity distribution follows a Maxwellian single peak 

distribution:  

 (3.11) 

where θ is the granular temperature, u is the particle average velocity, c is the particle 

velocity and n is the particle quantity density. 

Wang et al. (Wang, Zhao, and Li 2016) suggested that the single-peak distribution 

based on gas molecular dynamics theory was not an accurate representation of the 

heterogeneity in a fluidized bed. Therefore, a dual-peak distribution based on EMMS 

theory was proposed:  

         (3.12) 

where f represents the proportion of dense phase, the first term represents the velocity 

distribution of dilute-phase particles, the second term represents the velocity 

distribution of dense-phase particles, and the overall velocity distribution is a 

superposition of the two. 

It is worth noting that particle velocity c in Eqs. (3.11) and (3.12) is a vector with 

three components. As this work only involves the value of the particle velocity, scalar 

functions and velocity distribution functions are investigated. Eqs. (3.11) and (3.12) 
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cannot be used directly. On the other hand, because the velocity determined via the 

experiment only has components in two directions, the velocity distribution functions 

should be two-dimensional. 

In this work, the Maxwellian distribution is used as an example to derive the 

two-dimensional velocity distribution function. For more details about the derivation 

process, see Appendix. The Maxwellian velocity distributions for two-dimensional 

particle motion are as follows: 

                          (3.13) 

Based on the above, the dual-peak distribution curve was modified to match the 

particle velocity distribution of particles around single bubble. Using a derivation 

method similar to Wang et al. (Wang, Zhao, and Li 2016), the dense phase of the 

second term in the dual-peak distribution in Eq. (3.12) is expanded: 

  

 (3.14) 

where f represents the proportion of PFC particles in the total volume. The first term 

which represents the dilute phase can be regarded as particles by fluid dominating (FD) 

category: 
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 (3.15) 

Then, the final tri-peak distribution curve is as follows: 

 (3.16) 

For the particle velocity distribution in a 2D experiment, Eq. (3.16) can be rewritten 

as: 

  (3.17) 

Eq. (3.17) describes the motion of particles around a bubble. The first term represents 

the Maxwellian velocity distribution of dilute-phase particles, the second term 

represents the Maxwellian velocity distribution of dense-phase particles, which are 

significantly affected by the fluid, and the third term represents the Maxwellian 

velocity distribution of dense-phase particles that are less susceptible to the fluid. 

These three terms correspond to the three peaks in the analysis described above.  

The parameters in Eq. (3.17) (such as ) are difficult to obtain in the 

experiment. For convenience, Eq. (3.17) may be presented as follows: 

  (3.18) 
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where A,B and C represent the proportion of each peak, respectively.  , 

 and  are the correction of the overall Maxwellian distribution which 

represent FD, PFC and PD particles, respectively. 

 (3.19) 

Here n, u and   are particle number, the value of average particle velocity and 

granular temperature for all particles in the selected domain. The correction factors 

are empirical which may be related to gas flow rate, bubble diameter, etc. 

3.3.4 Fitting curves with different model 

In this section, three kinds of Maxwellian models are proposed and compared. The 

single-peak model distribution is used first to fit the average experimental data: 

  (3.20) 

Fig. 3.8 shows single-peak distribution curves compared with experimental data. It is 

difficult to profile the real particle velocity distribution. This is because a Maxwellian 

distribution is to describe the motion of random gas molecule collisions or fine 

particles in a fluidized bed. However, for a small regional single bubble, especially for 

Geldart D particles, the heterogeneity become obvious and the effect of gas on 
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particles becomes complex and diversified. Therefore, Maxwellian single-peak 

distribution cannot reflect particle movement accurately. 
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Figure 3.8. Single-peak distribution curves compared with experimental data 

(Ug= 1.33 m/s) 

For the bi-peak model, particle velocity distribution is a linear combination of two 

Maxwellian forms: 

  (3.21) 

Fig. 3.9 shows the bi-peak distribution curves compared with experimental data. The 

curve using Eq. (12) basically matches the particle velocity distribution curve 

obtained via measurement. This is because compared with single-peak model, bi-peak 

model can reflect two kinds of particles which are influenced by two kinds of 

particle-fluid interaction mechanisms, respectively. In some studies of single bubbles, 

particles in the bubble phase were neglected (Davidson and Harrison 1963). This is 

javascript:void(0);
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because  in Eq. (3.17) is very small compared with  and  in the case of 

a single bubble. In other words, there are two primary particle-fluid interaction 

mechanisms occurring: PFC and PD. However, it cannot reflect particles which 

belongs to the fluid dominating (FD) category.  
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Figure 3.9. Bi-peak distribution curves compared with experimental data (Ug = 

1.33 m/s) 

According to the experimental data and analysis in Section 3.3, the particle velocity 

distribution is a linear combination of three Maxwellian forms. The particle velocity 

distribution bases on the tri-peak model is used to fit the experimental data: 

  (3.22) 

To highlight the advantage of Eq. (3.14), the estimated distributions for the tri-peak 

model are presented against the experimental data in Fig 3.10. For the bubbles in 

different gas velocity, the tri-peak model distribution reflects the real changes in the 

experimental data correctly. 
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Figure 3.10. Tri-peak distribution curves compared with experimental data (Ug = 

1.33 m/s) 

To evaluate the strength of the tri-peak model, a statistics method is introduced. The 

correlation coefficient (R) between the experimental data and fitting curve of all three 

model was calculated. The correlation coefficient should be located in the range of 0 ~ 

1, and R =1 indicates the perfect fit. By this method, the particle velocity distributions 

and correlation coefficients for the single-peak, bi-peak and tri-peak models are given 

in Fig3.11, Fig3.12 and Fig3.13, respectively. 

Fig. 3.11 shows that the correlation coefficient is low for the single-peak model. Gas 

velocity will affect the accuracy of single-peak model significantly. The effect of gas 

velocity on accuracy shows a trend that R increases from Ug=1.22 m/s and reach a 

highest value at Ug=1.44 m/s, then it decreases at Ug=1.88 m/s. The reason can be 

found in Fig. 3.5. For the cases of low Ug (1.22 m/s and 1.33 m/s) and high Ug (1.66 

m/s and 1.88 m/s), there are at least two peaks which represent PD and PFC particles 
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or PD, PFC and FD particles, respectively. Therefore, although the parameter B in Eq. 

(3.18) can be adjusted to fit the experimental data, single-peak model is poor at 

profiling the characterization of real particle velocity distribution. At Ug=1.44 m/s, for 

the same region, the proportion of PFC particles (the second peak in Fig. 3.7) 

increases and becomes the dominant factor. Therefore, this case has the highest R in 

single-peak model. 
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Figure 3.11. Correlation coefficient and F(c)dc for the experimental data and 

single-peak model 

Fig. 3.12 shows the accuracy of the bi-peak model. The correlation coefficients are 

more than 0.9 at Ug=1.22 m/s, 1.33 m/s and 1.44 m/s which means that compared with 

the single-peak model, the bi-peak model can profile the particle velocity distribution 

accurately when particles fall into PD and PFC category. However, the accuracy 

decreases at high Ug. 
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Figure 3.12. Correlation coefficient and F(c)dc for the experimental data and 

bi-peak model 

Fig. 3.13 shows the accuracy of the tri-peak model. The difference between the 

tri-peak model and bi-peak model is small for the low Ug case. For high Ug case, the 

trailing vortex effect becomes evident. For the same analysis region, the proportion of 

FD particles increases. Therefore, the tri-peak model has a better match with the 

particle velocity distribution curve obtained via experiment.  
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Figure 3.13. Correlation coefficient and F(c)dc for the experimental data and 

tri-peak model 

To sum up, the single-peak model can only reflect one kind of particle motions. It is 

difficult to profile particle movement in a fluidized bed because there is at least two 

kinds of particle-fluid interaction mechanisms acting on particles. The bi-peak model 

can reflect two kinds of particle motions, so it can fit the case when the proportion of 

FD particles can be neglected. For some complex cases, when there are three kinds of 

mechanisms acting on particles, the tri-peak model can be used to profile the particle 

velocity distribution more accurately. 

3.4 Further discussion of tri-peak model 

In this study, for tri-peak model, Eq. (3.18) is used to fit the experimental distribution 

curves and the correction factors are showed in Table 3.2. 
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Table 3.2 Value of correction factors 

Factors a1 b1 c1 a2 b2 c2 

Value 0.035-0.047 0.40-0.67 0.0013-0.0086 1.57-3.44 0.12-0.42 0.0001 

 

The results shows that for particles around a single bubble, the relationship of 

granular temperature and average particle velocity for each peak will be    pfc fd pd  

and  fd pfc pdu u u . For PD particles, the granular temperature and average particle 

velocity are far lower than other two kinds of particles. This is because the movement 

of PD particles are affected by particle-particle collision and the impact of drag force 

is limited which results in particles in this domain have low velocity. For PFC 

particles, the largest value of granular temperature shows the violent velocity 

fluctuation. This is because the movement of PFC particles are affected by both fluid 

and particles, and the complex mechanism such as the wake makes particle velocity 

diversified. For FD particles, the granular temperature is between the PFC and PD 

particles. Obviously the average particle velocity is larger than other two kinds of 

particles because of the effect of drag force. 

In gas-solid two-phase systems, heterogeneous structures due to the existence of 

bubbles are difficult to describe accurately and quantitatively. The conventional 

method describes heterogeneous structure indirectly via porosity, bubble equivalent 
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diameter and other dynamics parameters. In this work, the velocity distribution 

function is used to describe the heterogeneous structure in terms of single-, bi- and 

tri-peak models. The results show that the more peaks there are in the distribution 

function, the more detailed characterization of particle velocity distribution can be 

obtained. Analysing the velocity distribution function may be a new method to 

describe heterogeneous structures in gas-solid two-phase systems. 

3.5 Conclusions 

In this work, the particle velocity distribution for particles around a single bubble was 

measured, and the data were collected via experimentation and simulation. Three 

kinds of Maxwellian distribution models are proposed and discussed. The following 

conclusion can be drawn. 

(1) The simulation results by DEM compare relatively well with the experiment. Both 

results show that particle velocity distribution function does not follow the 

Maxwellian distribution but is instead a linear superposition of multiple Maxwellian 

velocity distributions. 

(2) Based on various particle-fluid interaction methods, a tri-peak distribution 

function of bubble-forming particles is derived. Three kinds of models such as 

tri-peak model, bi-peak model and single-peak model are proposed to fit the 
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experimental data. The error analysis shows that compared with other models, the 

tri-peak model can profile particle velocity distribution more accurately. 

(3) The value of granular temperature and average particle velocity for each peak was 

calculated. Based on those value and their physics meaning, the characteristics of 

particles for each peak were analysed. 
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4.1 Introduction 

Jetting fluidized beds are widely used in industries as they can offer high quality 

contacts between particles. Fluidized beds with different jet numbers are designed to 

satisfy industrial needs. For example, fluidized beds with one jet, also called 

spout-fluidized beds, are popular and utilized in a variety of industrial applications, 

including drying and coating equipment, catalytic reactors and gasification of coal and 

biomass (Zhang et al., 2009a). Multiple jetting fluidized beds are also employed in 

industries for good mixing and improved chemical reaction properties (Deb and Tafti, 

2014). In the past, extensive studies have been done in jetting fluidized beds 

experimentally or mathematically, aiming for better understanding of the system and 

its design and control. 

The designing of jets or distributors will significant impact the characteristics and 

quality of fluidization (Geldart and Baeyens, 1985). Many studies have been 

performed to investigate distributor design in the past. For example, Walker et al.(1975) 

measured the difference between porous plate and sieve plate distributors in a bubbling 

fluidized bed, and the results suggest that distributor type impacts initial bubble size. 

Saxena et al.(1979) studied two bubble cap distributors of different geometries and four 

Johnson screen distributors, and found that the bed expansion ratio increases with 

increasing excess fluidization velocity and distributor pressure drop but decreases with 

bed height. By using two types of multi-orifice distributors, Sathiyamoorthy et 
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al.(2003) analyzed the bed pressure drop ratio and the operating velocity for achieving 

uniform fluidization. An equation is suggested by Qureshi et al.(1979) which relating 

the minimum value of the ratio of the distributor pressure drop for stable operation 

and the bed pressure drop to the aspect ratio of the bed. This equation could be used 

for design purposes. Most of distributor studies focus on the size and velocity of 

bubbles (Walker, 1975, Maurer et al., 2016), bed dynamics (Sanchez-Delgado et al., 

2019) and the operating parameters (Qureshi and Creasy, 1979, Sathiyamoorthy and 

Horio, 2003). The studies on the mixing behavior for different distributor are still 

limited. 

The early attempts for mixing behavior can be traced back to the introduction of 

Lacey mixing index by Lacey (1954) to investigate particle mixing in 1954. The 

earlier studies for mixing and segregation in binary systems were summarized by 

Rowe and Nienow (1976). They introduced the terms of flotsam and jetsam to 

describe segregated solids in fluidized beds (Rowe et al., 1972). Experimentally, Yang 

et al. (2007) used high speed motion and force probe to investigate the bubble 

characteristics. Ettehadieh et al. (2016) found that the solid circulation rate increases 

linearly with increasing jet velocities in a large jetting fluidized bed. Zhang et al.(Jin 

et al., 2009, Zhang et al., 2009b, 2009a) used a flashboard-box to take samples from 

the dense-phase area of a spout-fluid bed. Particle image velocimetry (PIV)(Willert 

and Gharib, 1991) was also used in particle tracking in fluidized beds. Bokkers et al 
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(2004) applied PIV to a dense gas-solid fluidized bed to measure the particle 

velocities in the vicinity of a single bubble injected in a fluidized bed. Note that 

experimental measurements such as PIV can characterize the jet fluidized beds and 

provide reliable data for analysis, but it is generally difficult to obtain detailed 

microscopic and macroscopic properties (Deb and Tafti 2014). This can be easily 

overcome by numerical approaches. 

Generally, there are two methods to describe a gas-solid two phase system: the 

two-fluid model (TFM) and the combined CFD and discrete element model (DEM). 

For TFM, the gas and particles are considered as interpenetrating continua and the 

computational fluid dynamics techniques are used to solve conservation equations 

(Rangarajan et al. 2013). For CFD-DEM, particles are treated as discrete entities. 

CFD-DEM simulations can provide dynamic information, for example, the 

trajectories and velocity of individual particles which is difficult to obtain by 

experimental method (Zhu et al., 2007). Recent advances and applications of this 

approach were summarized by Zhong et al. (2016), but most of studies focused on a 

single jet spouted bed. For example, Zhang et al. (2002) used CFD-DEM to simulate a 

2D spouted bed with a single central jet. They found that the jet penetration height 

increases with jet gas flow rate and nozzle diameter. Boemer et al. (1997) used TFM 

to simulate bubble formation of one jet in a 2D fluidized bed. Two- and 

three-dimensional CFD-DEM modeling of fluidized beds were compared by Deb and 
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Tafti (2014). A 9-jet fluidized beds were studied and the complex jet interaction and 

solid circulation patterns were discussed. Their results show that 2D simulation can be 

used to capture essential jetting trends near the distributor plate regions. But for 

freeboard region, 3D simulation needs to be used to capture bubbles.  

The basic mechanism of solids mixing in bubbling fluidized bed is known to be 

related to bubbles. Rowe et al. (1965) believed that there are three dominant physical 

processes that cause mixing include vortices, drift and return flow. Although their 

study was demonstrated fifty years ago, the conclusion are still referred in some 

recent studies (Sanchez-Prieto et al., 2017, Eames et al., 2005). Except for bubbles, 

mixing is also affected by some other variables such as jets velocity, particle 

properties and bed parameters. Wu et al. (1998) presents a detailed study of the effect 

of gas velocity on the mixing behavior. They found that segregation is most 

significant at gas flow rate between the minimum fluidization velocities of flotsam 

and jetsam particles. Jin et al.(2009) Investigated the effect of jet velocity and particle 

density in a spout-fluidized bed. Their results show that the rate of mixing are 

significantly affected by particle density and heavier particles achieve a higher mixing 

rate but a poorer mixing quality. Therefore, to reach the same mixing index, the gas 

velocity needs to increase with the increase of particle density. The effect of bed 

aspect ratio (bed height/diameter) was discussed by Formisani et al.(2001). They 

found that the segregation is more pronounced for a bed with low aspect ratio. In 
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addition, some other studies focused on the jet penetration height (Hong et al., 2003, 

Vaccaro et al.,1997b, Wang et al., 2017).  

Clearly, most studies on particle mixing and segregation are based on single jet 

fluidized bed. Comparative study of beds with different jet numbers still has not been 

investigated extensively. In this study, CFD-DEM approach is used to simulate a 

fluidized bed with different jet numbers. Based on the same gas flow rate, cases with 

different jet numbers are compared in terms of the maximum bed pressure drop, bed 

height, and mixing index. The computational results are also compared with the 

experimental results. 

4.2 Model description 

4.2.1 Experimental setup 

A schematic diagram of the experimental setup is given in Fig.4.1. The system 

consists of a supply gas system, the main body (fluidized bed) and a data acquisition 

system. Fluidized gas is supplied by a compressor and controlled by a mass flow 

valve. The gas distributor is made of a 5-mm-thick sintered plate. The sintered plate is 

made by a special manufacturing process and has a 20-µm aperture, which can ensure 

that gas that enters the fluidized bed is relatively evenly distributed. The fluidized bed 

has a cross-section of 110×40 mm and a height of 1000 mm. The measuring system 

includes a gas flow gauge, pressure sensor and computer. The bed pressure drop is 



Chapter 4 CFD-DEM Modelling of Mixing of Granular Materials in Multiple Jets Fluidized Beds 

81 

 

measured by two pressure taps located at the bottom and top of the bed. The signals 

are sent to the pressure sensor and then displayed on the computer.  

 

Figure 4.1 Schematic diagram of the experimental setup: (1) compressor, (2) pressure 

gauge, (3) control valve, (4) gas flow gauge, (5) computer, (6) pressure sensor, (7) 

fluidized bed body, (8) gas distributor, (9) fluidized gas chamber. 

 

4.2.2. CFD-DEM model 
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Table 4.1. Summary of the main equations for the discrete phase modeling 
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The governing equations for the CFD-DEM are listed in Table 4.1. For the ga

s phase, the gas flow is described by the volume-averaged Navier-Stokes equati

on. For the particle phase, Newton’s second law is used to calculate the accele

ration and then the velocity and position of each particle. The contact force 

𝐅𝑐𝑜𝑛𝑡,𝑎 includes both the normal 𝐅𝑎𝑏,𝑛 and tangential 𝐅𝑎𝑏,𝑡 component. In this r

esearch, the linear-spring/dashpot soft-sphere model (Cundall and Strack 1979) i

s used to calculate the contact force. The traditional drag model, which is a c

ombination of the Ergun equation for the dense regime and the Wen-Yu correl

ation for the dilute regime, is used in this work (Ergun and Orning 1949, We

n and Yu 1966). Here, the particle Reynolds number is defined as 𝑅𝑒𝑝 =

𝜀𝑑𝑝(𝑢−𝑣)𝜌𝑔

𝜇𝑔
, where ε is the void fraction, 𝑑𝑝 is the diameter of the particle, and

 𝜇𝑔 is the dynamic viscosity. The drag coefficient 𝐶𝑑 =
24

𝑅𝑒𝑝
(1 +

3

16
𝑅𝑒𝑝) follow

s Oseen (Oseen 1911). No slip boundary condition is imposed on the fluid at 

the sidewalls (Ye, Hoef, and Kuipers 2005a), the fluid phase influx cell (gas i

nlet boundary) is set at the bottom of the bed, and the prescribed cell (pressur

e outlet boundary) is set at the top of the bed. Fig. 4.2 shows the jet configur

ation for different cases. The size of each jets are 100 mm ×100 mm and the

 gap between two adjacent jets is 100 mm. Gas is injected through jets in the
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 presence of a background fluidization gas flow at a minimum fluidization vel

ocity. 

 

Figure 4.2 Jet configurations at the bottom gas distributor for the simulation cases 
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Table 4.2. Simulation parameters 

Parameter Value Unit 

Gas temperature, T 293 (K) 

Shear viscosity of gas, 
g   1.8 × 10−5 (Pas) 

Molar mass of gas,  M 2.9 × 10−2 (kg/mol) 

Number of particles, pN   30000 (-) 

Diameter of particle, d 2.5 × 10−3 (m) 

Density of particle,  130 (kg/m3) 

Bed width, W 1.1 × 10−1 (m) 

Bed depth, D 4.0 × 10−2 (m) 

Bed height, H 1.0 (m) 

Minimum fluidization velocity, 
mfU   0.44 (m/s) 

Normal restitution coefficient, ne   0.97 (-) 

Normal restitution coefficient wall, ,n we   0.97 (-) 

Tangential restitution coefficient, te  0.33 (-) 

Tangential restitution coefficient, ,t we   0.33 (-) 

Friction coefficient,    0.1 (-) 

Time step, t   1.0 × 10−5 (s) 

Time step for data save, st   1.0 × 10−3 (s) 
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The simulation parameters are listed in Table 4.2. The bed size, gas and particles 

characteristics follow the experiments. Vitrified hollow small particles with a 

diameter of 2.5 mm and a density of 130 kg/m
3
 are used in both experiments and 

simulations. The minimum fluidization velocity of this particle is 0.44 m/s according 

to our experiment. The initial bed height was 100 mm, which is also in compliance 

with the experiment. The grid size for gas flow is 10 × 10 × 10mm. 

Table 4.3. Case parameters 

Case 
Gas superfical velocity for each jet (m/s) 

One Two Three Five Uniform 

C1(1.703×10
-3

 kg/s) 3 1.5 1 0.6 0.2727 

C2(2.554×10
-3

 kg/s) 4.5 2.25 1.5 0.9 0.4091 

C3(3.406×10
-3

 kg/s) 6 3 2 1.2 0.5455 

C4(5.108×10
-3

 kg/s) 9 4.5 3 1.8 0.8182 

 

Table 4.3 lists the cases used. In this study, four jet gas flow rates (C1 to C4) were set: 

1.703×10
-3

 kg/s, 2.554×10
-3

 kg/s, 3.406×10
-3

 kg/s and 5.108×10
-3

 kg/s. For each case, 

the gas flow rate is constant, but jet numbers varies. Correspondingly, the gas 

superficial velocities change with the jet number. Beds with one jet has the highest 

gas superficial velocity, and lowest under the uniform gas conditions. 
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4.2.3. Particle mixing index 

To analyze the mixing, particles were marked with two different colors at the 

beginning of the simulation. The concentration of one component in the sampling grid 

is calculated by Ci=ni/nt  where 𝑛𝑖 and 𝑛𝑡 are the number of the tracer particles i 

in each sample grid and the total number of particles contained in the sample grid, 

respectively.  

The mixing index was used to discuss the particle mixing behavior in the fluidized 

bed (Fan, Chen, and Watson 1970). In this study, the well-known Lacey mixing index 

(Lacey 2010) was used to evaluate the mixing degree: 

                                                (4.1) 

where σ
2
 is the variance and calculated by 𝜎2 = ∑

(𝐶𝑖−𝐶)
2

𝑛−1

𝑛
𝑖=1 . σ0

2 
= q(1-q) and σm

2 
= 

q(1-q)/p are the variances of the fully segregated and fully mixed states, respectively. 

q is the total proportion of either type of particles in the mixture. p is the average 

number of particles in a simple grid. Lacey mixing index can be used to define two 

extreme mixing states: fully segregated (M = 0) and fully mixed (M = 1) (Halidan et al. 

2016). The actual mixing index varies from 0 to 1. In this study, particles are marked 

as totally segregated at the beginning of the simulation. 
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4.3 Results and discussion 

4.3.1 Model validation 

The results simulated can be affected by many factors such as the particle-wall contact 

(Hu et al. 2017), grid size (Wang, van der Hoef, and Kuipers 2010), drag model 

(Mikhailov and Freire 2013), boundary conditions (Zhong et al. 2016) and DEM 

parameters (Zhou and Fan 2015a). In this work, an experimental system as shown in 

Fig. 4.1 was built to validate the CFD-DEM model. Details for setup of experiment 

and simulation was shown in section 2. Uniform gas inlet condition was used in both 

experiment and simulation. The range of gas velocity is 0-1m/s which cover all value of 

gas flow rate this work will use. The grid size is 10mm(width) × 10mm (height) × 

10mm (depth). The comparison was made via the relation of pressure drop vs gas 

superficial velocity (Fig. 4.3),  general flow patterns (Fig. 4.4) and particle velocity 

distribution(Fig. 4.5). 
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Figure 4.3. Pressure drop curve – the relationship between pressure drop and gas 

superficial velocity for the case with uniform gas flow. 

Fig. 4.3 shows the pressure drop curve for both experiment and simulation. The same 

experiment perform was conducted by 3 times and the error range is less than 1%. The 

pressure drop is increased with the increasing of gas superficial velocity when 

particles are not fluidized at the beginning. Then the pressure drop reaches a steady 

state after the minimum fluidized velocities. The results simulated are in agreement 

with the experimental results. Furthermore, the minimum fluidization velocity Vmf = 

0.44 m/s was obtained by experiment and used in subsequent simulations. Fig. 4.4 

shows snapshots of the instantaneous bed profile from the experiment and simulation. 

The bed expansion can be found in both experiment and simulation. The particle 
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behaviors are visible in both the experiment and simulation when bubbles rise through 

the fluidized bed. The experimental snapshot shows that particles around bubbles 

move faster than other area, the same trend can also be found in the discussion of 

simulated results. Particle image velocimetry (PIV) system is also employed to 

measure the particle velocity distribution for the particles around bubbles and support 

simulation model.  

 

Figure 4.4. Instantaneous bed characteristics for uniform gas inlet conditions (a) 

experimental result, (b) simulation result 
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4.3.2 Macroscopic analysis 

 

Figure 4.5. Instantaneous bed characteristics for simulation C3 with gas flow rate of 

3.406×10
-3

kg/s. (a) One-jet case, (b) Two-jets case, (c) Three-jets case, (d) Five-jets 

case, (e) Uniform gas inlet case. 

Fig. 4.5 shows the evolution of the fluidization process for simulation C3 with 

different jet numbers. Particles in the bottom and top layer are marked with different 
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colors at the beginning of the simulation, which provides a visualization of particle 

mixing behaviors. With a high jet velocity in the one-jet case, a single bubble is 

formed at 0.1 s and is replaced by a jet flow at 1 s. Particles are lifted from the bottom 

to the top by a jet flow and form an “umbrella” region. This typical spouted bed 

features can be found in many studies (for example, Jin et al. (Jin et al. 2009)). Their 

study shows that bed expansion is observed as soon as the spouting gas is injected and 

particles begins to circulate. 

When the number of jets is increased, the jet velocities are decreased, as shown in 

Table 4.3. For the two-jets case, two bubbles are formed at the beginning and the 

shape of bubbles is impacted by the particles falling from the center and both sides of 

the bed at 1s. In the end, the gas from two jets combines together and the flow pattern 

gradually reaches a stable state. For three and five jets cases, particles on the top layer 

fall from both sides of the bed and rise along with the gas injected from each jets. The 

trailing vortex contributes to the large extent of mixing (Le Lee and Lim 2017). For 

uniform gas inlet case, the flow pattern is hard to reach a quasi-steady state all the 

time. 



Chapter 4 CFD-DEM Modelling of Mixing of Granular Materials in Multiple Jets Fluidized Beds 

93 

 

 

Figure 4.6. Pressure drop as a function of time for different simulation: (a) Case 1, (b) 

Case 2, (c) Case 3 and (d) Case 4. 

Macroscopic parameters such as the maximum bed pressure drop, bed height and 

mixing index can be used to characterize fluidized beds. These parameters can reflect 

the mixing characteristics in fluidization, and provide important information for 

designing and operating a fluidized bed. Fig. 4.6 shows the bed pressure drop as a 

function of time for each case. The pressure drop fluctuates wildly at the beginning 

and the amplitude decreases with time. For C1 with gas flow rate of 1.703×10
-3

kg/s, 

the bed spends 2.1s to reach a steady state and the time decreases with the increasing of 

gas flow rate in other cases.  
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Figure 4.7. Maximum bed pressure drop for different simulation cases (C1, C2, C3, 

and C4). 

Note that theoretically, the maximum bed pressure drop should be fixed, independent 

of the gas flow rate when the fluidized bed reaches complete fluidization. The 

maximum bed pressure for uniform gas inlet cases reflects the bed weight as shown in 

Fig. 4.3 and Fig. 4.7. However, the results from Fig. 4.6 show that the value of 

maximum bed pressure drop also depends on the jets number. Therefore, based on the 

averaged maximum bed pressure drop from Fig. 4.6, Fig. 4.7 shows the impact of jets 

number on maximum bed pressure drop. It can be observed that for the one- or two-jet 

cases, the maximum bed pressure drop decreases with increasing gas flow rate, which 

is consistent with that reported by Altzibar et al. (Altzibar et al. 2013b, 2013a). This 
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can be explained in terms of the flow patterns shown in Fig. 4.5. The single jet 

fluidized bed shows the characteristic of a spout fluidized bed. Bed particles are 

divided into two regions: the dense phase in the bottom and the dilute phase above. 

The value of bed pressure drop mainly depends on the size of the dense phase. With 

gas flow rate increasing, the dense phase region becomes smaller in the single jet case, 

and correspondingly, the bed pressure drop decreases. This trend becomes less 

obvious with the increase of the number of jets.  

Fig. 4.7 also shows that the pressure drop increases with increasing jets number for 

each case of C1 to C4. Note that under the condition of the same gas flow rate, the 

increased jet number means decreased jet gas superficial velocities. The flow patterns 

tend to be uniform bubbling fluidized bed compared with spout fluidized bed as 

shown in Fig. 4.5. The dense phase region increases, and more particles become 

fluidized and moves vigorously. This significantly increases the momentum 

exchanges between gas and particles, resulting in the increase of the pressure drop. 
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4.3.3 Bed height 

 

Figure 4.8. Variation of the bed height with time for Case 3 when gas flow rate is 

3.406×10
-3

 kg/s. 

Fig. 4.8 shows the variation of the bed expansion with time for Case 3 when gas flow 

rate is 3.406  10
-3

 kg/s. All other cases show the similar trend hence not shown here. 

It can be observed that each case has a highest peak at the beginning of the 

fluidization. After the fluidization is stabilized, the bed height in the one-jet case 

remains unchanged because of the relatively stable “umbrella” region. Furthermore, 

the bed height is approximately 0.5 times higher than other cases due to the highest jet 

superficial velocity. For the cases of two, three, five jets and uniform gas inlet, the 

curves show that the fluctuation is cyclical. The reason is that bubbles will form in 
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those cases and the fluid pattern is relatively stabilized. When a bubble breaks on the 

top of the bed, it will change the bed height cyclically. Jets number does not affect the 

height much because none of those cases can form a strong gas flow like one jet case 

and bring particles out of the bed surface.  

4.3.4 Particle velocity distribution 

The particle velocities are analyzed in this section for further understanding of the 

effect of jet numbers on gas-solid flow in jet fluidized beds. Here, the particle 

velocities in the horizontal (Vx) and the vertical (Vz) directions are examined. Note 

that particle velocities are time-averaged values after beds reach the steady state. The 

simulation results from C1, C2 and C3 show the same trend in different jet numbers. 

For C4, the flow pattern shows the characteristic of turbulent fluidized bed, presenting a 

more complex structure due to the bubbling, slug flow and fast fluidization flow 

regimes(Vaccaro, Musmarra, and Petrecca 1997a). Therefore, only C1 (Qg = 

1.703×10
-3

kg/s) is analyzed here as representative. 

4.3.4.1 Radial distribution of the particle vertical velocity Vz 
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Figure 4.9. Radial distribution of the particle vertical velocity Vz at different bed 

heights (C1): (a)h/H0=0.25, (b) h/H0=0.5, and (c) h/H0=0.75. 
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Fig.4.9 shows the radial distribution for Vz at different bed heights. Average velocity 

of particles in each sampling bin (10 × 40 × 10mm) is calculated in this study: 

1

1 in

i j
i j

V V
n 

  (ni and Vj is particle number and particle velocity in sampling bin i). Here, 

H0 is the height of the initial fixed bed. It can be observed that the fluid pattern for a 

single jet, multiple jets and uniform gas inlet condition are totally different from one 

another. For the one-jet condition, the particle velocity distribution shows a typical 

characteristics of a spout bed. The spouted fluidizing zone particles move upward in 

the center of the bed, and the velocity decreases with increasing bed height as shown 

in Fig.4.9. The negative value of velocity in both side of bed shows that particles 

move downward along the wall, and the velocity increases with bed height increasing. 

For the two-jet condition, the curve shows a two peak distribution in the bottom of the 

bed (h/H0 = 0.25) (Fig.4.10(a)). Each peak corresponds to one of the jets. With 

increasing bed height, the two jets merge and one single peak is observed. However, 

at the high height of h/H0 = 0.5 and h/H0 = 0.75 (Figs.4.10(b) and (c)), even when the 

gases combine together, the particle velocity is still lower compared with the one-jet 

condition in the center of the bed. Vaccaro et al. (Vaccaro, Musmarra, and Petrecca 

1997a) discussed the dispersion of jet momentum in multiple jets fluidized bed. They 

found that the jet penetration length can be related to the complete dispersion of the jet 

momentum. In this work, for multiple jets cases, gas flow from different jets may 

impact with each other because of their close distance, and the momentum of gas flow 
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will dissipate accordingly. The same trend can also be found in the three and five jets 

conditions. In addition, the lower particle velocity in the center for three and five jets 

cases shows that the distribution is more uniform with jets number increasing. 

However, particle velocity is not affected much by the number of jets for the particle 

near the wall. This is because particles in the center are mainly affected by gas flow 

rate. Therefore, the velocity of those particles will be changed with jets number 

changing. The velocity of particles near the wall have little effect by jets number. 

 

Figure 4.10. Particle velocity vector for simulation cases: (a) C1 - uniform (b) C2-one 

jet (c) C2-two jets (d) C2-three jets (e) C4-uniform 

Fig.4.10 further shows the transient particle velocity field at the steady state. The 

value of particle velocity is represented by arrows. For the uniform gas inlet condition, 

the particle velocity distribution is uniform, and there is no difference between the 

different layers. The value of Vz approximates zero as shown in the figure. This is 

because the gas superfical velocity for each jet is 0.2727m/s(C1-uniform), particles 
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can not be fluidized and bubbles also do not form in this case. Particles fall when the 

gap forms by gas. The flow pattern for this case is showed in Fig.4.10(a). 

4.3.4.2 Axial distribution for the particle velocity in the x-direction (Vx) 

 

Figure 4.11. Axial distribution for Vx along the bed height (Case 1) 

Fig.4.11 shows the axial distribution for the horizontal velocity Vx along the bed 

height. The results for x/R0 = -0.5 and x/R0 = 0.5 are shown. For the one-jet condition, 

the largest Vx is at the upper part of the bed. Then, the value of Vx drops rapidly with 

a decrease in the bed height and changes its direction, as marked in Fig.4.11. The 

same trend can also be found in the two, three and five jet condition cases. However, 

the value of Vx decreases with increasing jets number. For the uniform gas inlet 

condition, the vortex is not formed, and the value of Vx approximates zero. 

Furthermore, the height where Vx is zero also reflects the location of the vortex center. 
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As shown in Fig.4.11, the height of the vortex center decreases with increasing 

number of jets. 

4.3.5 Mixing index 

 

Figure 4.12. Mixing index for simulation cases: (a) C1 , (b) C2 , (c) C3 , and (d) C4 . 

Mixing index is one parameter to quantify the degree of mixing in particulate systems. 

From the practical point of view, mixing rate could play an important role when 

fluidized beds are used as fluid bed reactors or heat exchangers for temperature control. 

For example, mixing rate can affect the conversion ratio for some chemical process in 
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fluidized bed. Therefore, mixing rate should be considered for the design of industry 

fluidized bed such as biomass fluidized bed. The definition of the mixing index used is 

Lacey mixing index as shown in Section 2.3. The results for each case are presented 

in Fig.4.12. As observed, mixing index increases as time goes on and the bed reaches 

the randomly mixed state after several seconds for most of cases. The slope of mixing 

index curve represents the speed of mixing rate. Obviously, the mixing rate is 

significantly affected by the number of jets. Mixing rate is fastest for the one-jet 

condition and slowest for the uniform gas inlet condition in each case. However, three 

exceptions can be observed and discussed below: 

In C1, the bed with the gas uniform inlet condition does not form bubbles because of 

the low gas superficial velocity which is slightly larger than Umf. Bubbles play an 

important role in particle mixing in the bubbling fluidized bed (Shen and Zhang 1991). 

Therefore, particle mixing will not occur in this case, as shown in Fig. 10(a).  

In C2 with a higher gas flow rate, the mixing speed for the bed with the two-jets 

condition is lower than the three or five jets conditions. Figs. 10(b), (c) and (d) show 

the particle velocity vector for simulation case 2. Particles on the bottom constitute a 

trailing vortex and rise along with the bubble in the center of the bed. Particles on the 

top fall along the wall. However, for the case with two jets, because there is no jet in 

the center, particles on the top may fall not only along the wall but also in the center. 
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Those particles can change the direction of the jet gas velocities and decrease Vz and 

then impact the mixing speed.  

In C4 there are some fluctuations for uniform case. Fig. 10(e) shows the particle 

velocity vector for this case. Some particles are raised because of bubbles breaking. 

Therefore, in some sampling grids, there are only a few particles. According to the 

definition of the Lacey mixing index in equations (1) and (2), this effect can impact 

the value of the mixing index if there are not enough particles in a sampling grid. For 

example, if some sampling grids only have one particle, then the concentration of 

marked particle Ci will be 1 or 0. This arrangement could affect the variance σ
2
 and 

then the mixing index. Jiang et al.(Jiang et al. 2011) and You et al.(You and Zhao 

2018)adopted a weighting scheme to solve this problem, that is, a sample cell 

containing more particles has a greater weighting. As the inaccuracy of mixing index 

only appeared in the cases with large quantity of dilute phase (for example, for case 4), 

we still use the original definition of Lacey mixing index. 

4.3.6 Contact Number (CN) 
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Figure 4.13. Radial distribution for the Contact number (CN) at different bed heights 

when gas flow rate is 1.703×10-3kg/s (C1): (a) h/H0=0.25, (b) h/H0=0.5, and (c) 

h/H0=0.75. 

Contact Number (CN) is the number of contacts in the sampling grid, and it directly 

affects the particle-particle heat transfer. This effect can be significant for particles 

with high thermal conductivity (Zhou, Yu, and Zulli 2009). In this work, the Contact 

Number (CN) is the number of contacts in a sampling grid. Larger CN means more 

particle interactions in the grid, and smaller CN means the dilute phase of particles in 

the grid. The value of CN is just simply counted in each grid at different bed heights 

(h/H0=0.25, h/H0=0.5, and h/H0=0.75) during the DEM simulation. When two 

particles contact with each other, their distance should be equal or less than particle 

diameter. The accumulation of the number of particle contact will be Contact 

number(CN) in each grid. And the final CN will be the average of each save time step. 

Fig.4.13 shows the variations in the averaged CN at different bed heights. Except for 

the particles in the uniform gas inlet condition, the CN with different jet numbers 

shows the same trend that lower CN in the center and higher CN near the wall, 

especially for the one-jet condition at h/H0 = 0.25, the CN neat the wall can reach 54 

and 2.6 times higher that in the center. On the other hand, the CN became more 
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uniform with the increase of jets number. However, the difference between each cases 

with different jets number decreases with the increased bed height. That means that 

the distinction of particle movement and mixing speed between two, three and five 

jets cases is obvious at h/H0 = 0.25 and decreases with the increased bed height. In 

addition, compared with the radial distribution for Vz in Fig.4.9, CN has a relationship 

with Vz. That means that the gas flow rate may impact the particle-particle contact, 

and the contact frequency will decrease with gas flow rate increasing. 

For the one-jet condition, the difference in the CN between the center and annulus 

zone reduces at h/H0 = 0.5 and is 0.75 compared with h/H0 = 0.25. The reason can be 

found in Fig.4.10 (b). There is a dead zone in the annulus region at h/H0 = 0.25 and 

may significantly increase the CN in this region. In addition, a minor difference 

between the different layers can be identified for other conditions. This result shows 

that the CN distribution is heterogeneous for the one-jet condition in the axial 

direction. This finding may impact the temperature field and the thermal 

behavior(Zhou et al. 2011). 

4.4 Conclusions 

The CFD-DEM approach is used in this work to analyze the effect of the number of 

jets on the particle behavior and mixing index. The pressure drop, bed expansion, 
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particle velocity distribution and contact number are also discussed in this work. The 

following conclusions can be drawn from the current study: 

(1) Jets number impacts flow pattern significantly. Typical spouted bed feature and 

bubbling fluidized bed feature can be observed from one jet cases and uniform 

gas inlet cases, respectively. The flow patterns for multiple jets cases are the 

transition for those two extreme cases. 

(2) The maximum bed pressure drop is fixed, and it is independent of the gas flow 

rate when the fluidized bed completely reaches fluidization for the uniform gas 

inlet condition. However, for the multiple jets condition, the maximum bed 

pressure drop deceases with gas flow rate increasing. This trend is obvious with 

decreased number of jets. Based on the same total gas flow rate, the bed height 

for the one-jet condition will be significantly higher than other conditions.  

(3) Generally, the mixing rate increases with the increase of gas flow rate and 

decrease of jets number. The analysis of particle velocities shows that the gas 

from multiple jets is concurrent in the center of the bed and accelerates the 

particles together. However, gas flow is weakened during the processing of the 

combination. This circumstance could be the reason for the lower mixing rate 

for the multiple jets condition compared with the one-jet condition. 
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(4) Gas flow rate in the fluidized bed affects the CN in jet fluidized beds. The 

contact frequency decreases with increasing gas flow rate. Furthermore, the CN 

distribution for the multiple jets condition is more uniform than the one-jet 

condition, which could impact the temperature field and thermal behavior.  
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5.1 Introduction 

The fluidized bed is widely used in today’s industries (such as biomass energy 

production, pharmaceuticals, chemical engineering, and pollution control) since the 

first industrial-scale fluidized bed, Winkler’s coal gasifier, commenced operation in 

1926 (Kunii and Levenspiel, 1991). Over time, the fluidized bed has become 

increasingly complex and diverse to satisfy industrial needs. For example, the biomass 

fluidized bed is a binary particle system that includes biomass and inert particles 

(Fotovat et al., 2015). Thus, the mixing and segregation behavior for two types of 

particles with different fluidization characteristics has been intensively investigated by 

many researchers (Fan et al., 1970, Geldart et al., 1981, Chew et al., 2010, Babu et al., 

2017). 

Initial investigations for mixing and segregation behavior in a binary particle system 

were summarized by Nienow et al. (1978). They introduced the words flotsam and 

jetsam to describe segregated solids in a fluidized bed (Rowe et al., 1972), terms that 

are still widely used in recent research of binary particle systems. Wu and Baeyens 

(Wu and Baeyens, 1998) investigated the typical segregation patterns for mixtures of 

different size particles. Some studies of binary particle systems was based on a narrow 

size distribution (Rice and Jr, 1986, Rasul et al., 1999, Marzocchella et al., 2000, 

Wirsum et al., 2001). However, it is difficult to guarantee a narrow particle size 
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distribution in a real industrial fluidized bed. Therefore, other researchers focused on 

binary particle systems with wide size distributions. Hoffmann and Romp (1991) 

believed that the fluidized powder of a continuous size distribution would segregate 

into two superimposed layers, which is similar to a binary system to some extent. 

Wormsbecker et al. (2005) discussed segregation for a wide size distribution in a 

conical fluidized bed of pharmaceutical granulate. Dahl and Hrenya (2005) used 

discrete particle model (DPM) to simulate segregation for a wide particle size 

distribution. Both Gaussian and lognormal distributions were discussed in their study. 

To sum up, only very limited research has been performed to investigate the mixing 

and segregation behavior of a binary particle system with wide size distributions. 

Some concepts, such as the definition of minimum fluidization velocity (Chiba et al., 

1979), are still not clear for binary particle systems. 

Since the fundamental mixing and segregation behavior of binary systems is still not 

well understood, especially for wide size distributions, the prediction, design and 

operation of binary systems are often based on experience rather than on scientific 

principles (Chew et al., 2010). Therefore, using experimental methods, such as a 

sampling method, is a basic and important approach to the study of mixing and 

segregation. 
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Most experimental methods for exploring mixing and segregation behavior in a 

fluidized bed can be divided into two categories: sampling methods and image 

methods. Taking samples from different areas in a fluidized bed is the conventional 

method for analyzing tracer particle distribution in a fluidized bed. Wormsbecker et al. 

(2005) used sampling probes to take samples from five different radial positions in the 

bed. Zhang et al. (Jin et al., 2009, Zhang, et al., 2009a, 2012) used a flashboard-box to 

take samples from the dense-phase area of a spout-fluid bed. They also developed a 

novel sampling box to separate sand and biomass. The image method is a method that 

analyzes the image captured by a high-speed digital CCD camera. Image methods, 

such as particle image velocimetry (PIV)(Willert and Gharib 1991), have been widely 

used in particle tracking in fluidized beds and in the study of particle mixing and 

segregation (Zhang et al., 2009, 2012). Compared with the sampling method, the 

image method is characterized by real time and accuracy. However, it is well known 

that images captured by a CCD camera will be dark because of high shutter speed. 

Thus, an expensive laser light source or halogen lamp (Dijkhuizen et al., 2010) should 

be used to ensure adequate lighting. A halogen lamp is a thermal light source whose 

high temperature may impact particle behavior in a fluidized bed (Wu and Baeyens, 

1998), and non-uniform temperature distribution may even break the glass of the bed 

body according to our preliminary experiment.  
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Therefore, a fluorescent tracer technique combining image processing method will be 

conducted in this study. Fluidization characteristics and mixing and segregation 

behavior will be discussed in terms of bed pressure drop, gas velocity and mixing 

index. Different types of binary particle systems, including the jetsam and the 

flotsam-rich systems, will be analyzed and compared. The mixing indexes at different 

minimum fluidization velocities are also analyzed and compared with other work. 

5.2 Experimental setup, Materials and Procedure 
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Figure 5.1 Schematic diagram of experimental setup. (1) compressor, (2) pressure 

gauge, (3) control valve, (4) gas flow gauge, (5) computer, (6) pressure sensor, (7) 

fluidized bed body, (8) gas distributor, (9) gas chamber, (10) camera, (11) 

germicidal lamp. 
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5.2.1 Fluidized bed system 

A schematic diagram is shown in Fig.5.1. Fluidized gas is supplied by a compressor 

and controlled by a mass flow valve. The gas distributor is made of a 5-mm-thick 

sintered plate. The sintered plate is made by a special manufacturing process and has a 

20-µm aperture, which can ensure that gas entering the fluidized bed is relatively 

evenly distributed. This is very important in the study of fluidized beds(Medlin and 

Jackson, 1975). The fluidized bed has a cross-section of 110×40 mm and height of 

1000 mm. The measuring system includes a gas flow gauge, high-speed camera, 

germicidal lamp, lamp pressure sensor and computer. The gas mass flow can be 

shown by the gas flow gauge. A high-speed camera is used to record the mixing and 

segregation process. The shutter speed of this high-speed camera is approximately 

1/1000 s or more to sufficiently freeze the particle action. A germicidal lamp is used 

to excite the fluorescent labeled tracer particles. The bed pressure drop is measured by 

two pressure taps located at the bottom and top of the bed. The signals are sent to the 

pressure sensor and then displayed on the computer. 

5.2.2 Particle characterization 

Two kinds of bed particles with wide size distributions are used in this study. The 

particle size distribution is measured by an LS200 laser particle size analyzer. The 

result is presented in Fig.5.2. The particle size distribution curve showing both kinds 
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of particles indicates a wide size distribution that meets the need of our experiment. 

Green fluorescent dye is used to trace part of the silica sand. The proportion of tracer 

particles is 5% to ensure that there were enough tracer particles to reflect the binary 

particle mixtures. The properties of particles are shown in Table 5.1. 

Table 5.1. Properties of particle used 

Material Color Diameter range, 

dp(um) 

Bulk density, 

(kg/m
3
) 

Voidage, 

(-) 

silica sand white 200-2000 1340 0.490 

Alumina  white 200-2000 788 0.437 

Tracer  green 200-2000 1340 0.490 

Nienow et al. (1976) called the component that tends to settle to the bottom in binary 

systems “jetsam” and that which tends to float “flotsam”. They also stated that a 

jetsam-rich system is a binary system with over 50% volume fraction jetsam, and a 

flotsam-rich system is a binary system with over 50% volume fraction flotsam. Thus, 

three types of binary mixture systems with different silica sand and alumina particle 

volume ratios (1:3, 1:1, 3:1) were set in our experiment. 

javascript:void(0);
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Figure 5.2 Particle size distribution curve 

5.2.3 Procedure  

Experiments were purposely carried out focusing on a binary particle mixture at a 

fixed gas velocity. As the first step, tracer and particles were initially packed in the 

form of good mixture. As the second step, the gas control valves for startup of the bed 

were turned on, and the gas flow was maintained at the desired operating condition. 

After the mixing reached steady state, the germicidal lamp was used to excite the 

fluorescent labeled tracer particles. This step took 5 min to ensure that every tracer 

particle was excited. The mixing process was then captured by the high-speed camera. 

Other data, such as gas flow and pressure, were obtained by relevant gauges. 

Experiments were conducted in a darkroom, and no additional interior lights were 

used. Therefore, the color of images we captured was dark because of the high shutter 

speed. The last step was a key step: the fluorescent labeled tracer particles emit light 
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directly instead of reflecting light, so they can be easily distinguished from other 

particles in a dark room. After adjusting the saturation, sharpness and brightness of the 

images with professional software, clear images could be obtained for analyzing the 

binary particle mixture. This method avoided the need for an expensive laser light 

source. 

5.2.4 Particle mixing index 

To profile the axial distribution of tracer in the bed, the proportion of the number of 

tracer particles in each layer to the total number of tracer particles is applied and 

expressed by 

 i
i

t

n
C

n
                          (5.1) 

where  and  are the number of the tracer particles in each layer and the total 

number of tracer particles contained in the bed, respectively. We also defined 

   i

i

C
P

C
                             (5.2) 

Based on statistical analyses, various mixing indices are employed to describe the 

particle mixing in many different industrial processes(Fan, Chen, and Watson 1970). 

The well-known Rowe mixing index(Rowe, Nienow, and Agbim 1972) was used: 
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where  represents the mass fraction of particles in layer i.  indicates the average 

of . It has been proved that the Rowe mixing index can well profile the axial mixing 

distribution in the bed (Nienow et al., 1978, Geldart et al., 1981, Wu and Baeyens, 

1998, Wormsbecker et al., 2005, Wang and Ching, 2010). Another well-known mixing 

index is the Lacey (1954) mixing index, defined as 

2 2
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2 2
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l

m

M                           (5.4) 

It should be noticed that in current work, Lacey mixing index was used to evaluate the 

mixing degree. The value of Lacey mixing index approaches to be zero for a 

completely segregated mixture and approaches to one for a fully random mixture. 

According to the definition of those two mixing index, Lacey mixing index can reflect 

the degree of mixture in whole fluidized bed and Rowe can only reflect regional axial 

mixing distribution. Therefore, Lacey mixing index was widely used in the process 

industries (Rhodes et al., 2001). In this study, Lacey mixing index was used to analyze 

particle mixture.  
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5.3 Results and discussion 

5.3.1 Bed pressure drop 
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Figure 5.3 Effect of superficial gas velocity on variation of pressure drop for different 

binary systems. (a) VSi: VAl=1:1, (b) VSi: VAl=1:3 , (c) VSi: VAl=3:1. 

The bed pressure drop curve is widely used to calculate the particle minimum 

fluidization velocity for any monodispersed particle system. However, the evaluation 

of the minimum fluidization velocity of binary mixture still a controversial subject 

(Zhang, Jin, and Zhong 2008). If the particle size is widely distributed, the system will 
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became more complex because a monodispersed wide size distribution system can be 

regarded as a binary system (Hoffmann and Romp 1991) to some extent, and a binary 

wide size distribution system will be more complex and unpredictable. Here, a 

monodispersed wide size distribution particle system for silica sand and hollow 

alumina particles with the same total volume will also be compared with the binary 

particle system. 

Fig.5.3 shows the profiles of the measured pressure drop of each system. For all 

systems, the pressure drop curve takes on a similar trend. That is, with increasing gas 

velocity, the total pressure drops of the bed increase in the fixed bed. Finally, when 

the gas velocity passes through a turning point, the total pressure drop no longer 

grows and keeps a constant. The turning point is defined as the minimum fluidization 

velocity for any monodispersed particle system (Gidaspow 1994).  

For a monodispersed particle system, the final pressure drop  fP  of silica sand is 

higher than that of a hollow alumina particle because the density of silica sand is 

higher than that of a hollow alumina particle. For a binary particle system, the final 

pressure drop is between the pressure drop of those two monodispersed particle 

systems because the system average density 
,b a

 of a binary particle system is 

between the density of those two monodispersed particle systems. The same trend can 

also be reflected on the location of the turning point. The turning point for a binary 
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particle system is between the monodispersed particle systems. The turning point for a 

monodispersed particle system represents the minimum fluidization velocity, 

therefore, in this study, the turning point for a binary particle system is defined as the 

theoretic minimum fluidization velocity, 
,mf tu . 
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Figure 5.4 Minimum fluidization velocity and final pressure drop as a function of 

system average density 

Fig.5.4 displays the minimum fluidization velocity and final pressure drop as 

functions of system average density. We can find that both minimum fluidization 

velocity and final pressure drop show a nonlinear relationship. A similar phenomenon 

can be found in earlier research. Cheung et al. (Cheung, Nienow, and Rowe 1974) 

studied the binary particle system of different sized particles. They believed that the 

minimum fluidization velocity of a binary particle system should be a function of the 

square of the jetsam mass component 
jx : 
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where 
,mf ju  and 

,mf fu  are the minimum fluidization velocities of jetsam and 

flotsam, respectively.  

Based on the Ergun equation, S. Chiba et al. (Chiba et al. 1979) presented the 

minimum fluidization velocity of totally mixed and totally segregated systems: for a 

totally mixed system, 
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and for a totally segregated system, 
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Where   and d  are the average density and average particle diameter, 

respectively.  f
 and 

fd  are the density and diameter for flotsam, respectively.  

However, none of the formulas can fit our experimental result. This may be explained 

by the fact that for a binary particle system with wide particle size distributions, it is 

difficult to reach completely mixed or segregation state. Moreover, the influence 
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factor for minimum fluidization velocity will be more than just density, particle size 

and jetsam or flotsam mass component. The result also depends on the particle size 

distribution curve, the degree of sphericity and the mixing degree in the fluidized bed. 

Those variables are polytropic, and some of them can be analyzed only by empirical 

formula. Therefore, previous theoretical research can only be used for reference in the 

study of a wide particle size distribution to a limited extent. 

5.3.2 Fluidization phenomenon at different gas velocities 

By using the experimental method introduced above, the phenomena of fluidization 

and mixing of a binary particle system can be observed clearly. A tremendous number 

of snapshots were acquired for different operating conditions during the experimental 

process, and the disciplines for all three binary particle systems are the same. 

Therefore, only a few snapshots for the system in the case of VSi: VAl=1:1 will be 

shown here. 
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(a)                    (b)                   (c)  

Figure 5.5 Mixing patterns observed in the experiment when VSi: VAl=1:1. (a) 

,g mf fu u , (b) 
,g mf tu u  , (c) 

,g mf ju u  

Fig.5.5 presents snapshots of particle mixing at different gas velocities for the system 

when VSi: VAl=1:1. The experiment starts from a well-mixed packing state. When the 

gas velocity reached the minimum fluidization velocity of flotsam (alumina particle) 

,mf fu , only a few alumina particles on the top of the bed were fluidized. In the 

meanwhile, small bubbles can be observed on the surface of the bed. Most of the 

particles did not move. When the gas velocity reached the theoretic minimum 

fluidization velocity 
,mf tu  calculated by the pressure drop curve in the above section, 

the whole bed was still partially fluidized. It can be observed that most of the alumina 

particles were segregated from silica sand and fluidized on the upper layer. The silica 

sand moved slowly. When the gas velocity reached the minimum fluidization velocity 

of jetsam (silica sand) 
,mf ju , almost all bed particles were fluidized. The mixing 

began to appear on the upper layer and became more obvious with increasing gas 

velocity. 
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It should be noted that during the whole experimental process, there was a “dead 

region” on the bottom layer of the bed. As shown in Fig.5.5, those particles form the 

dark region on the bottom layer of the bed, which was not marked by fluorescent 

labeled tracer particles. Those particles represented the larger and lower degree of 

spherical silica sand. The particle distribution curve in Fig.5.2 shows that only a lower 

proportion of larger silica sand would be marked from the total marked particles. 

Therefore, when the larger silica sand flocks to the bottom layer, this region will 

become dark. The particles in the dead region are extraordinarily difficult to become 

fluidized. Even if the gas velocity reaches 
,mf ju , the particles in the dead region still 

cannot be fluidized.   

5.3.3 The axial distribution of tracer particles 

For quantity analysis of the mixing degree, the mixing index should be calculated. It 

should be noted that the distribution of tracer particles we obtained from the image 

may not be the real distribution because of the wall effect. Therefore, we took a few 

samples from the inside of each layer and counted the number of tracer particles. The 

results showed that the wall effect in this study can be ignored. Thus, the mixing 

index calculated from the image can reflect the real distribution in the bed. 
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Figure 5.6 Axial profile of tracer particles proportion at various minimum fluidization 

velocities. (a) VSi: VAl=1:3, (b) VSi: VAl=1:1, (c) VSi: VAl =3:1. 

Fig.5.6. shows the axial distribution of tracer proportions at various minimum 

fluidization velocities. Here, 0H  is the height of the initial fixed bed. At the initial 

fixed bed when tracer particles are well mixed with other particles, the p value is 

equal to 1, and the tracer particles still hold at the stagnant state. Meanwhile, it can be 

found that at
,mf fu , only a few alumina particles on the top of the bed are fluidized. 

Therefore, tracer particles that represent the silica sand in the top region will move to 

the lower layer. This trend will be maximized at 
,mf tu  when silica sand and alumina 
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particles are separated completely. With the increase of the gas velocity, a few silica 

sand particles then begin to fluidize and mix with alumina particles in the top regions.  

The impact of the dead region on tracer particles depends on the volume ratio of silica 

sand and alumina particles. At VSi: VAl=1:3, the effect of the dead region is not 

obvious. At VSi: VAl=1:1, it can be found that the dead region cannot be ignored when 

the gas velocities are in the range of 
,mf tu -

,mf ju . The size of the dead region also 

depends on the volume ratio. At VSi: VAl=3:1, the dead region at 
,mf ju  will be double 

that of the system VSi: VAl=1:1 at the same gas velocity. 

5.3.4 Mixing index at different minimum fluidization velocities 
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Figure 5.7 Effect of different minimum fluidization velocities on the mixing index  
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The mixing index is used to quantify the mixing and segregation effect. Fig.5.7 

reports the mixing index calculated by equation (4) at different minimum fluidization 

velocities. The index decreased with increasing gas velocity before 
,mf tu . This is 

because of separation in the binary system. The same trend can also be found in the 

work of Zhang et al. (Zhang, Jin, and Zhong 2009b). After 
,mf tu , the impact of the 

binary system separation effect will not increase with increasing gas velocity. Instead, 

there are two main effects on the system. On the one hand, the dead region will form, 

which will decrease the mixing index. On the other hand, the jetsam (silica sand) 

becomes fluidized, and a few particles will mix with flotsam (alumina particles), thus, 

the mixing index may be unchanged or even increased slightly. 

The study of the dead region is very important because most binary systems designed 

for a biomass fluidized bed (Zhang, Jin, and Zhong 2009b) are jetsam-rich systems. 

According to our study, the impact of the dead region will be obvious in a jetsam-rich 

system (VSi: VAl=3:1). In addition, in the industry applications of binary fluidized 

systems, the particles used have a wide size distribution and low degree of sphericity. 

Therefore, it is easy to form a dead region in the bottom layer of the fluidized bed. 

The dead region not only will affect the fluidization and particle mixing but also may 

impact mass and heat transfer between particles in the fluidized bed. This region 

should be considered for the design of a biomass fluidized bed. 
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 5.4 Conclusions 

An experimental investigation on a wide size distribution binary system has been 

conducted in a fluidized bed. A fluorescent tracer technique combining image 

processing method has been used to analyze particle distribution. Three types of 

binary mixture systems with different silica sand and alumina particle volume ratios 

(1:3, 1:1, 3:1) were used for the experiments. The fluidization and mixing behavior is 

analyzed in terms of bed pressure drop, particle concentration profile, and mixing 

index. The mixing indexes at different minimum fluidization velocities are also 

analyzed and compared with other work. The following conclusion can be drawn from 

this work. 

(1) The theoretic minimum fluidization velocity, 
,mf tu , calculated from the bed gas 

pressure drop cannot represent the whole fluidization in the bed because the 

particles will separate, and the jetsam (silica sand) will not be fluidized at this 

gas velocity. 

(2) For a wide size distribution particle binary system, there is a dead region in the 

bottom layer. The impact of the dead region depends on the gas velocity and 

volume ratio for a binary system. It is extraordinarily difficult to fluidize for the 

particles in the dead region. 
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(3) When the gas velocity reaches
,mf ju , except for the particles in the dead region, 

most of the jetsam particles are fluidized, and a few of them will mix with 

flotsam particles. 
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6.1 Introduction 

Recent years have seen a rapid growth of interests in detailed particles motion in a 

wide variety of natural and industrial processes. Particle motion possesses significant 

influence on the hydrodynamics in these processes. For example, in industrial 

fluidized beds such as circulating fluidized bed (CFB) risers, the particles experience 

not only translational but also rotational motion due to the frequent particle-particle 

collisions and the relative velocity between solids and the surrounding airflow (Yuan 

et al., 2001). Particle rotation appears to have effect on the linearity of the motion and 

may play a part in the mechanism of particle entrainment in conveyed solid-gas 

system (Torobin and Gauvin, 1960).  

Some experimental methods was used to track particle rotation and analyzed relevant 

influence factors such as particle size, average particle collision velocity, particle 

collision rate and particle number density (Wu et al., 2008b). Other researchers tried 

to obtain the angular velocity by use of the digital imaging method. For example, with 

a high-speed digital camera system, Wu et al. (2008a, 2008b)measured the averaged 

particles rotational velocity in a cold CFB riser. They found the mean rotational 

velocity for particles with a density of 2400-2600kg/m
3
 and size of 0.5 mm was about 

300 rev/s whilst the highest rotational velocity could be up to 2000 rev/s. The study 

on particle rotation, however, still presents a big challenge since the direct 

measurement of particle angular velocity is, if not impossible, extremely hard.  
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Relatively more contributions have been made to numerical study of particle in 

solid-gas two-phase flows (Garoosi et al., 2015). In the interesting work by Kajishima 

et al. (2004), they found that, due to the reverse direction of lift force in the shear 

flows, the irrotational particles could be easily absorbed into clusters but rotational 

ones might escape. Similar conclusion can be found by Wang et al. (2008)who argue 

that particle rotation reduce the cluster size. Sun et al. (2006)found that the multi-fluid 

model taking the particle rotation into account could better capture the bubble 

dynamics and time-averaged bed behavior in fluidized bed. Despite the significance 

of particle rotation in solid-gas two-phase flows found in the aforementioned studies, 

much are yet to be understood on how the particle rotation affects hydrodynamics. 

It is widely accepted that the rotational particles experience a Magnus lift force, which 

is perpendicular to the plane constituted by particle translational and rotating 

velocities. The Magnus lift force was first discovered by Newton in 1671(1971), and 

the Magnus effect in particle systems has since been a subject to many 

investigations(Oliver, 1962, Ning and Xiaojing, 2001, Lukerchenko, 2001, White and 

Schulz, 1977). Oliver(1962)attempted to explain some phenomena and behaviour of 

particle in tubes by using Magnus effect. White and Schulz (1977)studied the motion 

of spherical glass microbeads (of diameter 350 um and density 2.5 g/cm
3
) in a wind 

tunnel, and found that their results could be well explained by the Magnus effect. 

Lukerchenko (2001) found the existence of Magnus effect in solid particle saltation 
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over rough bed in a numerical study, and Huang et al. (2001) further demonstrated the 

trajectories of saltating grains could be influenced by the  Magnus effects. Dandy 

and Dwyer (1990) compared the Magnus lift force and drag force acting on a particle 

over a wide range of Reynolds number, and showed the magnitude of the Magnus lift 

force was far less than that of drag force. You et al. (2003) also think that for a small 

size particle, even if the speed reaches 10
6
 rev/min, the lift force can be neglected as 

compared with the drag force. However, in a very recent work Zhou and Fan (2015a) 

studied the solid-fluid interaction by use of an immersed boundary lattice Boltzmann 

simulations, and their results suggest that the Magnus force might become even larger 

than the drag force in case of high Reynolds number and low solid volume fraction in 

particulate flows.     

A natural question thus is whether the influence of particle rotation, especially the 

Magnus lift force, can be ignored or not in fluidized bed reactors. In this work, we aim 

at the study of Magnus lift force on the hydrodynamics of fluidized beds by use of 

discrete particle model. The underlying inspiration is that the discrete particle model 

can be used as an efficient learning tool for solid-gas interaction at particle level. 

According to Zhou and Fan (2015a), the Magnus effect is more pronounced for high 

Re and low solid volume fractions. Therefore in this research we will focus on the 

particle rotation and Magnus effect in circulating fluidized bed (CFB) risers. Our 

results show that the influence of Magnus lift force is enhanced with a higher Rer . 
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Magnus lift force affects the movement of particles in both radial and axial directions 

while Rer is high. However, in low Rer case it can be neglected in computational 

simulation model. This indicates the introduction of Magnus lift force may improve 

the discrete particle model only in high Rer case and Magnus effect should be 

considered in real gas-solid two phase system when the particle rotational speed is 

high. 

6.2 Mathematical model 

The DEM-code was originally developed by Kuipers et al. and has been validated and 

extensively applied in various solid-gas two-phase systems (Ye et al., 2004, Ye, Hoef, 

and Kuipers, 2005a, 2005b). 

6.2.1 Gas phase 

The gas flow is described by the volume-averaged Navier-Stokes equation (Kuipers et 

al. 1992): 
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Where   presents the porosity, g  the gravity acceleration, g
 the gas density, u  

the gas velocity,   the viscous stress tensor, and p  the pressure of the gas phase. 

Based on the Newton’s third law, the equivalent of that force must be acting on the 

mesh cell that the particle resides in. So the Magnus effect on gas phase should have 

been considered in equation 2. The solution in our study is to correct source term 

pS  . The source term 
pS  is: 

0

1
[ ] ( )

N part

p

a

S dV
V




   dra,a mag,a aF F r r                           (6.3) 

where V  is the volume of fluid cell, aV the volume of particle, a the particle 

velocity, and 
partN  the number of particles. The  - function is to ensure the 

reaction force acts as a point force at the position of the particle (Bokkers et al., 2004). 

,dra aF and 
,mag aF  are drag force and Magnus lift force which will be discussed in 2.2.3. 

To solve the pressure linked equation, the SIMPLE algorithm is used in this research 

(Ferziger and Perić, 1996). 

 

6.2.2 Particle phase 

In the DEM, the Newton’s second law is used to track the velocity and position of 

each particle: 



Chapter 6 Analysis of particle rotation in fluidized bed by use of discrete particle model 

137 

 

 
2

2a a a

d
m V p m g

dt
     a

cont,a mag,a dra,a

r
F F F                        (6.4) 

   

2

2

a
a

d
I

dt


 aT                                                        (6.5) 

where am is the mass of particle, aI the moment of inertia, a the angular 

displacement, and aT  the torque of particle. In this research we consider three types 

of force acting on the particles: the contact force 
,cont aF , the drag force 

,dra aF and the 

Magnus lift force 
,mag aF . 

6.2.2.1 Contact force 

The contact force 
,cont aF  includes both normal and tangential component, 

 ( )
contactlist

 cont,a ab,n ab,tF F F                                      (6.6) 

In this research the linear-spring/dashpot soft-sphere model (Cundall and Strack, 1979) 

is used to calculate the contact force. The normal and tangential component are 

respectively given by: 
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Here k  is the spring stiffness,   the damping coefficient, abn the normal unit 

vector, n  the overlap,  t  the tangential displacement,  f
 the friction coefficient 

and ab  the relative velocity between two particles. 

6.2.2.2 Drag force 

The traditional drag model, which is a combination of Ergun equation for dense 

regime and Wen-Yu correlation for dilute regime, is used in this research (Ergun and 

Orning, 1949, Wen and Yu, 1966):  

 
23 ( ) ( )g pd f   dra,a aF u υ                                      (6.9) 
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Here the particle Reynolds number 
( )p g

p

g

d
Re

 




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u υ
, where   is the void 

fraction, 
pd the diameter of particle, and g

 the dynamic viscosity. The drag 

coefficient 
24 3

(1 )
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 d p

p

C Re
Re

 follows Oseen (Oseen 1911). 

6.2.2.3 Magnus lift force 

The calculation of the Magnus lift force follows Zhou & Fan (Zhou and Fan 2015b): 
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Here the rotational Reynolds number 

2 




g p

r

g

d
Re , where   is the particle 

rotational velocity, and u  the velocity of fluid. In their study, Zhou and Fan 

introduced a coordinate frame with the origin fixed at the center of particle, and thus 

the translational motion of particle can be ignored in the calculations. In this research, 

we used a coordinate frame with the origin fixed at the wall of reactor, and thus the 

Magnus force is calculated as: 
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And the three components of the Magnus force are: 
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6.2.3 Numerical simulations 

 

Figure 6.1 Schematic diagram of the geometry of the pseudo-2D bed 

The schematic diagram of the pseudo-2D gas-fluidized bed is shown in Fig.6.1. The 

depth of the bed is the diameter of a single particle. In total 25 1 300   fluid grid 

cells are used in this research. The simulation parameters are listed in Table 6.1. Most 

parameters follows the experiments and simulations by Mathiesen et al. (2000). A 

mixture of two kinds of particles is considered. The time step is estimated by the 

method of Tsuji et al. (1993): 

 
2

5
  am

t
k

                                                (6.14) 

Before the formal simulation experiment, particle-wall contact should be discussed, 

which occurs frequently in a reactor or channel (Hu et al., 2017, Dritselis, 2017, 
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Cheikh et al., 2017). And particle-wall contact may cause erosion on the pipe. Salaei 

et al. (2014) discussed particle erosion in a 90°pipe bend. They found particle 

erosion happened on the bend area. In this study, a cuboid model was built to simulate 

fluidized bed. Therefore, No-slip boundary is used for the four sidewalls, the fluid 

phase influx cell (gas inlet boundary) is set at the bottom of the bed where the gas is 

injected, and the prescribed cell (pressure outlet boundary) is set at the top of the bed. 

Particles are settled in the bottom of the bed at the beginning. When a particle reaches 

the top boundary a new one will be introduced to enter the bottom, so the number of 

particles in bed will be a constant. The turbulence is not consider in this study.  
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Table 6.1 Simulation parameters 

Parameter Value Unit 

Gas temperature, T  293 (K) 

Shear viscosity of gas, g
 51.8 10  (Pas) 

Molar mass of gas,  M  22.9 10  (kg/mol) 

Number of particles, 
partN  40500 (-) 

Number of particles1, 
1partN  20250 (-) 

Number of particles2, 
2partN  20250 (-) 

Diameter of particle1, 1ad  11.2 10  (mm) 

Diameter of particle2, 2ad  11.85 10  (mm) 

Density of particle, s  2400 (kg/m3) 

Inlet gas velocity, 
gU  1.0 (m/s) 

Normal restitution coefficient, ne  0.97 (-) 

Normal restitution coefficient wall, 
,n we  0.97 (-) 

Tangential restitution coefficient, te  0.33 (-) 

Tangential restitution coefficient, 
,t we  0.33 (-) 

Friction coefficient,   0.1 (-) 

Normal spring stiffness, nk  7.0 (-) 

Tangential spring stiffness, tk  2.0 (-) 

Time step,  dt 52.0 10  (s) 

 

Table 6.2 Case parameters 

Case number Without Magnus With Magnus 

1 Rer~10
0
 Rer~10

0
 

2 Rer~10
1
 Rer~10

1
 

3 Rer~10
2
 Rer~10

2
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Figure 6.2 The flow diagram of numerical simulations. 

The case parameters can be shown in Table 6.2. The flow diagram of numerical 

simulations is shown in Fig.6.2. After initialization, the new position and velocity of 

particles as well as local porosity are updated by use of the soft-sphere model 

described in Section 6.2.2. Then the governing equations in Section 6.2.1. will be 

solved, and the fluid field and particle position and velocity at this time step are 

calculated and saved. 
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6.3 Results  

According to Ibsen et al. (2004), the discrete particle simulation should run 

sufficiently long time to ensure the whole system reaches the steady state. In this 

research, we simulated 16 seconds physical time and the time step is 52.0 10 s. 

Only the results in the last 5 seconds were used for data analysis. The results of force, 

particle velocity and particle velocity fluctuation which present in this work is 

averaged for the last 5 seconds. 

For analyzing the influence of Magnus effect, firstly, Magnus lift force for every 

standalone particle in each case is counted and compared with drag force. Secondly, 

particle velocity distribution in two models are calculated. Subsequently, regional 

particle velocities is discussed in each case. Finally, the particle velocity fluctuation 

curves are used to analyze different rotational Reynolds number cases.  

The results and analysis will mainly focus on the z-component of the particle velocity. 

Because in pseudo-2D system , the particle velocity in y-component can be neglected. 

Particle velocity on x-component will also be discussed for assistant analysis. 

The Rer plays an important role in the Magnus effect according to the definition of the 

Magnus lift force in section 6.2.2.3 and will be set as an independent variable in this 

study. In this work, three Rer values are considered: 1, 10, and 100. According to the 

definition of the Rer, the value of the Rer can be changed through modification of any 
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of three parameters. The first option is modification of a gas parameter such as 

dynamic viscosity or gas velocity. The second option is modification of particle size. 

The third option is to change the rotation speed. If we set the first two parameters as 

independent variables, the drag force will be changed accordingly. Thus, in formal 

simulation experiments, we change the rotation speed artificially to ensure that only 

the Magnus lift force is different in different three case. We believe this approach can 

highlight the effect of the Magnus lift force instead of the combined effect of the 

Magnus lift force and the drag force. 

6.3.1 Particle positions 

 

Figure 6.3 The snapshots of the instantaneous position of particles in the riser. 
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Instantaneous particle positions for different values of Rer were simulated in the CFB 

riser. Fig.6.3 shows the typical results at t = 13 s. The particles are dilute in the core 

region and dense in the wall region, consistent with the results of Mathiesen et al. 

(2000). The shape of particle cluster in some region is parabolic, which indicates the 

particles move upward at a faster speed near the central of the riser and downward at a 

slower speed near the sidewalls. 

6.3.2 Effect of the Magnus lift force 

 

Figure 6.4 The percentage of particles classified by 
, ,/zmag a zdra aF F : (a) case 1, (b) 

case 2, (c) case 3. 

Drag force is considered as the major force which impact particle movement in 

fluidized bed. Therefore, the ratio among Magnus lift force and drag force is 
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important for analyzing the impact of Magnus lift force in fluidized bed. Fig. 6.4 show 

the percentage of particles classified by 
, ,/zmag a zdra aF F  in different case. As can be 

seen in Fig.6.4(a), the 
, ,/zmag a zdra aF F  for most particles is smaller than 0.01, which is 

exclusively smaller than 0.1, which means the Magnus lift force is negligible 

compared to the drag force when Rer ~10
0
. This can also be evidenced by Zhou and 

Fan(2015a), the lower the Reynolds number, the weaker the Magnus effect. In 

Fig.6.4(b), the percentage of particles with 
, ,/zmag a zdra aF F  in the range of 0.01~ 0.1 is 

higher, which suggests the Magnus lift force at Rer =10 would affect the particle 

motion. For even higher Rer as showed in Fig.6.4(c), the magnitude of Magnus lift 

force, though less than that of drag force, becomes more pronounced. For some 

particles, these two forces are even in the same magnitude. Therefore, Magnus lift 

force might have an apparent influence on the movement of particles. 
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6.3.3 Particle velocity distribution 

 

Figure 6.5 Particle normal velocity distribution in case 3: (a) normal velocity 

distribution, (b) X-direction velocity distribution, (c) Y-direction velocity distribution, 

(d) Z-direction velocity distribution. 

We analyze the particle velocity distribution for explaining the impact of Magnus lift 

force. The low Rer case cannot reflect the effect of Magnus lift force according to the 

result in section 6.3.2. Therefore, we discuss the particle velocity distribution for high 

Rer case. Particle normal velocity distribution is showed in Fig.6.5(a). The  particle 

velocities in three directions were considered separately in Figs.6.5(b),(c),(d). At X 

and Y-direction, particle velocity distribution is Maxwell distribution which indicate 

the homogeneity of particle velocity distribution in this two directions. The gas 
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velocity at Z-direction is much higher than other two directions. On one hand this lead 

to higher drag force at Z-direction. On the other hand according to Eq. 6.13, the 

influence of Magnus lift force at Z-direction will be much lower than other two 

directions if zu is far larger than xu and 
yu . The difference between two curves: 

with or without Magnus lift force in Fig.6.5(d) proved the existence of this Magnus 

effect at Z-direction. For high Rer case, Magnus lift force may change the trajectory of 

particles. 

6.3.4 Regional Particle velocity 

 

Figure 6.6 Radial profiles of Z-direction velocity at different height in case 1, h=0.2m 
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Figure 6.7 Radial profiles of Z-direction velocity at different height in case 2, h=0.2m 

 

Figure 6.8 Radial profiles of Z-direction velocity at different height in case 3, 

h=0.2m. 

Regional particle velocity is another important standard to reflect the effect of 

Magnus lift force. According to the result in section 6.3.3, even in high Rer case the 

impact of Magnus lift force on particle velocity on X- direction and Y- direction can 

be neglected. Therefore in this section we discuss Regional particle velocity on 

Z-direction. Figs.6.6 to 6.8 plot the radial profiles of particles vertical velocity. The 

results are compared with the experimental data by Mathiesen et al (2000). There are 

some differences between experiment and simulation results. In the wall regions, 

simulation results are high than experimental results. Besides, at h=0.2m, the 

velocities are not correctly predicted very well. The velocities in core regions are 
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lower than experiment while in wall regions are higher than experiment. The probably 

reasons are as follows: Firstly, particles at h=0.2m suffer from more fierce collision in 

real fluidized bed which result in the expansion of different velocities between wall 

regions and core regions. Secondly, this might well be related to the boundary 

conditions for fluid and particles which has been set in simulation model, leading to 

an artificial entry length in the flow. Finally, the different methods on how to deal 

with data might be another reason. The experiment results based on the mean values 

of 3000 accept simples, but simulation results are averaged for the last 5 seconds 

which make the curve become more smooth. 

In case 1 and case 2 there is little difference between two models: with or without 

Magnus effect. Because drag force is the primary factor influencing particle 

movement. Fig.6.8 shows the results for Rer=100. In high Rer case, little difference 

between the model with Magnus lift force and without Magnus lift force can be 

observed.  

 

(a)                            (b) 
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(c) 

Figure 6.9 Axial centerline profiles of Z-direction velocity: (a) case 1, (b) case 2, (c) 

case 3. 

Fig.6.9 show the axial centerline profiles of particle vertical velocity. For lower 

rotational Reynolds number (1 and 10), the Magnus force has a minor effect. However, 

for higher rotational Reynolds number (100), similar to radial profile, the Magnus lift 

force has a pronounced effect on particle velocity, which can even influence the 

translational motion of particles. 

In a large quantity of previous research, Empirical formula is used to revise drag 

model if the simulation is not in good agreement with experiment and Magnus effect 

is neglect. However, drag force may not be the only element which can impact 

particle movement according to section 6.3.1. Magnus lift force equally plays a 

pivotal role in fluidization while Rer is high for a few particles in extreme cases. So 

the introduction of Magnus effect in DEM may be another way to fix discrete element 

method(DEM), especially for the high rotational Reynolds number case. 



Chapter 6 Analysis of particle rotation in fluidized bed by use of discrete particle model 

153 

 

6.3.5 Particle velocity fluctuation 

 

Figure 6.10 Radial profiles of particle velocity fluctuation at different height in case 1 

 

Figure 6.11 Radial profiles of particle velocity fluctuation at different height in case 2 
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Figure 6.12 Radial profiles of particle velocity fluctuation at different height in case 3 

 

Figs.6.10 to 6.12 show the particle velocity fluctuation. The fluctuation of particle 

velocity in Z direction is calculated: 
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Here  is the number of particles,  is the average velocity in Z direction: 
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All the curves in Figs. 6.10 to 12 show the same trend that particles fluctuate strongly 

near the wall and more placid in the center of riser. This may result from the effect of 
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wall surface. According to Figs. 6.10 and 6.11 in low Rer case, Magnus lift force is no 

significant effect on particles because of limited difference between two curves. Fig. 

12 depicts the particle velocity for higher Rer (~100). Compared to that for lower Rer 

(1 and 10), the influence of Magnus lift force increased observably. This suggests that 

Magnus lift force could prompt the particle velocity fluctuation at Z-direction while 

Rer is high and this mainly happened in the low part of riser. 

 

(a)                             (b) 

 

(c) 

Figure 6.13 Radial profiles of X-direction granular temperature : (a) case 1, (b) case 2, 

(c) case 3. 

Similar to particle velocity fluctuation at Z-direction, particle velocity fluctuation at 

X-direction is discussed for analyzing Radial movement. Fig.6.13 show the particle 
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velocity fluctuation at X-direction for different bed height. The influence of wall 

surface may be indistinctive in X-direction, and therefore the curves are smoother 

than that in Figs.6.10 to 12. The particle velocity fluctuation at X-direction increases 

with increasing Rer, indicating that the Magnus lift force may promote particle 

velocity fluctuation at X-direction only in some specific situations. The reason may be 

that Magnus lift force caused by particle rotation, in high Rer case, particle rotation 

result in increasing instability of gas-solid system. Therefore, particle velocity 

fluctuation was also influenced by particle rotation. The result from this section also 

demonstrates that Magnus lift force may promote the radial movement of particles 

comparing with axial direction. Therefore, not only at Z-direction, Magnus lift force 

also prompts the particle velocity fluctuation at X and Y-direction.  

6.4 Conclusions 

A modified DEM code incorporated with Magnus force was used to simulation 

particle motion in circulating fluidized bed (CFB) risers. The results with or without 

Magnus lift force were compared for different Rer numbers. The radial and axial 

profiles of X-direction velocity, granular temperature and radial profiles of 

X-direction velocity were discussed in details. Our simulations show: 
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1. Particles move upward with a higher speed near the central of the riser and 

downward with a lower speed near the walls, and the typical core-annular flow 

structure can be demonstrated. 

2. The influence of Magnus lift force is enhanced with a higher Rer (especially for 

Rer~10
2
), and might be in the same magnitude as the drag force. 

3. Magnus lift force affects the movement of particles in both radial and axial 

directions while Rer is high. In low Rer case it can be neglected in computational 

simulation model. 

The introduction of Magnus force can improve the discrete particle model and capture 

the radial movement of particles in high Rer case when used in the dilute phase region. 

On the other hand, in real gas-solid two phase system, high particle rotational speed 

might cause more prominent Magnus effect and impact particle movement. The 

influence of Magnus lift force still needs to be considered and evaluated in the 

fluidized bed when the particle rotational speed is high. 
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7.1 Conclusions of research 

This thesis systemactically investigated the flow dynamics and particle mixing in 

gas-solid two phase fluidized bed, including three scales: the microscopic particle 

scale, the mesoscopic structure scale, and the macroscopic reactor scale. 

For microscopic scale, particle rotation and Magnus effect was discussed in Chapter 6. 

In this Chapter, a pseudo two-dimensional discrete element model (DEM) was used to 

investigate the influence of Magnus lift force in fluidized bed. The rotational 

Reynolds number (Rer) bases on the angular velocity and the diameter of the spheres 

is used to characterize the rotational movement of particles. We studied the influence 

of Magnus lift force for particles with rotational Reynolds number in the range of 

1~100. Our results show that the influence of Magnus lift force is enhanced with a 

higher Rer. Magnus lift force affects the movement of particles in both radial and 

axial directions while Rer is high. However, in low Rer case it can be neglected in 

computational simulation model. This indicates the introduction of Magnus lift force 

may improve the discrete particle model only in high Rer case and Magnus effect 

should be considered in real gas-solid two phase system when the particle rotational 

speed is high. 

For mesoscopic structure scale, particle image velocimetry (PIV) is employed in this 

work to measure particle flow field in a two-dimensional fluidized bed to obtain 
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particle velocity distribution function around a single bubble. Discrete element 

method (DEM) is also used to investigate particle velocity distribution at the 

individual particle scale. The results show that the speed distribution of particles with 

heterogeneous structures is a linear superposition of multiple Maxwellian distributions. 

A tri-peak model based on the fluid and particle control mechanism is theoretically 

derived. Three kinds of models: a tri-peak model, a bi-peak model and a single-peak 

model are proposed to fit the experimental data. The error analysis shows that 

compared with other models the tri-peak model can profile particle speed distribution 

more accurately. 

For macroscopic scale, on one hand, discrete particle model is used to simulate 

fluidized beds with different jet numbers, and the results are validated by physical 

experiments. Cases with different jet numbers (varying from one to five) but the same 

gas flow rates are compared in terms of the maximum bed pressure drop, bed height, 

mixing index, particle velocities and contact number. The results show that different 

jet numbers result in different flow patterns, which severely affect the mixing 

efficiency. The mixing efficiency in the one-jet case (spouted-bed) is 1.5~3 times 

higher than other cases due to a higher jet velocity and umbrella-type flow pattern. 

For the multiple jets, bubbles and vortex can form and promote particle mixing but 

not as efficient as the case of one jet. However, particle contacts in multiple jet cases 
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are more uniform than the one-jet case. This implies that from the perspective of 

particle heat transfer, multiple jets can behave better than one jet.  

On the other hand, a novel fluorescent tracer technique combining image processing 

method has been used to investigate the mixing and segregation behavior in a binary 

fluidized bed with wide size distributions. The particle number percentage in each 

layer for different gas velocities is obtained by an image processing method. The 

results show that the theoretical minimal fluidization velocity calculated from the bed 

pressure drop cannot represent the whole fluidization for a wide size distribution 

binary particle system. The effect of a wide size distribution is an inflection point in 

the mixing index curve. There is also a dead region in the bottom of the bed that 

consists of particles with large size and a low degree of sphericity. The particles in the 

dead region are extraordinarily difficult to fluidize and should be considered in the 

design of fluidized beds in industrial applications. 

7.2 Recommendations for future work 

7.2.1 Different forces for microscopic scale 

For microscopic scale, not only Magnus lift force, the particles are subjected to a drag 

force, buoyancy force, gravity, contact forces (collisions and friction) between 

particles and between the particles and the walls, and pressure gradient forces. In 

some special circumstances additional force terms also apply. For example, the Basset 
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force is caused by a deviation from the steady-state motion in a viscous fluid, the 

Saffman lift force is generated in a flow field with a velocity gradient, an in-depth 

study of the forces on particles and the conditions for force generation is of great 

significance for investigating particle motion, developing numerical simulation 

methods, and optimizing the reactor’s structural parameters. Therefore, the study of 

different forces for microscopic scale research still needs to be discussed further. 

7.2.2 Particle cluster for mesoscopic structure scale 

Mesoscopic structures include not only single bubble, but also particle cluster in same 

kinds of gas-solid systems such as circulating fluidized bed (CFB) riser. The analysis 

of cluster is more complicated than single bubble because cluster is amorphous. The 

study of particle cluster in gas-solid systems still need to be discussed further. 

7.2.3 How to improve particle mixing for macroscopic scale 

Mixing and segregation behaviour in a binary fluidized bed for particles with wide 

size distributions is discussed in this study. Results show that for a wide size 

distribution particle binary system, there is a dead region in the bottom layer. The 

impact of the dead region depends on the gas velocity and volume ratio for a binary 

system. It is extraordinarily difficult to fluidize for the particles in the dead region. 

Therefore, how to improve fluidization and particle mixing for macroscopic scale 

fluidized bed designing still need to be discussed further. 
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