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Abstract

It is widely acknowledged that man-made CO, emissions to the atmosphere must be significantly
reduced to mitigate the damaging effects of global climate change. The energy sector contributes to a
large portion of the carbon emissions and a wide range of technologies need to be implemented to
make the progression towards the low carbon dioxide emission. CO, capture and storage (CCS) is
seen as a technology that can reduce the carbon emissions in the coal fired power stations. This will
help reduce the rate of climate change by removing greenhouse gases that would otherwise be emitted

to the atmosphere.

Carbon capture and storage involves the capture of carbon dioxide gas from within the CO;
generation process, compressing it into a supercritical fluid and finally sequestrating it. Implementing
CCS technology for electricity production has an impact on the net power output of the power plant
and it also has a high capital and operating cost. Among the different capture technologies, solvent
absorption is considered to be the benchmark amongst the post-combustion carbon capture
technologies. However, there are other technologies that have potential to be energy and cost

competitive such as: adsorption, membranes and low-temperature separation.

The aim of the PhD is to improve the integration of the capture processes with the power plant
stations to reduce the energy penalty associated with the addition of CCS by combining current
carbon capture technologies to form hybrid post-combustion carbon capture processes and evaluate
their performances. A hybrid post-combustion carbon capture process consists of two steps: an initial
recovery step would increase the concentration of CO: in the flue gas whilst trying to limit the amount
of CO» lost in the waste gas. The second step would then be a purification step, where the CO; gas is
purified and pressurised to the sequestration requirement. The research will develop a methodology to
assess carbon capture technologies using exergy analysis, in combination with pinch analysis and

optimisation methods, such as multi-objective optimisation (MOO).

The hybrid carbon capture technologies is modelled using Aspen HYSYS®. These models provide
the information to perform the analysis and optimisation of the power plants to determine the energy
and cost targets. The two hybrid processes that were developed are VSA/low-temperature separation
hybrid carbon capture processes and membrane/low-temperature separation hybrid carbon capture
processes. The processes were then evaluated using MOO and the energetic and economic

performance were compared to the MEA solvent absorption carbon capture processes.

Hybrid carbon capture processes using technologies such as VSA, membranes and low-temperature
carbon separation have shown potential to be energetically and economically competitive with the
established MEA solvent absorption. The VSA/low-temperature hybrid process requires a specific
shaft work of 1.46 GlJ/t (CO, captured) when 90.0 % of the CO, is being recovered. The
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membrane/low-temperature hybrid carbon capture process required a specific shaft work of 1.38 GJ/t
(CO; captured) at 90% CO recovery rate when mixed refrigerant is used to achieve the low
temperatures. On an economic perspective, the VSA/low-temperature separation hybrid process had a
higher cost of avoidance of $78/t (CO, avoided) compared to the $67//t (CO, avoided) of the

membrane/low-temperature separation hybrid process.

Finally, beyond analysing the overall performance of the hybrid processes, the thesis allowed each
hybrid process to be analysed in depth through heat integration and MOO; the energy trade-off
between the CO; recovery stage and CO, purification stage was studied. The difference in using

mixed ethane/propane refrigerant versus propane only refrigeration was also investigated.
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1 Introduction

Since the start of the industrial era in the mid-18™ century, the concentration of CO, in the atmosphere
has increased from 280 ppm to 391 ppm in 2011, as reported in the [PCC fifth assessment report
(ARS) by Stocker et al. (2013). The report determined that from the 1960s to 2005, the average
increase in CO; emissions is 1.4ppm per year. This alarming increase in CO; level is one of the
primary causes of global warming, which contributes to a series of negative effects. To mitigate these
negative effects, in 1992, the United Nations Framework Convention on Climate Change (UNFCCC)
was formed to discuss methods for the stabilisation of greenhouse gas concentrations in the

atmosphere at a level where anthropogenic emissions would not affect the climate system.

The IPCC ARS reported that due to the heavy reliance of the energy sector on coal fired power
stations, the energy sector is a large contributor of the anthropogenic carbon emissions. Furthermore,
30% of the total anthropogenic carbon emissions in the atmosphere have come from these coal fired
power stations. Critically, it was also reported that the reliance on coal will increase over the next
decades. In response, the IPCC and IEA (2012) conducted several studies to establish a strategy to
mitigate the CO, emissions from the energy sector by 2050. From these studies, it was concluded that
no single technology will provide all emission reductions to achieve stabilisation by 2050, but a
portfolio of technologies will be required. The range of technologies are shown in Figure 1.1, which
includes renewable energy such as solar, wind and biomass energy; and more importantly, carbon
capture and storage (CCS). CCS is seen as the technology to reduce CO» emissions in the short term

and provide more time to the energy sector to transition into an array of sustainable energy sources.

60 Nuclear 8% (8%)
Power generation efficiency and fuel switching 3% (1%)

. . Renewables 21% (23%)
o 50
5 i End-use fuel switching 12% (12%)
S 40 CCS 14% (17%)
s -
-
< End-use fuel and electricity efficiency 42% (39%)
s 30 4
3
g 20

10

0 1 T 1 1

2009 2020 2030 2040 2050

Figure 1.1 Array of technologies that contribute to the reduction of CO; emissions by more than
half through to the year 2050 (IEA 2012).
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1.1 Carbon Capture and Storage

CCS involves the capture of carbon dioxide gas from within a CO;, generation process, its
compression into a supercritical fluid, transport of the CO; to a storage site and finally its
sequestration at this site. The capture and separation processes were initially studied in order to
produce town gas almost 60 years ago by Evans and Siddique (1975). However, when the global
warming effect of CO, was understood, Horn and Steinberg (1982) started to discuss the prospect of
using such carbon capture technology to mitigate the carbon dioxide emissions. Nowadays, CO,
removal is already being used in industries such as ‘enhanced oil recovery’ and the production of

hydrogen from fossil fuel

The fossil fuel combustion process shown in Figure 1.2 (a) produces the greatest quantity of CO,
emissions. The capture of CO, from a combustion process can be divided into three main categories:
post-combustion capture, pre-combustion capture and oxy-fuel combustion. These are defined in more

detail below and are represented in Figure 1.2 (b-d).
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Figure 1.2 (a) Schematic diagram of fossil fuel combustion process for power generation (b)
Schematic diagram of post-combustion capture (c) Schematic diagram of pre-combustion
capture (d) Oxy-fuel combustion capture

i.  Post-combustion Capture

Post-combustion capture (Figure 1.2 (b)) is the process where CO; is captured from the flue gas from
the combustion of fossil fuel and biomass in air. The pure CO; stream is then further processed to be
ready for storage. The CO,-depleted flue gas can then be discharged into the atmosphere since it then

contains less greenhouse gases.
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ii.  Pre-combustion Capture

Pre-combustion capture (Figure 1.2 (c)) is the process where the fuel is reacted with oxygen/ air or
steam to form a ‘synthetic gas (syngas)’ composed of carbon monoxide and hydrogen. This gas is
then passed through a catalytic reactor to convert the carbon monoxide into carbon dioxide, which can

be separated from the syngas and the resulting hydrogen-rich gas can then be used to generate power.
iii.  Oxy-fuel combustion Capture

Oxy-fuel combustion (Figure 1.2 (d)) uses high purity oxygen (~95%) for the combustion of the fuel
instead of air. This results in a flue gas that consists mainly of CO, and H,O and therefore facilitates
the CO; separation due to the relatively high condensation temperature of H,O compared to CO>. In
this process, the air separation unit is the most energy intensive unit since it requires cryogenic
conditions to separate oxygen from air. It should be noted that when combustion occurs in high
oxygen content, the temperature exceeds material limits and therefore some of the pure CO, is

recycled into the combustion chamber to lower the combustion temperature.

Among these three categories, oxy-fuel combustion capture does not require an advanced CO;
separation unit due to the reasons mentioned. However, both post-combustion and pre-combustion
require advanced separation technologies to remove the CO, from the flue gas and syngas respectively.

The CO; capture technologies are discussed in the following sections.

This research will focus on hybrid post-combustion capture technologies (Figure 1.3). In order to
determine which technology or combination of technologies is most suited for the process, the carbon
capture process needs to be integrated with the power station and then analysed. The process will be
simulated using flowsheet modelling tools, with pinch analysis for heat integration and optimised
using multi-objective optimisation software. Finally, the cost per tonne of carbon dioxide and the

power requirement of the carbon capture process will determine the viability of the process.
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Figure 1.3 Overview of the different elements of a post-combustion CO; capture and storage
process for a power station (CO2CRC)

1.2 Carbon Capture Processes

Among the different capture technologies, the recent review of the carbon capture technologies by
Huisingh et al. (2015) stated that solvent absorption has been considered to be the benchmark among
the post-combustion carbon capture technologies and is the only commercially established process.
Sreenivasulu et al. (2015) also identified that chemical absorption is the most widely used technology
due to the high capture performance at low concentration of CO». Furthermore, absorption processes
can be easily integrated to any power plant as an end of the pipe technology. However, work from
Aaron and Tsouris (2005) and Sreenivasulu et al. (2015) have shown that there are other technologies
that have the potential to be energy and cost competitive such as: adsorption, membranes and low-
temperature separation (also referred to as “cryogenics” in the literature). Each of those technologies

have their respective advantages and disadvantages that are discussed in the next sub-sections.

1.2.1 Solvent Absorption
The review of conventional and emerging carbon capture process technologies from Rufford et al.

(2012) states that the solvent absorption is currently the most prominent capture process due to the
fact that solvent absorption is the most advanced technology since it has been extensively used for
CO; removal in the natural gas processing industry. Solvent absorption based carbon capture
processes includes amines, alcohols, liquid ammonia and alkalies. Amines are the most used solvents

for large industrial applications, but the other solvents are being researched, as summarised by
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Sreenivasulu et al. (2015). Solvent absorption has been widely employed due to higher capture
efficiencies even at low concentrations of CO» and varying selectivities can be achieved depending on

the solvent.

A schematic diagram of the absorption process is shown in Figure 1.4 and can be divided in to two
main steps: the absorption step, where lean solvent is contacted with the flue gas stream to capture the
CO; in the absorption column, and the desorption step that occurs in the stripping column, where the
solvent is either heated or the pressure is reduced to desorb the CO, from the solvent, yielding a high
purity stream of CO» and regenerating the solvent which is recycled back to the absorption column.
Solvents involving chemical reactions are usually regenerated by heating in a reboiler, which utilises a

significant proportion of the steam generated by the power station.

N, Rich \ CO, Rich Stream (g)
Stream (g) ./ To Compression

Cooler

Absorption
Column

Lean/ Rich
Heat Exchanger

Flash Valve Reboiler

Figure 1.4 Schematic diagram of the solvent absorption process

Chemical absorption is generally used in post-combustion capture but there are still some challenges
such as scaling-up issues, solvent degradation and the high reboiler duty. Wang et al. (2015) provided
a critical review of research in solvent absorption such as the studies from Le Moullec and Kanniche
(2011) on MEA (mono ethanolamine) and Smith, K et al. (2009) on potassium-carbonate based
solvents. Furthermore, work from Harkin, Hoadley and Hooper (2010) showed the advantages of
performing heat integration on the capture plant and the power plant, which reduced the additional

heat requirement for the solvent regeneration process.

1.2.2 Membranes
A membrane process, as the name suggests, consists of a membrane which is a specially developed

material that allows the selective permeation of a gas through it (permeate stream). The selectivity of
each membrane depends on the nature of the material and the way it has been developed and also the
pressure difference driving force that allows the gas to flow through the membrane. Therefore, high
pressure streams are preferred when using membrane separation processes. Bernardo, Drioli and
Golemme (2009) discuss the different uses of membranes including: air separation, gas dehydration

and CO; removal from synthesis gas for hydrogen production. There are a wide range of types of
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membranes that are specifically developed for different separation processes required such as
perfluorodioxole polymer membrane for air separation and polysulfone hollow fiber for the Ha/N»
separation in hydrogen production. For the post-combustion carbon capture process, again there are
numerous types of membranes that are being researched including: polymeric membranes and

polyimide membranes.

However, according to Favre (2011), membranes in large scale CO, capture such as CCS has not yet
been implemented as it is a relatively new technology which has not been tested on a sufficiently large
scale, nor does it produce the high purity CO, stream that is easily achieved by solvent absorption.
Various membrane technologies are being developed to match and exceed the performance of solvent
absorption, Luis, Van Gerven and Van der Bruggen (2012) reviewed some of the developments in
membrane-based CO, capture and demonstrated the potential for membrane technology. The main
limitation that they found was the trade-off between membrane stability and cost. It was found that the
costs related to membrane manufacture were difficult to estimate, which made it more challenging to
compare the cost of membrane processes to other carbon capture processes. Manufacturing
efficiencies are expected to bring done membrane costs, but the rate of this occurring depends on rate
of installation which makes the estimate imprecise. Furthermore, more research needs to be done on
the effect of the impurities and industrial scale gas flow rate on the polymeric membrane. As a result,
extensive research is being one on improving the materials, such as carbon hollow fibers and hybrids

containing carbon nanotubes to improve the reliability and durability for industrial applications.

Figure 1.5 shows a simple membrane process schematic diagram, where the flue gas needs to be
compressed prior to being supplied to the membrane unit to provide the necessary driving force
required for the gas separation. However, the pressure difference can also be generated by applying a
vacuum pressure to the retentate side of the membrane. Merkel et al. (2010) showed that by using
approximately 89% of the total work in the vacuum pump, this configuration can reduce the total

work requirement of the membrane unit by approximately 55%.

Flue Gas N, Rich Stream (g)
——
%
Compressor 7 Membrane

To Compression
CO, Rich Stream (g) Unit

Figure 1.5 Schematic diagram of the membrane process
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1.2.3 Adsorption
In adsorption processes, molecules adhere to the porous surface of a solid either by physical and/or

chemical forces. The schematic adsorption separation process is shown in Figure 1.6 and typically

consists of three steps:

1) The adsorption step, where a film of the adsorbate (CO») is formed on the surface of the
adsorbent (molecular sieves or activated carbon)

i) A purging step, where the other gases are purged from the vessel

1ii) A desorption step, where the CO, is desorbed from the adsorbent by pressure swing
operation (PSA) or temperature swing operation (TSA). As stated by Webley (2014),
TSA requires longer operating time to heat the adsorbents for regeneration leading to
larger sorbent inventory. Therefore, PSA has proved to be a more attractive operation
than TSA for the shorter operating time.

N, Richftream (g)

}

=

Flue Gas ]

Blower

Compressor

CO, Rich To Compression
Stream (g) Unit

Figure 1.6 Schematic diagram of the adsorption process

Adsorption processes have very similar performance to membranes since they have also been used for
air separation, gas dehydration and CO, removal from synthesis gas for hydrogen production
developed by Sircar (1979). In recent years, there have been extensive research in the materials used
for adsorption processes, which resulted in novel materials such as nanostructured carbon, metal
organic frameworks (MOFs) and inorganic (oxide) materials. Combined with more conventional
materials such as zeolite, alumina and silica gel, there is a wide selection of materials to choose from
for adsorption process. However, most of those materials are still in the early research phase and only
a few have shown the potential to reach the pilot testing phase. Limitations of materials include
availability of materials and operation constraints. Webley (2014) reviewed the different CO»
selective adsorbent, such as Activated Carbon from Yin et al. (2013) and Zeolite 13X from Xiao, P et
al. (2008). Both adsorbents have shown some promising results in carbon dioxide separation due to

the small equipment required and the good COs selectivity.

1-8



Zhang, J. and Webley (2008) stated that pressure/ vacuum swing adsorption technology has been
frequently studied for the carbon capture process due to its relative simplicity and low energy
requirements compared to the standard MEA solvents absorption carbon capture. However, one
disadvantage of adsorption is that the gaseous feed needs to be treated before going through the
adsorber and like the membrane process, the adsorption process does not readily yield a high purity
CO; stream such as occurs with the solvent absorption regeneration process. According to Webley
(2014), adsorption process require extreme conditions such as low vacuum pressures (e.g. 5-10 kPa)
in order to simultaneously yield both high CO, purity and high CO, recovery, which can only be
obtained using expensive bespoke high volume vacuum machinery. At those low vacuum pressures,
the maximum CO, purity is ~90% and recovery is ~70-90%, which does not meet the minimum
requirement for CCS.. Further limitations of the process may include the ability of some adsorbent

materials (particularly Zeolites) to operate with wet gas and impurities such as NOx and SOx.

1.2.4 Low-Temperature Separation
Low-temperature separation of CO, from post-combustion flue gas is achieved by cooling followed

by vapour-liquid phase separation. This technology is also commonly known as “cryogenic separation”
in the literature. “Low-temperature separation” is used in this work as Berstad, Anantharaman and
Neksé (2013) pointed out that cryogenics is defined as temperatures below -153°C in the International
Institute of Refrigeration (2007) dictionary. Since this study does not go to such cold temperatures,

the term “cryogenics” was avoided.

A representation of low-temperature separation is shown in Figure 1.7, where the flue gas is
compressed to an intermediate pressure. There are two motives for the pre-compression stage; firstly,
the CO, pressure needs to be above the triple point pressure to avoid crystallisation of CO, and
secondly, the pre-compression facilitates the liquefaction of CO; in the chiller. The liquid CO: is
separated from the N, rich flue gas and the liquid CO, can be pumped to the appropriate pressure for

transportation and sequestration.

N, Rich Stream (8)

Flue Gas
Phase

Separator

Multi-Stage Chiller
Pre-Compression

Supercritical CO,

A 4

Pump

Figure 1.7 Schematic diagram of the low-temperature capture process
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The main advantage of low-temperature separation is that it yields liquid CO; that is more readily
pumped to a supercritical state relative to gaseous CO, that would require a separate compression
train. Berstad, Anantharaman and Neksa (2013) reported that low-temperature separation shows
promising results for feed gas with a high CO, composition, such as oxy-fuel combustion. The low-
temperature separation and pressurisation process is represented in Figure 1.8, where a typical flue
gas (red dot) at 20°C is compressed to 2 MPa and cooled to approximately -40°C. At this temperature
and pressure, the CO, is in a liquid phase and can be pumped to 20 MPa to obtain supercritical CO,.
Figure 1.8 also compares the low-temperature separation and pressurisation to the conventional CO,

multi-stage compression (orange arrow).
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Figure 1.8 Carbon dioxide phase envelope and comparison of conventional carbon dioxide
multi-stage compression system (orange) vs low-temperature carbon dioxide liquefaction and
pressurisation.

Sreenivasulu et al. (2015) states that there are two main the low-temperature carbon capture process
limitations: the compulsory removal of the moisture in the gas to avoid plugging of the system and

more importantly, the high capital and operating costs.
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1.3 Carbon Capture and Storage Energy Penalty

According to the Global CCS Institute (2014), as of the end of 2014, there were 22 large-scale CCS
projects in operation and construction around the world, which represents twice the number of large-
scale CCS projects since the beginning of the decade. Leung, Caramanna and Maroto-Valer (2014)
states that the major challenge for post-combustion is the energy penalty and associated costs for the
capture unit to operate. The energy penalty, AE (%) is defined as the ratio of power output lost for
implementing CCS over the power output of the power plant without CCS. Eq. 1.1 is the equation

used to determine the energy penalty:

AE = Drocar=leap o Eq. 1.1
Py,o cap
Where, Puwo cap 15 the net power output from the power plant without CCS

Pcap 1s the net power output from the power plant with CCS.

Finally, the specific energy penalty, AE (kJ/ t(CO, captured)) is defined as the energy required per
unit of CO; captured by the CCS unit.

AE = Dwocar=Peap Eq.1.2
mco,
Where, Teo,is the mass flow rate of the CO; captured from the CCS unit.

Both the energy penalty and the specific energy penalty are used throughout this study as they are
strong indicators of the reduction in the energy output of the power plant, which is particularly
relevant when retrofitting CCS in power stations. The energy penalty of carbon capture processes is
highly dependent on the size of the power plant and the flowrate and composition of the flue gas
stream. On the other hand, the specific energy penalty is a function of the amount of CO; being
captured, which allows different carbon capture processes to be compared on a consistent basis. Table
1.1 shows the specific energy penalty of the three main carbon capture technology, including
compression of the high purity CO,, when recovering approximately 90% of the CO, from the flue
gas. The relationship between CCS energy penalty as % and power plant size is displayed in Eq 1.1,
where the denominator represents the power plant size and the numerator represents the power
requirement for capture. Assuming that the power plant condition remains the same, mathematically,
the energy penalty and size of power plant would have a proportional correlation. However, in
practice, smaller power plants tend to be older and therefore have lower efficiency. As a result, due to
the lower power plant efficiency of smaller power plants, there would be a higher impact on the

energy penalty of implementing CCS on smaller power plants.
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Table 1.1 Summary of specific energy penalty for carbon capture processes

Carbon Capture Technology Power plant | Units Value
MEA (Xu et al. 2013) 600 MW GJw/t(CO; Captured) | 4.00
VSA (Liu et al. 2012) N/A GJ/t(CO; Captured) | 2.37
Multi-Stage Membrane (Zhang, X, | 800 MW GJ/t(CO; Captured) | 2.00
He & Gundersen 2013)

Low-temperature Separation (Song, | 600 MW GJ/t(CO; Captured) | 3.40
Kitamura & Li 2012)

It should be noted that the unit of MEA specific energy is a thermal energy penalty whereas VSA,
membrane and Low-temperature separation are electrical energy penalties. That is due to the fact that
most of the energy required in MEA capture solvent is the heat required to regenerate the solvent
whereas VSA and membrane processes require electrical energy for the vacuum pumps and

COMpressors.

1.4 Motivation and Research Objectives

Researchers worldwide are calling for both short-term and long-term solutions to the reduction of the
CO; emissions. The heavy global reliance on coal for electricity production, particularly in Australia,
indicate that CCS as a mitigation option is important to provide time for the other low CO,-emission
electricity production to be implemented. The Global CCS Institute (2014) reported that while CCS
projects are already been deployed on a large scale such as the Gorgon Project in Australia and White
Rose Project in the UK, more CCS projects need to be initiated to meet the 2050 carbon emission
target. One of the main challenge to increase the rate at which CCS projects are implemented is the
energy penalty and cost associated with CCS. Solvent-based carbon capture process with a
conventional CO, compression train is the most established process and work from Abu-Zahra,
Niederer, et al. (2007) show that an energy requirement of up to 4 GJw/t (CO; captured) is required.
The report from Irlam (2015) states that the avoided cost of CO, (in 2014US$) for implementing CCS
in a coal power plant ranges from US$ 48 to US$ 1009.

The main objective of this research is to combine current carbon capture technologies to form hybrid
post-combustion carbon capture processes and evaluate their performances. In order to do so, process
integration techniques are used to integrate the carbon capture processes and multi-objective
optimisation is used as the method to determine the optimum operating conditions of each processes.
In order to achieve the main objective, the research can be segregated into multiple research

objectives as follows:
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1. Evaluate the different combinations of hybrid carbon capture process configurations and
determine the configuration that shows the potential to outperform the individual carbon
capture processes.

2. Determine the optimum structure for each carbon capture process individually prior to being
combined to form a hybrid carbon capture process.

3. Determine a methodology and framework which can be used to evaluate hybrid carbon
capture processes.

4. Use multi-objective optimisation to obtain a range of optimum operating condition (Pareto
Front).

5. Use the Pareto Front to select different optimum scenarios and further analyse them using
energy analysis, exergy analysis and techno-economic analysis to understand the limitations
of the hybrid carbon capture processes.

6. Perform a sensitivity analysis to identify the improvement in the individual carbon capture

technologies to make hybrid carbon capture processes more viable.

1.5 Thesis Outline

The thesis contains 7 chapters, including this introductory chapter.

Chapter 2 provides a brief overview of the hybrid carbon capture processes technologies that have
been studied in the literature and identifies hybrid process configurations with the potential to
outperform the individual carbon capture processes. This provides the basis of the hybrid process

configurations that are studied further in the thesis.

Chapter 3 reviews and establishes the methodology and framework used to integrate and optimise
each individual capture processes as well as the hybrid carbon capture processes. It also provides the
framework used to simulate the processes on Aspen HYSYS® to allow replication of the work
provided. Finally, Chapter 3 includes the post-simulation analyses used to determine the performance

of each hybrid carbon capture configuration.

Chapter 4 and Chapter 5 displays the results obtained for the VSA/low-temperature separation hybrid
carbon capture process and membrane/low-temperature separation hybrid carbon capture processes
respectively. The chapters also discusses and analyses the results to understand the hybrid carbon
capture processes in more detail. This includes energy analysis, exergy analysis and comparison to the

base MEA solvents carbon capture process performance.

Chapter 6 combines the main results from the previous 2 chapters to compare the performance of the

hybrid processes against each other. It also performs a techno-economic analysis on the optimum
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cases for each hybrid carbon capture process. The effect of the potential improvements in the

membrane capture technologies on the hybrid carbon capture process was also studied.

Chapter 7 concludes the thesis with a summary of the research findings and recommendations on the
hybrid carbon capture process for CCS purposes. There are also recommendations on future work

where hybrid processes could be used in different research areas.

The appendix provides examples of the methodologies used as well as results of the optimisation used
for individual carbon capture processes. The appendix also contains a copy of all the publications

published throughout the PhD candidature.

1-14



2 Review of Hybrid Carbon Capture Processes for Coal-Fired Power

Stations
In this study, hybrid systems involve the combination of two carbon capture technologies that have
been integrated to attempt to compliment the advantages and disadvantages of each process in order to
reduce the energy penalty and consequently, the cost of carbon capture. As shown in Figure 2.1, the

stages in a hybrid carbon capture process are:

i.  The CO, recovery stage which rejects nitrogen to the atmosphere with as low a CO
concentration as possible.
ii.  The CO; purification stage that would purify the CO; stream to the CO» purity required for

storage.

N, Rich Stream N, Rich Stream

\ 4

Flue Gas _|CO, Recovery
Stage

CO, Concentrated Stream (P>50%) | CO, Purification | CO, Rich Stream (P>95%)
4 Stage Unit

Figure 2.1 Schematic diagram of a hybrid capture process consisting of two capture processes:
recovery stage and purification stage.

The different configurations of the two-step hybrid process are shown in Figure 2.1. The potential of
each hybrid process has been assessed based on the requirements of high CO, recovery rate

(horizontal rows) for the initial CO, recovery stage and high CO, purity (columns) for the secondary
stage. The ‘X’ in the table reflects combinations that do not show potential and v represent

options with potential. The justification for those assessments is given in sections 2.1 to 2.4.

CO; Purity
Low-Temp |Adsorption |Membrane

> |Absorption

% Low-Temp X
f% Adsorption V2
8 Membrane V'3

Figure 2.2 Matrix of two-process hybrid systems with assessment of potential for making a
hybrid process which gives high CO; recovery and purity. Literature references are given in
superscript numbers.
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2.1 Solvent Absorption

Solvent absorption (Figure 1.4) has been the leading carbon capture technology as a standalone
carbon capture process, due in part to the ability to obtain high recovery rates and simultaneously high
purity required for carbon sequestration. The main drawback of solvent absorption is the high reboiler
duty required to regenerate the solvent in the stripper column when recovering a large amount of CO».
Hence, when considering the solvent absorption process in a hybrid process, the main aim would be to
reduce the reboiler duty. There is active research into new molecules that have a lower specific

reboiler duty (i.e. MJ/tonne CO»), but this is not the subject of this study.

Since the amount of solvent is dependent on the CO, concentration, one way to reduce the amount of
solvent required for absorption is to increase the concentration of CO, in the flue gas as this would
improve the absorption kinetics (Rochedo & Szklo 2013). Hence, solvent absorption would be more
appropriate as a purification stage, where the feed gas to the solvent absorption process would have

been CO; enriched from the recovery stage.

Scholes, Anderson, et al. (2013)* considered a hybrid system consisting of membrane as a CO,
recovery stage, followed by a solvent absorption process for both post-combustion and pre-
combustion carbon capture. This study showed that the hybrid systems had a higher energy demand
for both processes, but would also reduce the solvent absorber height and diameter, which would lead

to a reduction in capital cost for this piece of equipment.

It should be noted that some studies have been made by using a hybrid process of solvent absorption
and membrane that uses a chemical solvent to increase the performance of the membrane (Zhou et al.
2010)!. However, this may be considered as an enhanced membrane process rather than a true

integration of two different capture technologies.

2.2 Low-Temperature Carbon Separation

The main energy requirements for low-temperature capture processes (Figure 1.7) comes from the
shaft work of the compression of the feed gas prior to the chilling and the compression train required
for the refrigeration system. Hence, low-temperature separation would have a high electric power
requirement as a recovery stage, as it would have to compress the high flow rate of N» in the feed gas
compression stage. Furthermore, at low CO» concentration and thus low CO, partial pressure, a lower

temperature would be required to recover the CO» resulting in a higher refrigeration duty.

Therefore, a low-temperature capture process performs better as a CO; purification stage, when
dealing with a smaller feed gas flow rate and higher concentration of CO, (Berstad, Anantharaman &
Neksa 2013). More importantly, since the low-temperature vapour-liquid separation produces liquid
CO,, it is best for the low-temperature separation process to be used as a purification stage to allow

the liquefied CO, to be pumped to a supercritical state.
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2.3 Adsorption

Adsorption process (Figure 1.6) has shown potential as a stand-alone carbon capture process but has
had some challenges meeting the high purity of CO: required (>95%) for carbon storage and high CO;
recovery at the same time (Zhang, Jun, Webley & Xiao 2008). In order to obtain high purity in a
Vacuum Swing Adsorption (VSA) process, deep vacuum levels are required to desorb the CO,
molecules from the adsorbents. This property makes adsorption inefficient as a purification stage but
more appropriate for the CO, recovery stage, where the VSA process can recover the CO, from the

flue gas to an intermediate CO, concentration that can then go through a CO, purification stage.

2.4 Membranes

Finally, membrane separation processes (Figure 1.5) provide more flexibility in a hybrid system,
partly due to the balance between permeability and selectivity that usually dictates the performance of
a membrane (Favre 2011), as is shown in Figure 2.3. In order to use membranes as a CO, recovery
step, a high permeability of CO, should be prioritised as it will allow more CO; through the
membrane. On the other hand, when using membranes as a CO; purification step, a high selectivity of

CO2/N; should be selected to obtain a high purity CO; outlet stream.
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Figure 2.3 CO3/N; selectivity and CO; permeance trade-off plot comparing the performance of
different membranes reported in the literature. The shaded area represents the region of
optimum membrane properties for the separation of CO; from flue gas as a single-
technology.(Merkel et al. 2010)

Belaissaoui et al. (2012)* and Scholes, Ho, et al. (2013)* studied the potential application of using
membranes as the CO, recovery stage with low-temperature separation as the purification stage.

Belaissaoui et al. (2012a) reported that this hybrid system showed great potential, especially in the
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low-temperature separation and pressurisation of the CO», where the power requirement was less than
a traditional six-stage intercooled compressor by approximately 10%. Scholes et al. (2013b) reported
that the hybrid process were cost competitive with state of the art MEA solvent technology for CO»

capture from a brown coal power station.

The results obtained by Belaissaoui et al. (2012a) and Scholes et al. (2013b) show that hybrid
processes can be competitive with the CCS benchmark process and require further studies to optimise

and evaluate other hybrid configurations.

2.5 Concluding Remarks
Low-temperature carbon separation is the ideal CO; purification stage since the CO; product is in the
liquid state. This allows the CO, to be pumped to a critical state compared to the conventional method,

which requires gaseous CO» to be compressed in compression train with intercooling.

For the CO recovery stage, adsorption and membrane separation are the two carbon capture
processes that show the most potential since both technologies find it challenging to meet the high
CO; recovery and CO; purity required for CCS. Hence, combining it with low-temperature separation
would require the adsorption and membrane separation to focus on the CO; recovery while allowing

the low-temperature separation to do the final purification required for CCS.

Therefore in this study, two hybrid carbon capture processes will be studied: VSA/ low-temperature

hybrid carbon capture system and membrane/ low-temperature hybrid carbon capture system.
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3 Process Integration and Optimisation Methodology and

Framework

Process integration and optimisation is an important step in the implementation of CCS processes
either while retrofitting the process into an existing power plant or when developing a new power

plant with CCS. In either case, Process Integration can lead to improved performance and lower costs.

Process integration can be done in two main steps: structural optimisation and parameter optimisation
(Smith, R 2005a). Structural optimisation synthesises alternative structures of the process such as
selecting the specific capture process. By using the properties of each capture process to determine
which process would be best as the recovery and/or purification stage, as represented in the matrix in
Figure 2.2. Parameter optimisation changes the operating conditions of the process to improve the
performance of the process. Structural optimisation is an important first step as it provides the
“skeleton” of the hybrid process, which determine the performance limitation of the process. On the
other hand, parameter optimisation is the fine tuning that allows the limitation of the process to be

achieved.

Heat integration, also known as pinch analysis, provides a systematic method to maximise the process
efficiency through the analysis of heat sources and heat sinks available in the process. Pinch analysis
determines the minimum energy target required for the process to run in the ideal situation (Linhoff &
Senior 1983). In this study, heat integration was used as part of the structural optimisation to develop
a heat exchanger network (HEN), where heat could be exchanged from process stream to process

stream.

Therefore, parameter optimisation can be done by systematically varying process operating conditions
and monitoring their effects on the performance of the overall process as performed by Belaissaoui,
Willson and Favre (2012). Scholes et al., (2013a) also performed a parameter optimisation on a hybrid
membrane/solvent absorption carbon capture process by systematically varying parameters such as
membrane driving force and the membrane selectivity to study their effects on the CAPEX. Xiao, P et
al. (2008) used both structural and parameter optimisation to integrate a VSA carbon capture process
with Zeolite 13X as the adsorbent. Structural optimisation was performed by studying a 9-step cycle
versus a 12-step cycle and parameter optimisation was performed by varying several key variables

whilst monitoring the VSA power performance.
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3.1 Chapter Roadmap

Following in this Chapter is a description of the process framework used for the process simulations
and the Multi-Objective Optimisation (MOO) methodology utilised to determine the optimum
parameters for each case study. The subsequent sub-chapter discusses the flowsheet optimisation,
detailing the structural optimisation of each individual carbon capture process to be integrated in a
hybrid carbon capture process. The final sub-chapters describe the post-flowsheet optimisation of the
carbon capture processes including energy analysis, exergy analysis and techno-economic analysis. A

representation of this chapter is shown in Figure 3.2.

3.2 Process Simulation Framework

Throughout the simulations, there was a governing simulation framework, which was required to
ensure that all processes were being assessed on a common basis; the power plant used in this study
was a standard 300 MW sub-bituminous black coal-fired power plant, as represented in Figure 3.1
The black coal is fed to the furnace where the coal is burnt to heat up the water and the steam is sent
to the steam turbine to generate electricity. The flue gas from the furnace is generally exhausted
through the stack, as shown in Figure 3.1. The base CO, emission of the power plant is considered to

be 1.01 t (CO,)/MWh.

COOLING TOWER

WATER
FLUE GAS
w TO ATMOSPHERE
WATER SORBENT
TURBINE/
GENERATOR
"STEAM
COAL ——
BAG FLUE GAS &
' FLUEGAS— ,ouse CLEAN-UP ——
BOILER
AR ——]
\ WASTE
BOTTOM ASH FLY ASH

Figure 3.1 Schematic diagram of a coal-fired power station (Spath, Mann & Kerr 1999).
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Figure 3.2 Roadmap of Chapter 3, which represents the methodology used to optimise carbon
capture processes.
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The hybrid carbon capture plant in the power station will be integrated downstream of the flue gas,
which may also include flue gas treatment. The flue gas treatment typically contains desulphurisation,
denitrification and electrostatic precipitation for dust removal. The flue gas exiting the stack, will
generally have temperatures above 100°C and varying levels of impurities depending on the coal
feedstock and the environmental regulations of the region. In US and Europe, a flue gas
desulphurisation (FGD) unit is installed on most coal power plants to meet their respective EPA
regulations (Aaron & Tsouris 2005). In Australia, the coal feedstock has relatively low levels of
sulphur and therefore regulations do not necessitate an FGD unit. As a result, a high sulphur content is

present in the flue gas (100 ppm-700 ppm), which is higher than US and Europe.

The additional flue gas pre-treatment required prior to the hybrid carbon capture process is dependent
on the pre-existing pre-treatment available and the level of contaminants in the flue gas. Therefore, in
order to standardise the study, all impurities such as the SOx and NOy are removed in the pre-
treatment and the flue gas is cooled and pressurised. The water was also removed from the flue gas
through a dehydration unit. An example of the additional pre-treatment required for CCS is shown in

Figure 3.3.

COOLING TOWER

WATER

WATER SORBEN

FLUE GAS — BAG L m Flugggs to

Yt i

BOTTOM ASH FLY ASH P Dehydration
Unit
N DeNOx N Electrostatic o Flue Gas o sTack
o System o Precipitator | Desulphurisation
Waste Waste Waste

Figure 3.3 Schematic diagram of a coal-fired power station with additional pre-treatment
required for CCS.
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Following the pre-treatment the flue gas exiting the stack is mainly composed of carbon dioxide,
nitrogen and oxygen. The properties of the flue gas are shown in Table 3.1. However, in the
simulation cases, the flue gas was assumed to be a binary mixture of CO» and N since the VSA and

membrane simulation model were based on binary mixtures of CO, and No.

Table 3.1 Post-combustion flue gas properties based on a 300 MW sub-bituminous coal-fired
power station after pre-treatment

Feed Conditions Units Value
Vapour Fraction - 1.00
Temperature (°O) 50
Pressure (kPa) 103
Molar Flow (kmol/h) 57,800
Mass Flow (kg/h) 1,670,000
Composition (mol frac)

CO; - 0.1284
N» - 0.8135
(0)) - 0.0581

The general modelling process parameters that were used throughout the process simulations are
shown in Table 3.2. The compressor and vacuum pump polytropic efficiency were set at 80% (Ho,
Allinson & Wiley 2008; Romeo et al. 2009) and the pump adiabatic efficiency was set at 75%
(Alabdulkarem, Hwang & Radermacher 2012), respectively. The cooling water temperature was
estimated from the highest monthly mean wet-bulb temperature from the Australian Government
Bureau of Meteorology for the 1981-2010 year period. The reference power plant is situated in Perth
and BOM (2015) reported that the highest monthly mean wet bulb temperature over this period was
20.0°C in the month of February. Using the GPSA (2004) handbook, the cooling water design supply

temperature was estimated to be a conservative 25°C. The calculations are shown in Appendix A.4.

The minimum temperature difference in the cooling water heat exchangers were set to 5°C. This
controls the process exit temperature. The minimum temperature difference in the plate fin stream-to-
stream heat exchangers in the low temperature HEN were set to 5°C and 2°C at the lowest
temperatures. A minimum AT of 2°C used in the plate-fin heat exchangers at the lowest temperature
was to allow the closest possible approach to the CO> freeze-out temperature. As discussed in chapter
1, a minimum CO; outlet purity of 95% is required for sequestration (Abbas, Mezher & Abu-Zahra

2013) and was used as a constraint in all the simulations.
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Table 3.2 Summary of modelling process parameters governing all process simulations

Process Parameters Units | Value
Compressor Polytropic Efficiency % 80
Vacuum Pump Polytropic Efficiency % 80
Pump Adiabatic Efficiency % 75
Cooling Water Temperature °C 25

AT in cooling water heat exchangers °C 5
Minimum AT in below ambient stream-to-stream heat | °C 2-5
exchangers

Minimum CO; Purity in CO; capture stream % 95

All the simulations presented in this study were performed using the Aspen HYSYS® software
package, version 8.4. The Peng-Robinson (PR) fluid package (Peng & Robinson 1976) was used
throughout for determining the thermodynamic properties of each stream. PR package was selected
because it is ideal for the combustion and flue gas streams composition (Leng, Abbas & Khalilpour
2010). PR package is also the most enhanced model in Aspen HYSYS and has the largest

applicability range in terms of temperature and pressure (AspenTech 2006).

3.3 Individual Capture Systems Optimisation

This subchapter discusses the structural optimisation performed for the individual carbon capture
process throughout the study. This will include the adsorption, membrane and low-temperature carbon
capture processes considered. Two parameters were generally used in the optimisation of the carbon
capture processes: CO, overall recovery rates and CO, purity. The CO, overall recovery rate was
defined as the percentage ratio of the molar flow rate of CO> being recovered by the carbon capture
process to the molar flow rate of CO, entering the carbon capture process. The CO, purity was
defined as the percentage ratio of the molar flow rate of CO> exiting the carbon capture process to the

total molar flow rate of the stream exiting carbon capture process.

3.3.1 Adsorption
A Vacuum Swing Adsorption (VSA) process with Zeolite 13X as the adsorbent was used as the CO;

recovery stage. Zeolite 13X was chosen because of its high capacity for CO, adsorption, its high CO,
selectivity and the small footprint of the equipment required (Xiao, P et al. 2008).

The VSA equation used in the MOO simulation was derived from simulation data obtained from a
simulation of Zeolite 13X on Aspen Adsorption® simulation with the rigorous dynamic multi-bed
approach (Xiao, G & Webley 2013). The VSA simulation was a 3-bed configuration as shown in
Figure 3.4. The VSA vessel was divided into two layers: a 0.2m Sorbead layer to remove the water
from the flue gas and a Im Zeolite 13X layer for the CO; capture. When using the Aspen simulation
software, the mass and energy balances followed the standard Aspen Adsorption® equation.

Furthermore, the following assumptions were made:
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e The gas was treated as an ideal gas.

e Mass and heat transfer are modelled by linear lumped parameter equations
e The simulation was isothermal.

e No other reactions other than adsorption occurs in the vessels.

e Axial dispersion is negligible.

Finally, the cycle organiser was also set up in the Aspen Adsorption® simulation software and
followed the sequence shown in Table 3.3. More details on the data used to simulate the VSA process

is shown in Appendix A.1.
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Figure 3.4 Aspen Adsorption® simulation flowsheet & Adsorption bed configuration (Xiao, G &
Webley 2013)

Table 3.3 Cycle organiser for three VSA columns: A, B and C. (RP — Re-pressurising; AD —
Adsorption; PE1 - Increase Pressure; PE| - Decrease pressurising; IDLE — Idle; EV — Stop Re-
pressurisation)

I 11 111 v \ VI VII Vi IX
A | RP AD PET |PET | EV EV PE| |IDLE |PE|

B |PE| [IDLE |[PE| |[RP |AD PE1 |PE! |EV EV
c |PET [EV EV |PE| |IDLE |PE| |RP | AD PE 1

3.3.1.1 Graphical Residual Modelling

There were 27 different case scenarios obtained from the Aspen Adsorption® simulation, with
varying inlet and outlet operating conditions. In order to determine the optimum operating conditions
of the VSA carbon capture system, a 3-D graphical residual modelling using data points from 10
optimum case scenarios were used to interpolate the performance of the VSA carbon capture system

to yield equation Eq. 3.1. The detailed study is further discussed in the Appendix, Section A.1.
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f(x,y) =8.25—-18.3x — 0.443y + 10.9x% + 0.472xy + 0.254y* Eq. 3.1

Where f'is the total specific power required for the VSA
x is the CO; recovery rate of the VSA capture process and

y is the product CO» concentration.

1.05

)
! s

>
o
15

0.95 8
o 0.9

0.9 )
o

0.85 S o0s-

08 g

. € o7 T

0.75 %
(,Q)- e ,,,,:;,, —

0.7 3 06—
o
e}

0.65 09

0.6 — ] . 0.85 0.9

Product CO2 Concentration : 0.4 0.7 0.75
002 Recovery Rate

Figure 3.5 Case 3 (10 data points) using MATLAB® software with polynomial order x> & y?
plot of 3-D Surface curve fitting of total specific work required (GJ./t(CO,)) vs product CO,
concentration (%) vs CO; recovery rate (%).

The 3-D graphical representation of the equation is shown in Figure 3.5 and the residual error plot is
shown in Figure 3.6 (b). Total specific work increases with the product CO» concentration because of
the duty required by the vacuum pumps, but there is also a parabolic relationship with the CO,
recovery rate, as there is also a constant component of the work associated with the feed compression,
which increases on a specific work basis. The residual error plot shows low errors of Figure 3.6 less

than 1% over the range of parameters defined in Table 3.4.

Equation 3.1 provided the operating performance for the VSA carbon capture process within the range

given in Table 3.4, which is used in the CO, recovery stage of the hybrid carbon capture process.

Table 3.4 Range of VSA performance from interpolated values.

Units | Minimum | Maximum
VSA CO; Recovery Rate (%) 65 98
VSA CO; Outlet Purity (%) 35 90
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Figure 3.6 Case 3 (10 data points) using MATLAB® software with polynomial order x> & y?*(a)
Contour plot of total specific work required (GJ./t(CO-)) as a function of product CO;
concentration (%) and CO; recovery rate (%). (b) Residual error plot of the total specific work
required (GJ/t(COy)).

While Equation 3.1 provided a good fit to the Aspen Adsorption® simulation results, it can be seen
from the contour plot in Figure 3.6 that in the high performance zone (CO: recovery rate > 0.9 and
CO; concentration > 0.7), where there were no data points. In order to maintain a conservative
performance of the VSA process, a constraint was implemented in the VSA equation when
performing the equation in order to maintain the equation within the simulation data. The constraint

can be seen in Figure 3.7. The constraint equation is as follows:

yCOz < (—0.94'9xC02 + 1. 527) Eq. 3.2

Where, yco, is the VSA product CO; concentration and

Xco, 18 the VSA CO; recovery rate.
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Figure 3.7 VSA Contour plot including the constraint line.

3.3.2 Membrane
The membrane process was an Aspen HYSYS® module based on mass transfer equations,

specifically developed for applications in carbon capture simulations (Scholes, Anderson, et al. 2013).

There were several assumptions that were made when developing the membrane model:

e Ideal mixing on each stage.

e The gas was treated as an ideal gas; the partial pressure is determined using the molar
concentration.

e All components are treated independently; the transfer through the membrane is based only
on partial pressure difference and permeability. Therefore, any interaction with other
components has been neglected.

e Effects of temperature changes have been neglected.

Using those assumptions, the mathematical model used for the membrane follows the basic ideal

gases through a membrane equation (Eq. 3.3).
Q=-Anp Eq.3.3
Where Q is the gas permeation rate or flux through the membrane
P is the permeability of the gas through the membrane
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A is the surface area of the membrane
t 1s the thickness of the membrane
Ap is the pressure difference across the membrane

A cross-flow pattern was selected in the simulations as it provides a better performance compared to
the other flow patterns(Scholes, Ho, et al. 2013). The detailed mathematical equations used in the

membrane module are found in the Appendix, A.2.

The membrane process input parameters used in the simulation are shown in Table 3.5. 100 stages
were used to ensure perfect mixing for each flow model. While increasing the number of stages would
increase the accuracy, it would also increase the computational time. The input method was “cut”; A
membrane cut is defined as the ratio of the molar flowrate of the permeate stream to the feed stream.
As discussed in Chapter 2.4, high performance polymer membrane (Merkel et al. 2010; Low et al.
2013) was used with a permeability of CO: (Pcoz) of 2000 barrer and selectivity of CO; versus N
(acoanz) of 50.

Table 3.5 Membrane Process Input Parameters

Parameter Units | Value

No. of Stages - 100
Method - Cross-flow
Input Method - Cut

No. of Stages - 100
Thickness pm 2.0

CO; Permeability barrer | 2000

CO; Permeance gpu 1000
Selectivity, o conz 50

The membrane process was initially analysed individually in order to determine which membrane

configuration would be best suited as a recovery stage. Four membrane structures were considered:

I.  Single-stage membrane
II.  Two-stage membrane with the second membrane on the permeate side
III.  Two-stage membrane with the second membrane on the retentate side
IV.  Two-stage membrane with an additional membranes on both the permeate side and

retentate side of the first membrane.

The membrane process was analysed individually as using the hybrid membrane/low-temperature

separation hybrid process in Aspen HYSYS® in combination with the MOO requires significant
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computation power and time. For example, running a single generation MOO with a population of 50,
using membrane structure IV as the CO, recovery stage in combination with the low-temperature
separation unit as the CO, purification stage, would take approximately 1 day per population
calculation. Compared to a VSA/Low-temperature hybrid carbon capture MOO, which would require
approximately 1 hour per population calculation. Moreover, it typically requires at least 5-10
generations of MOO to determine whether the hybrid process simulation is performing acceptably and

a further 30 generations to obtain converged results.

Flue Gas
Membrane
Blower
To Low-Temperature >
Separation Unit

Vacuum Pump

» N, Rich Stream

Figure 3.8 Single membrane schematic process flow diagram (Structure I).

» N, Rich Stream

Flue Gas
Membrane
Blower
—)D—)D—} Membrane
Vacuum Pump Blower
To Low-Temperature >
Separation Unit

Vacuum Pump

» N, Rich Stream

Figure 3.9 Two-stage membrane with the second membrane on the permeate side (Structure II).
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Figure 3.10 Two-stage membrane with the second membrane on the retentate side (Structure
I1I).
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Figure 3.11 Two-stage membrane with an additional membranes on both the permeate side and
retentate side of the first membrane (Structure IV).

Among those four structures, single-stage membrane (structure I) and two-stage membrane with an
additional two membranes on the permeate side and retentate side of the first membrane respectively
(structure IV), were determined to show the most potential as a CO, recovery stage in a hybrid carbon
capture process. Structure I had the lowest specific work required when lower CO, outlet purity was
required and Structure IV had better specific work requirement at higher CO, outlet purity. Since

further purification is performed in the 2™ stage of the hybrid carbon capture process, structure I was
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chosen as the CO; recovery stage in the membrane/low-temperature hybrid carbon capture process.

The detailed results are shown in the Appendix in Section A.2.

The membrane module on Aspen HYSYS® provides a full range of operating performance in terms
of the CO; recovery rate and the CO, outlet purity as shown in Table 3.6. This provides a significant
advantage over the VSA carbon capture process as it provides a greater carbon separation and
recovery flexibility over the membrane process and the CO, purification stage (low-temperature

separation).

Table 3.6 Range of membrane performance from Aspen HYSYS® membrane module.

Units | Minimum | Maximum
Membrane CO; Recovery Rate (%) 0 100
Membrane CO; Outlet Purity (%) 0 100

3.3.3 Low-Temperature Separation
The mixed refrigerants refrigeration systems are primarily used in the LNG process industry (Hatcher,

Khalilpour & Abbas 2012). In a mixed refrigerant process, the process stream is cooled in stages,
where the refrigerant is separated from its liquid and gaseous phases after each stage. The liquid
refrigerant is then cooled and flashed across a valve using the Joule-Thompson effect, causing a

temperature drop. (Shukri 2004; Hatcher, Khalilpour & Abbas 2012)

Figure 3.12 shows a hot and cold composite curve, where the hot curve is being cooled down by both
mixed refrigerant and pure refrigerant. As it can be seen, the mixed refrigerant has been adjusted so
that it can have a better match to the hot composite curve compared to the staggered cooling of the
pure refrigerant. This is due to the flexibility the mixed refrigerant can provide by varying the
refrigerant composition and the flow rate whereas the pure refrigerant can only vary the number of

stages in the refrigeration cycle to match the hot curve.

The other advantage of the mixed refrigeration is that it has fewer stages and therefore has fewer
equipment items than the standard cascade refrigeration, thus reducing the equipment capital cost.
However, the process is thermodynamically complex and therefore difficult to optimise (Hatcher,
Khalilpour & Abbas 2012).
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Figure 3.12 Typical hot and cold composite curve for mixed refrigerant versus pure refrigerant
(Hatcher, Khalilpour & Abbas 2012)

Three refrigeration systems were initially studied:

i.  Propane refrigeration system
ii.  Propene refrigeration system

iii.  Mixed ethane/propane refrigeration system

The detailed results of the study can be found in the Appendix in Section A.3. It was found that the
mixed ethane/propane refrigeration system was the preferred option when lower temperatures were
required (approximately -55°C) whereas the propane refrigeration system was preferred at higher

temperatures (above -35°C).

An important task in the low-temperature separation is to ensure that the CO, is not allowed to form
solids at the low-temperature. The temperature at which CO, forms solids known as the CO; freeze
out temperature, which is a property of the CO»-rich process stream, is determined using Aspen
HYSYS®. Therefore, a constraint was embedded in the MOO to reject any process simulation

whereby the CO»-rich process stream temperature is lower than its CO» freeze out temperature.

The final structural optimisation was to study the impact of adding a membrane at the nitrogen-rich
exit stream of the low temperature separation (Figure 3.13 vs. Figure 3.14). This work was published
and presented at the 2013 CHEMECA conference (Li Yuen Fong, Anderson & Hoadley 2013), which
is attached in the Appendix Section C.1.
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Figure 3.13 Schematic Diagram of VSA & Cryogenic Process without membranes (Case 1)

The low-temperature separation unit shown in Figure 3.13 and Figure 3.14 is shown in further detail

in Figure 3.15. The HEN is further discussed in Section 3.6.2.
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Figure 3.14 Schematic Diagram of VSA & Cryogenic Process with Membranes (Case 2)
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Figure 3.15 Low-Temperature Unit Schematic Diagram (HEN — Heat Exchanger Network)

Finally, the following two subchapters show the final two hybrid structures that were decided to be
the optimum structures from the structural optimisation (Figure 3.16 and Figure 3.17). The two hybrid
structures (VSA/Low-Temperature Separation and Membrane/Low-Temperature Separation) were

further optimised using multi-objective optimisation.
3.4 Hybrid Capture System Parameter Optimisation

3.4.1 VSA/Low-Temperature Hybrid System
This subchapter will discuss the framework used in order to model the structures on Aspen HYSYS®

and the conditions used for the multi-objective optimisation.

In order to determine the optimum operating conditions for each operation in the capture unit, MOO

was used to optimise two objective variables:

1. maximising the overall CO» recovery rate of the capture process

Obiective 1 = M ( Mole Flow CO, captured )
jective L = Hax Mole Flow CO, in Flue gas

2. minimising the total shaft work required for the capture process

n
Objective 2 = Minz Work;

i=1

Where n is the total number of equipment requiring work input in the capture process.
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Figure 3.16 Schematic diagram of hybrid carbon capture process using VSA as CO; recovery
stage and low-temperature separation as CO; purification stage.

There were 7 decision variables that were used to optimise the objective variables, which are further
discussed in the next section and a table of the decision variables is found in Table 3.7. The decision
variables were chosen according to the each capture processes used. The VSA capture process was
governed by Eq. 3.1, which determined the two decision variables: VSA CO: recovery rate and VSA
CO: outlet purity. Following the VSA capture process was the multi-stage compression, which
required the output pressure (multi-stage compression pressure) as a decision variable. The low-
temperature capture process included a refrigeration cycle using a mixed ethane/propane refrigerant.
Three decision variables were selected to optimise the performance of the refrigeration cycle: the
composition of the refrigerant (refrigerant ethane molar fraction), the refrigerant molar flowrate and
the lowest temperature required from the refrigeration cycle (Low-Temp Process Stream Outlet
Temp.). Finally the membrane used to purify the recycle stream had only one decision variable: the

membrane cut.

Table 3.7 Table of decision variable range for MOO of operating conditions for the VSA hybrid

process

Decision Variable Minimum | Maximum
VSA CO; Recovery Rate % 70.0 98.5

VSA CO; Outlet Purity % 50.0 90.0
Multi-Stage Compression Pressure (kPa) | 930 4 000
Refrigerant Ethane Molar Fraction 0.19 0.5
Refrigerant Molar Flow (mol/s) | 1.0 1.65
Low-Temp Process Stream Outlet Temp. (°C) -60.5 -40.0
Membrane Cut 0.01 0.76

The results for the MOO are shown in Chapter 4.
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3.4.2 Membrane/ Low-Temperature Hybrid System

Similarly to the VSA/Low-Temperature hybrid system, MOO was used to investigate the trade-offs

between the two objective functions:

1. maximising the overall CO; recovery rate of the capture process

Obiective 1 = M (MoleFlowCOzcaptured)
jective L = Hax Mole Flow CO, in Flue gas

3. minimising the total shaft work required for the capture process

n
Objective 2 = Minz Work;

i=1
Where n is the total number of equipment requiring work input in the capture process.

The schematic diagram of a hybrid membrane/low-temperature carbon capture process is shown in
Figure 3.17. Due to the more flexible operating condition of the membrane process as a CO; recovery
stage (Membrane A) compared to a VSA process, an additional refrigeration system was studied for
this hybrid system; a propane refrigerant system was also considered in the low-temperature capture

process. Therefore, two cases were optimised using MOO for this hybrid capture process:
Case I — Mixed ethane/propane refrigerant system (minimum temperature of -60°C).
Case Il — Propane refrigerant system (minimum temperature of -40°C)

A propane refrigerant system has warmer minimum temperature of -40°C compared to the mixed
ethane/propane refrigerant system that was used in the VSA/low-temperature hybrid capture process,
which has minimum temperature controlled by the CO, freeze out temperature of around -60°C. The
warmer temperature from the propane refrigerant system results in a lower degree of CO; separation
achievable from the low-temperature process. Therefore, in order to meet the CO, purity and recovery
required for CCS, Membrane A or the multi-stage compression (Compressor C) would need to have a
higher performance to compensate for the propane refrigerant system. However, this increase in work
from Membrane A or Compressor C, would be a trade-off with the lower work requirement from the

propane refrigerant system compared to a mixed refrigerant system.
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Figure 3.17 Schematic diagram of hybrid carbon capture process using Membrane as CO:
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Figure 3.18 Carbon dioxide phase envelope and comparison low-temperature carbon capture
system using two refrigeration cycles: mixed ethane/propane refrigerant refrigeration cycle (red
dotted line) and propane refrigerant refrigeration cycle (blue full line).

There were 8 and 7 decision variables that were used to optimise the objective variables for Case I

and Case 11, respectively, as shown in Table 3.8.
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The decision variables were chosen according to each capture processes used. The membrane acting
as the CO; recovery stage, Membrane A, was optimised by varying three decision variables: the
membrane cut, the feed pressure and permeate pressure. Following the membrane CO; recovery stage
was the multi-stage compression, which required the output pressure (multi-stage compression
pressure) as a decision variable. The low-temperature capture process is where the two cases had
different decision variables; Case I had three decision variables that were required to optimise the
mixed ethane/propane refrigeration cycle: the composition of the refrigerant (refrigerant ethane molar
fraction), the refrigerant molar flowrate and the lowest temperature required from the refrigeration
cycle (Low-Temp Process Stream QOutlet Temp.). Case 11 had only two decision variables that were
required to optimise the propane refrigeration cycle: the heat exchanger network intermediate
temperature and the lowest temperature required from the refrigeration cycle (Low-Temp Process
Stream Outlet Temp.). The difference in decision variables are due to the different heat exchanger
network used in each case, which is further discussed in section 3.6.2. Finally the membrane used to

purify the recycle stream, membrane B, had only one decision variable: the membrane cut.

Table 3.8 Table of decision variable range for MOO of operating conditions for the membrane

hybrid process
Case I - Mixed Case 11 - Propane
Refrigerant Refrigerant
Decision Variable Units Min Max Min Max
Membrane A Cut - 0.1 0.8 0.1 0.9
Membrane A Feed Pressure (kPa) 115 200 115 200
Membrane A Permeate Pressure (kPa) 20 100 10 100
Multi-Stage Compression Pressure | (kPa) 1250 3000 2000 4500
Refrigerant Molar Flow (mol/s) 1.2 3 N/A N/A
Refrigerant Ethane Molar Fraction | - 0.2 0.8 N/A N/A
Heat Exchanger Network
Intermediate Temperature (°O) N/A N/A -15 5
Low-Temp. Process Stream Outlet
Temperature (°O) -60 -40 -35 -25
Membrane B Cut - 0.05 0.8 0.25 0.9
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3.5 Multi-Objective Optimisation Methodology

Multi-objective optimisation was used to investigate the trade-offs associated with the two objective

functions.

Although a process can be optimised for one objective at a time (single objective optimisation, SOO),
there are usually multiple objectives that need to be considered simultaneously. When more than one
conflicting objective is involved, the final result will be a set of optimal solution known as Pareto-

optimal solutions (Rangaiah 2009).

There are two main MOO methods: generating methods and preference-based methods. As the name
would suggest, the main difference between those two categories is that in the latter, the user gets to
input their preference while generating the Pareto-optimal solutions whereas generating methods
produces Pareto-optimal solutions without any inputs from the user. In this research, a non-dominated
sorting genetic algorithm will be used for the generation of the Pareto optimal solutions. A flowchart
of the genetic algorithm is shown in Figure 3.19, where a Random Seed is used to initiate the first set
of data. Each set of data is called a “Population”. The initial population is evaluated and checked
against the convergence criterion. If the criterion is met, the program will end, otherwise, a new
improved population is determined using a combination of crossover probability and mutation

probability. The new population is then evaluated and checked for convergence.
Initialise
Population

Evaluate
Objectives

onvergence
Criterion

Mutation Satisfied?
Determine

Crossover |« New Improved End
Population

Figure 3.19 Genetic Algorithm Flowchart
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This is a well-developed method which produces solutions with a Pareto curve that is well dispersed
(Bhutani, Naveen, Ray & Rangaiah 2006). This method has previously been used for the analysis of
absorption-based carbon capture systems by Harkin, Hoadley and Hooper (2012). Depending on the
results obtained, further optimisation of a specific range of solution using preference-based methods

might be applied.

Harkin, Hoadley and Hooper (2012) demonstrated the application of MOO in optimising the solvent
absorption process and they also displayed the methodology of MOO using simulation followed by

heat integration analysis as depicted in Figure 3.20.

1. Select objectives, variables,
population number (n) and number
of generations (m)

A\ 4

2. Use Genetic Algorithm to
determine CCS operating conditions <
for each member of the population

\ 4

3. Run simulation |«

\ 4
4, Extract heat curves
& other data

\ 4 Loop for n
: . Individuals
5. Use Heat integration to Loop fi'r m
determine extraction steam generations
rates
\ 4

6. Calculate objectives

\ 4

7. Compare Objectives

\ 4

8. Results

Figure 3.20 Optimisation methodology using combination of MOO and heat integration (Harkin,
Hoadley & Hooper 2012)
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The methodology has 8 steps:

1) Selecting the input arguments for the optimisation process such as the objectives (e.g.
operating cost, capital cost, amount of carbon dioxide captured) and variables (e.g. fraction of
carbon dioxide that needs to be captured with respect to the feed stream)

2) Perform the MOO. In this step, the optimisation of the process a genetic algorithm using MS
Visual Basic® is performed. This will provide optimised values for the process simulation
input for the carbon capture system (CCS).

3) Process simulation. In this step, the carbon capture process along with the flue gas of the
power plant is simulated on Aspen HYSYS® and/or Aspen Plus ® using the input data
provided in the previous step.

4) Extraction of data. After the simulation of the processes, the necessary data are extracted
using MS Visual Basic®.

5) Perform heat integration. Using the data extracted, heat integration can be performed to find
the optimum heating and cooling required.

6) Calculate objectives. In this step, the pre-determined objectives can be calculated using all the
data obtained from the heat integration and the process simulation. Following this step, step 3
will be repeated if more optimisation is required in the process simulation.

7) Compare objectives. The objectives obtained are then compared using the Pareto-optimal
solutions. The procedure is then repeated from step 2 until all the variables have been studied.

8) Finally the results are obtained.

This methodology integrates the MOO and heat integration techniques. When optimising a solvent
absorption carbon capture, integrating the heat integration in the MOO is essential since the solvent
regeneration heater is a major energy consumer. However, in this research, adsorption and membrane
carbon capture are being investigated, therefore the heat integration analysis was performed when
designing the process flowsheet prior to the MOO. Further analysis was performed on the MOO

results obtained, called “Post-flowsheet optimisation” and is further discussed in section 3.5.

In order to integrate the MOO genetic algorithm to the Aspen HYSYS process simulation, a Visual
Basic® Interface (Bhutani, N et al. 2007) was used as shown in Figure 3.21. There were a number of

inputs to be selected in the interface:
Objective Variables — Process variables that need to be optimised (minimised or maximised)

Decision Variables — Process variables that are going to be varied over a set range to determine their

effect on the carbon capture process, specifically the objective variables.
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Constraints — Process variables that need to be monitored in the process simulation that need to be
within a specific range to validate the simulation and results. For example, the CO» purity in the outlet
stream needs to be over 95% to be ready for sequestration, therefore the CO, outlet purity would be a

constraint

Crossover probability — The method for two parents to be combined to form a child when generating a

new population

Mutation probability — The probability that each bit will undergo a change in value in the offspring

population

The crossover probability was selected to be in the range of 0.5-0.9 and the mutation probability was
selected to be approximately equal to 1/n, where n is the number of decision variables (Deb et al.

2000; Bhutani, Naveen, Ray & Rangaiah 2006).

GA Parameters and

objective values Decision variables

I |

Visual Basic Interface

Number of Objectives
Number of Decision variables v
Optimizer (GA) Number of Constraints 6] HYSYS F:-clxvssﬁzet
Visual C++ GA parameters (crossover &

mutation probabilities, number
of generations, population size

v and seed for random numbers)
Aset of Values of
decision objective
variables RUN functions

| L

Figure 3.21 MOO Framework with Visual Basic® Interface (Bhutani, N et al. 2007)

3.6 Post-Simulation Analysis

3.6.1 Energy Requirement and Energy Penalty
As discussed in Chapter 1.3, reducing the energy penalty for retro-fitting CCS into coal-fired power

plants has been one of the main challenges that CCS faces. Therefore, this study focused on reducing

the energy required to implement the hybrid carbon capture technologies.
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The energy required for implementing CCS is highly dependent on the technology employed. For
solvent absorption, the main energy requirement comes from thermal regeneration of the solvent
(Smith, K et al. 2009). On the other hand, VSA and membrane capture technologies are highly
dependent on the change in pressure, which is provided by rotating equipment such as compressors
and vacuum pumps. Hence, in this study, the energy requirement will be measured in terms of shaft
work required (electrical energy) compared to conventional thermal energy required that is used in

solvent absorption studies.

WTotal = WA + WB + WC + WD + WPump Eq. 34
WTotal = Wrotal + Myecovered Eq.3.5

Where, Wrow is the total shaft work required (MW)
Was,cp is the work required for compressors A,B,C and D respectively (MW)
Wpump 1s the work required for the CO, pump (MW)
Wroear is the total specific work required (GJo/t(CO, recovered))

and Myecoverea 18 the mass flow rate of CO, being recovered.

3.6.2 Heat Integration
When integrating the CCS process, pinch analysis provides a systematic method to maximise the

process efficiency in terms of heat source and heat sinks available in the process. Heat integration has
been used in academia as well as industry since Linhoff and Senior (1983) identified pinch analysis as
a systematic way to improve the thermodynamic efficiency of a process. Since then, heat integration
has been heavily studied, which can be found in the Handbook of Process Integration (PI) (Klemes
2013). In this study, heat integration was used in combination with MOO to improve the heat

exchange between the process stream and the refrigeration system.

An important aspect of the pinch analysis is that it allows the calculation of the minimum energy
target for utilities without the need to design the actual heat exchanger network (Linhoff & Senior
1983). This energy target is then a good indicator to identify whether the simulated process is using
the maximum available heat sources (hot streams) and heat sinks (cold streams). Smith, R (2005b)

provides a step-by-step overview of the pinch analysis technique.

Processes that require heat sources or sinks, such as solvent absorption and low-temperature
separation benefit most from the pinch analysis technique. Harkin, Hoadley and Hooper (2012)
performed a heat and process integration analysis of a brown coal-fired power station with a solvent
absorption carbon capture process, with a focus on pinch analysis. Their study showed that heat

integration was a highly valuable technique as the specific energy penalty was reduced by 0.40 GJ./t
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(CO; captured) with effective heat integration. Capture processes that require mainly electrical power,

such as membrane processes would not provide significant improvement through pinch analysis.
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Figure 3.22 (a) Hybrid Carbon Capture Schematic Diagram (b) Low-Temperature Unit
Schematic Diagram (HEN — Heat Exchanger Network)

This study focused on the heat integration of the refrigeration system with the cold process stream and

develops a heat exchanger network as shown in Figure 3.22.

An example of the heat composite curves for propane refrigerant and mixed refrigerant, when heat
integrated in a membrane and low-temperature hybrid carbon capture process is shown in Figure 3.23
and Figure 3.24 respectively. Furthermore, as discussed in Section 3.3.3, the two refrigeration cycles

have different heat curves, where the mixed refrigerant has a flexible curve that can match the process
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curve. Therefore, the heat exchanger networks for each refrigeration system were different and shown

in Figure 3.25 and Figure 3.26.
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Figure 3.23 Heat composite curve example of heat exchanger network in a low-temperature
carbon capture system using a mixed ethane/propane refrigerant refrigeration system.
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Figure 3.24 Heat composite curve example of heat exchanger network in a low-temperature
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3.6.3 Exergy Analysis
This section explains the concept of exergy analysis and how it can be useful in identifying

improvements which reduce the capture penalty.

Energy analysis is used to determine the performance of a process and used to reduce energy costs. It
uses the first law of thermodynamics to calculate the quantity of energy going into and out of a system.
However, it does not take into account the quality of energy also known as ‘loss and gain of
thermodynamic efficiency’. In order to take into account both the quantity and the quality of the
energy level, both the first and second laws of thermodynamics need to be used simultaneously. This
leads to exergy accounting, which allows the calculation of thermodynamic losses of a system

coupled with the energy flow in the system.

By taking into account the energy rate balance (First law of thermodynamics) and the entropy changes

whilst applying the Second law of thermodynamics, it is possible to derive the exergy rate balance.

This would allow the substitution of energy (Q*) from the energy balance (Eq 3.6) and to be replaced
by exergy (E*) to form Eq. 3.7 (Borel & Favrat 2010):

. N + . .
SklER] + Zilf 6Q, 1+ Qa + XalYi] =0 Eq.3.6
SlER] + SilES ]+ SalEx] = L= 0 Eq.3.7
Where, Yilf o Ql+] is the heat received from the reservoir at a temperature T;
Q.:{ is the heat received from the atmosphere at a temperature T,
Zn[YnD’] is the transformation power received at the level of the network n
Y
ik

is the work power received by the system

D IEH

i is the heat exergy received from the reservoir at a temperature T;

D IEN

n is the global exergy rate loss (always positive according to the 2™
Law of thermodynamics

L is the exergy loss rate

D IE]

The global exergy rate loss, ™ , 1s the exergy rate loss from the streams entering and leaving the

process. This exergy can be divided into physical exergy, chemical exergy and mixing exergy.
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The physical exergy of a material stream, E;,'h, is the maximum amount of shaft work that can be

generated when the stream is changed from the actual conditions (T, P) to thermomechanical
equilibrium at reference temperature (T,, P,). The physical exergy can be determined using the
following equation (Tzanetis, Martavaltzi & Lemonidou 2012):

YnEpy = AH +ToAS Eq.3.8

Where, AH is the difference in enthalpy from the reference stream and the process stream
AS is the difference in entropy from the reference stream and the process stream
T, is the reference temperature

Every material stream has some chemical potential according to the chemical composition of the pure
substances; this chemical potential is known as the chemical exergy. The equation of the standard
molar exergy, €7, of a compound i can be determined using the following equation:

g =AGF +Yvj g Eq.3.9

Where, AG]‘? is the molar free enthalpy for the formation of the compound in the standard

state from its constituent elements

&? is the standard chemical exergy values of the constituent elements, j, in their stable
state at the reference temperature T, and pressure P, (Sato 2004; Tzanetis, Martavaltzi

& Lemonidou 2012):

After calculating the standard chemical exergy values, the chemical exergy,EY; of the stream can be

determined by summing the standard chemical exergy value of all the components in the stream.

EL =30, & Eq.3.10

Where n is the number of components in the stream.

Finally, the mixing exergy is due to the isothermal and isobaric mixing of the pure components at the
actual temperature (T) and pressure (P). The exergy change of mixing can be calculated by using the

following equation:

AE i = ToAS mix Eq. 3.11

Where the entropy change of mixing,

AS,ix = AS — Y x;AS; Eq.3.12

The total global exergy rate loss can then be calculated by adding the three terms.
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Feng, Zhu and Zheng (1996), stated that conventional exergy analysis can only provide information
about the potential or possibilities of improving performance of processes, but cannot state whether or

not the possible improvement is practicable and economic.

3.6.4 Techno-Economic Analysis
This sub-chapter presents the different economic parameter such as correlations, interest rates and

equations used throughout this thesis to evaluate the costing of the different components. Detailed

calculation examples are found in Appendix section B.4.

In order to evaluate comprehensively the economic performance of the hybrid carbon capture process,
a techno-economic analysis was performed on each hybrid carbon capture process. The aim of the

analysis was to determine the cost of retrofitting CCS to the reference coal-fired power plant.

The economic assumptions used throughout follow the CO2CRC techno-economic model developed
by UNSW (Allinson et al. 2006). This model uses the capital costs to estimate the operating costs and
total costs of CO, capture and storage. The breakdown of the capital cost components including the
equipment and set up costs is summarised in Table 3.9 and the breakdown of the operating cost

components are shown in Table 3.10.

Table 3.9 Breakdown of capital cost components for carbon capture.

Capital cost elements Nominal value
‘g A Process Equipment Cost (PEC) Sum of all process equipment
E B [General facilities 30 % PEC
U% % Total Equipment Cost (TEC) A+B
C Instrumentation 15 % TEC
D Piping 20 % TEC
E Electrical 7 % TEC
" F Total Installed Cost (TIC) A +B+C+D+E
% G Start-up costs 8 % TIC
5 H Engineering 5% TIC
c% 1 Owners costs 7% (F+G+H)
] Engineering, procurement, construction andjp 1 G + H + |
owner’s cost (EPCO)
K Project Contingency 10 % EPCO
TOTAL CAPITAL COST (CAPEX) =J+K
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Table 3.10 Breakdown of operating cost components for hybrid carbon capture.

Operating cost elements Nominal value
" M Insurance 2% TCC
§ N Fixed Operating and Maintenance Costs|4% TCC + Ins
§ O Labour Costs
=
o P Cooling Costs
°
g 2 R Membrane Replacement Costs 20% Membrane Capital Cost
< [72]
> 3
TOTAL OPERATING COST (OPEX) = Variable Costs + Fixed costs

In combination with the CAPEX and OPEX components, Table 3.11 shows the general cost
parameters that were used to evaluate the economic lifetime performance of the hybrid carbon capture
process. Those parameters followed the standard scoping level process engineering

assumptions(Peters, Timmerhaus & West 2002).

Table 3.11 Economic Parameters for techno-economic analysis

Cost Parameters

Discount Rate 7 %
Years of the project 25 years
Base Year 2011

Base year CPI 591

Cost of electricity 40 S/MWh
Load Factor 85 %
Capacity Factor 7446 | hrs
Make-up water cost 0.25 S/m3

Individual Labour Cost 82000 | S/yr

CO, storage cost 6.03 S/t

Cost of Black Coal 1.4 S/Glu (LHV)
Coal LHV 23.84 | MJ/kg

Cost Zeolite 13X 6 S/kg

Cost Membrane 50 S/m?
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The techno-economic analysis also took into consideration the costs of energy required for the carbon
capture process. The energy required was supplied from the power plant, which represented a loss of

revenue as the energy would have otherwise been dispatched to the grid.

There were 2 main parameters that were calculated in techno-economic analysis to determine the

performance of the hybrid carbon capture process:
i.  Cost of CO; avoidance

When implementing CCS, energy is required to operate the process resulting in CO, emissions due to
CCS. Therefore, the amount of CO, avoided takes into account the amount of CO, not captured from
the power plant as well as the CO, emitted due to the energy required from the CCS process. The

equation used to determine the CO, avoided is shown in Eq. 3.13.
€0, Avoided = Mp.fore — Mufrer — Menergy Eq. 3.13
Where, Maefore 1S the mass of CO, emitted to atmosphere before capture
Maferis the mass of CO; emitted to atmosphere after capture
MEnergy 1S the mass of CO; emitted from the energy used for capture.

The CO, avoided is a better indication of the performance of a carbon capture process over the total
CO; captured as it provides a net reduction in CO, emissions. Furthermore, this allows the cost of
CO; avoided to be calculated, which represents the carbon price that would make the capture project

break even.

The cost of CO, avoided ( Eq. 3.14) was calculated using the standard CO2CRC methodology
developed by Allinson et al. (2006) based on the Net Present Value (NPV).

— NPVrotal costs
CAvotdance - NPV o, avoided Eq- 3.14
Where, Cavoidance (A$ per tonne of CO; avoided) is the cost of CO avoided
NP Vot costs (AS$) is the Net Present Value of the total costs of the carbon capture on
an annual basis ( Eq. 3.15)
NPVco2 avoided (tonne) is the Net Present Value of the CO, avoided on an annual basis
( Eq. 3.16).
CAPEX;+OPEX;
NPViotai costs = 2i=1 T a+ay Eq. 3.15
(co ided);
NPVCOZavoided = ?:1% Eq. 3.16
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Where, d (% per annum) is the real discount rate
n (years) is the total project life.
ii.  Levelised Cost of Electricity (LCOE)

LCOE represents the final cost of electricity at which the power plant operator provides electricity to
the grid. This excludes the costs of electricity transmission and distribution. Using the NPV, the
LCOE (A$/MWh) was calculated using the following equation:

NPVPower Plant+Capture

LCOECaptuTe = NPVyet power

Where, LCOEcapture (A$/MWh) is the Levelised Cost of Electricity after implementing the
CCS facility

NPV powerplant + capture (AS$) 1 the Net Present Value of the total costs for the power plant
and CCS facility

NPVxet power (MWh) is the Net Present Value of the net power output of the power
plant.

Finally, in this study, it was estimated that the LCOE for the power plant without capture is
A$40/MWh.
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4 VSA/Low-Temperature Hybrid Carbon Capture Process Results

and Discussion

This chapter presents the main results obtained for the VSA/low-temperature carbon capture process

in section 4.1 and discusses those results in more detail in section 4.2.

4.1 VSA/Low-Temperature Hybrid System Results
The Pareto Optimal Front is the solution obtained from the last generation of the Genetic Algorithm
of the non-dominated solution set. The results shown are for a MOO using 75 individuals with a

minimum of 50 generations.

The two objective variables (OV) when performing the optimization of the hybrid carbon capture

process were:

i.  Maximise overall recovery rate of CO» from the hybrid carbon capture process (%)

ii.  Minimise the total shaft work required for the hybrid carbon capture process (MW.)

4.1.1 Pareto Optimal Front
Figure 4.1 shows the Pareto Optimal Front of the final generation and the fifth last generation for the

two objective variables. The graph shows that not much improvement can be made through the MOO
by increasing the number of generations. The table of objective variables and corresponding decision

variables for the final generation can be found in the Appendix section B.1.
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Figure 4.1 Pareto Optimal Front of overall recovery rate as a function of total shaft work
required (MW,)
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From the results obtained for the final generation, a second order exponential regression of the data
points was performed to obtain a continuous curve representing the total work required as a function

of the overall CO; recovery rate. The continuous curve is shown in Figure 4.2.
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Figure 4.2 Overall recovery rate of hybrid system as a function of total work required (MW,)
for VSA/low-temperature hybrid process fitted to a second order exponential regression.

The equation and the resepective R-squared value for the fitted curve are as follows:
W = AeB(-RR) 4 ceD(1-RR) Eq. 4.1

e VSA/low-temperature separation hybrid process (R = 0.986):
A=82.6;B=-10.2; C=73.7, D=-0.0713
Where, W is the total work required (MW.) and
RR is the overall recovery rate of the hybrid carbon capture process.

4.1.2 Decision Variables Pareto Charts
MOO is a very useful tool to also understand how each of the decision variables affects the objective

functions. The Pareto charts of the decision variables for the different carbon capture stages are shown
in Figure 4.3, Figure 4.4 and Figure 4.5 as a function of objective 1: Maximum overall CO, recovery
rate of the hybrid carbon capture system. The overall CO» recovery rate was chosen as the reference

objective variable since CCS systems generally require high capture rate.
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Figure 4.3, Figure 4.4 and Figure 4.5 display the Pareto charts of the decision variables affecting the

VSA process, low-temperature capture process and membrane process, respectively.
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Figure 4.3 Pareto chart of the two decision variables for the VSA capture process versus the
overall hybrid process CO; recovery rate. (a) CO; recovery rate of the VSA process (%); (b)
CO: outlet purity of the VSA process (%)
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rate.
4.2 VSA/ Low-Temperature Hybrid System Discussion
From the objective variables Pareto Optimal Front (Figure 4.1), it is observed that with increasing
recovery rate, there is an increase in the total shaft work required for CO, capture. As the slope along
the optimum front decreases with increasing recovery, this in turn means that the energy intensity for
each additional percentage point of CO; capture is increasing. In the next sections the reason for this

will be identified, by analysing the decision variables.

4.2.1 Decision Variables
Figure 4.3 shows the two decision variables that were varied to change the power requirement of the

VSA process, namely the CO; recovery rate and purity. As was expected, the CO; recovery rate from
the VSA has a direct correlation with the overall CO, recovery rate from the hybrid system, where
increasing the CO; recovery rate of the VSA system increases the overall CO; recovery rate of the
hybrid carbon capture system. It can also be observed from Figure 4.3 (a) that the VSA COs recovery
rate has a linear relationship with the overall CO; rate of the hybrid system. This means that the
secondary stage of the hybrid carbon capture process is recovering all the CO, going through this

stage.

Figure 4.3 (b) shows the VSA CO; outlet purity which has the mirror effect of the VSA CO» recovery
rate, where the higher overall recovery rate of the hybrid system selects the lower VSA CO, outlet
purity and the lower overall recovery rate favours the higher VSA CO; purity. There are two

components that explain this correlation:
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ii.

The CO» in the VSA waste stream is sent straight to the stack, which means that the CO,
is not being recovered. Hence, in order to obtain a high overall recovery rate, a high VSA
CO; recovery rate is necessary.

With the first component in consideration, the VSA carbon capture process cannot
achieve both high purity and high recovery, which is represented by the constraint
discussed in Chapter 3 and displayed in Figure 4.7. Hence, when high overall CO,
recovery rate is required, a lower CO, outlet purity is selected to obtain the higher CO,
VSA recovery rate. However, when a low overall recovery rate is required, a high VSA
CO; outlet purity is favoured. Suggesting that the hybrid carbon capture prefers
increasing the work load on the VSA capture process to increase the purity, in order to
decrease the work required on the CO; purification stage (low-temperature carbon capture
process). The trade-off between VSA CO, outlet purity and low-temperature carbon
capture process is seen in Figure 4.6, where the pre-compression work (Figure 4.6 (a))

and the refrigeration work (Figure 4.6 (b)) increases with decreasing VSA CO: outlet

purity.
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Figure 4.6 Pareto chart representing the correlation between the VSA CO; outlet purity vs the

refrigeration work required.
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The correlation between VSA CO; recovery rate and VSA CO; outlet purity was further investigated
by fitting the VSA performance chosen in the MOO as the optimum conditions in the VSA model
contour as shown in Figure 4.7. It can be seen that the VSA performance used in the MOO are all
really close to the constraint line, which indicates that the MOO selects to increase the performance of

the VSA to the maximum.

This further shows that the hybrid carbon capture process favours increasing the VSA performance at
the cost of higher work requirement in order to reduce the work load in the secondary CO
purification stage. Figure 4.8 represents this relationship, as the total specific work required for the
low-temperature carbon capture system is almost twice the specific work required when the VSA CO,
outlet purity is 0.55 (Low-temperature specific work = 1.1 GJ¢/t (CO; recovered)), compared to when
the VSA CO; outlet purity is 0.8 (Low-temperature specific work = 0.55 GJ/t (CO; recovered).
Figure 4.7 shows the specific work required for the VSA process has a maximum of 0.9 Gl./t (CO;
recovered), which explains why the hybrid system would select high VSA performance to reduce the

work on the low-temperature system.
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Figure 4.7 VSA model contour representing the VSA performance data selected for the MOO
optimum operating conditions.
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total specific work required.

Figure 4.4 displays the four decision variables that determine the performance of the low-temperature
separation process. The three parameters: the ethane molar fraction, the refrigerant molar flowrate and
the minimum temperature achieved by the process stream shown in Figure 4.4 (a), Figure 4.4 (b) and
Figure 4.4 (c) respectively, determined the power requirement of the refrigeration system. It can be
seen that the ethane molar fraction and process stream temperature do not seem to have a strong
relationship with the overall recovery rate of the hybrid system. This is due to the high correlation that
the refrigerant molar flowrate, Figure 4.4 (b), has with the overall hybrid recovery rate since
increasing the overall recovery rate increases the duty required to cool this CO; as represented in

Figure 4.9.
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Figure 4.9 Pareto Chart representing the work required for the refrigeration cycle versus the
overall CO; recovery rate of the VSA/LT hybrid system.

As expected, the pre-compression pressure Pareto chart in Figure 4.4 (d) shows that a higher pressure
is required to obtain higher recovery rates since higher compression pressure increases the partial
pressure of CO» and therefore facilitates the separation of CO» from nitrogen. Also important is that
higher pressures of this stream lowers the CO, freeze out temperature and effectively allows the

stream to be cooled to the lowest temperature possible before forming solid CO,.

The final decision variable, the membrane cut of the membrane process is shown in Figure 4.5. It can
be seen that in order to achieve the higher overall CO; recovery rate, a higher membrane cut value is
required to allow more CO; to be recycled back into the system and hence, less CO> to be lost in the
retentate stream. However, at lower recovery rate, no gas is allowed to permeate through the
membrane. This is to reduce the amount of CO; being recycled, which leads to a reduced loading in
the low-temperature separation. Furthermore, at overall CO, recovery rate of greater than 80%, the
recovery rate becomes less dependent of the membrane cut as the low-temperature process pre-
compression is significantly increased, resulting in higher pressure difference through the membrane.

This higher pressure difference allows more CO, to be permeated through the membrane.

4.2.2 Objective Variables Pareto Fronts and Optimum Specific Work Required
In order to better understand the total work required with respect to the amount of CO, being captured

by hybrid capture process, a new graph using the Pareto-Optimal solutions, of total specific shaft

work as a function of recovery rate was produced. The total specific shaft work required is the total
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shaft work required per mass flowrate of CO; being recovered by the process. As discussed in Table
1.1 in Chapter 1, the MEA solvent absorption baseline system with a multi-stage compression system
requires approximately 4 Gluw/(t CO; recovered) (Belaissaoui et al. 2012). Using a standard 33%
thermal efficiency in a coal power plant, the MEA solvent absorption specific energy requirement

converts to 1.3 GJ/(t CO; recovered), which was also added to the graph.
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Figure 4.10 Recovery rate as a function of specific shaft work (GJ/t(CO; recovered))

This optimum operating condition of minimum specific work of 1.29 GJ¢/ (t CO, captured) and
overall recovery rate of 75.4 % obtained shown in Figure 4.10 can be used to analyse further the
performance of the hybrid process. The operating condition of each decision variable to obtain the
optimum operating condition is shown in Table 4.1.The heat composite curve of the heat integrated
low-temperature separation was generated and shown in Figure 4.11 and the work requirement of

each component was analysed and displayed in Figure 4.12.
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Table 4.1 Table of decision variable range for MOO and optimum operating conditions of the
VSA/low-temperature hybrid capture cases

Decision Variable Minimum | Maximum | Optimum
VSA CO2 Recovery Rate % 0.700 0.985 0.789
VSA CO2 Outlet Purity % 0.500 0.900 0.769
Multi-Stage Compression Pressure (kPa) | 930 4000 1723
Refrigerant Ethane Molar Fraction 0.19 0.50 0.28
Refrigerant Molar Flow (mol/s) | 1.00 1.65 1.17
Low-Temp Process Stream Outlet Temp. (°O) -60.5 -40.0 -53.8
Membrane Cut 0.01 0.76 0.35

4.2.3 Pinch Analysis

The stream composite curve in Figure 4.11 shows that the pinch point occurs at the lowest
temperature since the refrigeration system was included in this composite curve, which indicates that
no extra cooling duty is required (Table of heat composite curve data can be found in the Appendix
section B.3). The colder section of the cold composite curve represents the mixed refrigeration section.
It can be observed that the shape of the mixed refrigerant section matches the hot composite curve
closely to allow the pinch point at approximately -35°C, where the CO> just starts to condense. Also

in Figure 4.11, the total process to process heat exchanged is about 45 MWy, or 0.70 Glw/t (CO»

recovered).
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Figure 4.11 Stream composite curve and the grand composite curve shows that the pinch
temperature occurs at the cold end of the heat exchangers.
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The power requirement of the hybrid carbon capture process was analysed at the optimum operating
conditions. There are four consumers of power throughout the process: The VSA process, pre-
compression prior to the low-temperature separation, the refrigeration compression train required in
the refrigeration system and the pump that pressurises the pure liquid CO; to supercritical state. The
pump requirement is negligible throughout the process (< 0.1 %). The low-temperature separation unit,
which comprises of both the pre-compression and refrigeration cycle compression, requires a total of
43% of the total shaft work requirement, which corresponds to 65 MW.. The VSA process, which
consists of the blower to compress the flue gas prior to entering the VSA and the vacuum pump

required to go to vacuum pressure for the desorption stage, requires 56% of the total shaft work.

<1%

15%

I \/sA Power
BN Pre Compression Power
N Refrigeration Power

| |CO, Pump Power

56%
28%

Figure 4.12 Pie chart of total shaft work required for the hybrid capture process. The low-
temperature separation process comprises of the pre-compression and refrigeration power
requirement. The VSA total power requirement consists of both the blower prior to entering the
VSA and the vacuum pump required to go to vacuum pressures.

The two main power consumers are the pre-compression train and the VSA power requirement. The
pre-compression train cannot be further optimised other than the decision variables that have been
allocated. The second main power consumer is the VSA process and in order to improve the power
requirement, further improvement to the VSA process would be required such as better adsorbents or

different VSA configurations.
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4.2.4 Exergy Analysis
This sub-section displays and discusses the results obtained for the exergy analysis of the VSA/low-

temperature separation hybrid carbon capture process. MOO was used to perform the exergy analysis

and the two objective variables (OV) when performing the optimization were:

i.  Maximise overall recovery rate of hybrid carbon capture process (%)

ii.  Minimise the exergy loss rate for the hybrid carbon capture process (kW)

The Pareto Optimal Front is the solution obtained from the last generation of the Genetic Algorithm
of the non-dominated solution set. The results shown are for a MOO using 100 individuals with a

minimum of 50 generations'.

The Pareto Optimal Front of the objective variables are shown in Figure 4.13 and the decision

variables Pareto charts are shown in Figure 4.14.
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Figure 4.13 Graph of objective variables exergy loss rate (kJ/s) versus recovery rate

! The results presented in this chapter were presented at the Process Integration, Modelling and Optimisation for
Energy Saving and Pollution Reduction Conference in Prague and published in the Chemical Engineering
Transactions (Li Yuen Fong et al. 2014)
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The Pareto charts of the first six decision variables are shown in Figure 4.13 plotted against the
objective 1: Maximum CO; Recovery. It can be seen from Figure 4.14 that most decision variables
seem to have a scattered effect over the recovery rate except for two main decision variables; multi-
stage compression pressure and the VSA CO; recovery rate. The higher compression pressure
increases the partial pressure of CO; and therefore facilitates the separation of CO, from nitrogen. As
discussed in the previous sub-sections, the pressure of the stream lowers the CO, freeze out
temperature, which effectively allows the stream to be cooled to the lowest temperature possible
before forming solid CO». Finally, the VSA CO, recovery rate dictates the overall recovery rate since

the CO, lost in the waste stream from the VSA cannot be recovered.
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From the objective variable Pareto Optimal Front (Figure 4.13) could be observed that with increasing
recovery rate, there was an increase in exergy loss rate. A new graph, using the Pareto-Optimal
solutions, of specific exergy loss rate versus recovery rate was also generated (Figure 4.15), where

specific exergy loss rate is the exergy loss rate per mass of CO; being recovered by the process.

2. it__\: L L L L L L L L

= 19- -
8 *

3 =

S 18- .
[&]

N

+*

8 17- - .
3
> 1.6- = .
g ¥

4

@ 15 * -
3 ®

B 1.4 & |
Y]

-+

o 13F

S

8

& 1.2~

r r r r r r r r r

1.1°
05 055 06 065 07 075 08 08 09 0.9 1
Recovery Rate

Figure 4.15 Graph of specific exergy required (GJ/t (CO)) versus recovery rate

The increase in exergy loss rate with increasing recovery rate from Figure 4.13 can be explained by
the increase in exergy required in the compressors in the multi-stage compression of the process
stream. Figure 4.15 shows that the rate of change of exergy loss is lower than the rate of change of
CO; being captured and thus the specific exergy loss rate decreases with increasing CO> being
captured up until a capture rate of 95 %. Figure 4.15 shows that the specific exergy loss rate has a
minimum point at a recovery rate of approximately 95 % and total specific exergy loss rate of around

1.16 GJ/t (CO; recovered).

In addition to the decision variables and objective variables, other key process performance variable
were also recorded while performing the MOO. Two of those variables can be seen in Figure 4.16 (a)
and Figure 4.16 (b), which were the ‘total shaft work required’ and the ‘total specific shaft work
required’. This enabled a relationship between the exergy loss rate and total shaft work required to be

examined as in Figure 4.17.
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Figure 4.16 (a): Graph of total shaft work required (kW) versus recovery rate. (b): Graph of
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Figure 4.16 (a) and Figure 4.16 (b) yielded results that were similar to Figure 4.13 and Figure 4.15,
which means that the total shaft work required and exergy loss rate have a linear relationship. This
was further proven in Figure 4.17, where the total specific exergy loss rate and total specific shaft
work required showed a linear graph. This relationship can be explained by the fact that

approximately 99% of the exergy input is from the shaft work in the compressors.
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Figure 4.17 Graph of total specific shaft work required (GJ./t (CO,)) versus specific exergy loss
rate (GJ/t (CO))

Since the compressors account for the majority of the exergy going into the system as well as the total

shaft work, exergy analysis does not provide more insight into the process compared to a standard
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energy analysis. This is mainly due to the fact that exergy analysis is best used when thermal and
chemical energy is involved, such as a solvent absorption process. Therefore, exergy analysis was not

used in the future hybrid processes studied in this project.
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5 Membrane/Low-Temperature Hybrid Carbon Capture Process

Results and Discussion

This chapter follows a similar structure to Chapter 4 and presents the main results obtained for the
Membrane/low-temperature carbon capture process in section 5.1 and discusses those results in more

detail in section 5.2.

5.1 Membrane/ Low-Temperature Hybrid System Results

The results shown for each membrane/low-temperature hybrid carbon capture case are for a MOO

using 50 individuals with a minimum of 100 generations.

Similar to the VSA/low-temperature hybrid carbon capture system, the two objective variables (OV)
when performing the optimization of the membrane/low-temperature hybrid carbon capture process

were:

i.  Maximise overall recovery rate of hybrid carbon capture process (%)

ii.  Minimise the total shaft work required for the hybrid carbon capture process (MW.)

As discussed in Chapter 3, due to the higher flexibility of the membrane performance compared to the
VSA process, two refrigeration cycles using two different refrigerants were investigated: mixed

ethane/propane refrigerant (Case I) and propane only refrigerant (Case II).

5.1.1 Pareto Optimal Front
The Pareto Optimal Front for Case I and Case Il are shown in Figure 5.1 and Figure 5.2, respectively.

In order to show convergence of the MOO, each figure show the Pareto Optimal Front for the final
generation, Gengina and the fifth last generation, (Genrinat — 5). The table of objective variables and

corresponding decision variables can be found in the Appendix section B.2.
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The two cases are compared by combining the Pareto Optimal Front for the final generation on one
graph (Figure 5.3). Figure shows a fitted 3™ order polynomial for each case to have a clearer

representation of the performance of the hybrid processes.
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The equation and R-squared values for each fitted curves are as follows:

W = AeBA-RR)  ceP(1-RR) Eq.5.1

Where, W is the total work required (MW.) and
RR is the overall recovery rate of the hybrid carbon capture process.
The coefficients used for each set of data and the respective R-squared values are as follows:
e Membrane/low-temperature separation hybrid process — Case I (R? = 0.998):
A=41.0,B=-71.1;C=124; D=-2.15
e Membrane/low-temperature separation hybrid process — Case II (R*> = 0.997):
A=579;B=-98.3;C=133;D=-2.32

5.1.2 Decision Variables Pareto charts
Similar to Chapter 4, the decision variables are studied to understand their effect on the objective

functions. The Pareto charts of the decision variables were separated into three sections, one for each
carbon capture stages and are shown in Figure 5.5, Figure 5.6 and Figure 5.7. The overall CO;
recovery rate was chosen as the reference objective variable for the same reason as chapter 4 and to

maintain consistency throughout project.

Figure 5.5, Figure 5.6 and Figure 5.7 display the Pareto charts of the decision variables affecting the
membrane process, low-temperature capture process and recycling membrane process, respectively. It
should be noted that in Figure 5.6 (c), the Pareto chart for the refrigerant flowrate includes values for
both Case I and Case II. However, as specified in Chapter 3, Case II does not use the refrigerant
flowrate as a decision variable. The refrigerant values for Case II are simply obtained post-simulation

to better understand the correlation between the two cases.
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5.2 Membrane/ Low-Temperature Hybrid System Discussion

From the objective variables Pareto Optimal Front (Figure 5.3), it is observed that the relationship of

the two objective variables for the membrane/low-temperature hybrid carbon capture cases are similar

to the VSA/low-temperature hybrid carbon capture process in chapter 4, where the recovery rate

increases with the increase in total shaft work required for CO, capture.

5.2.1 Decision Variables
Figure 5.5 shows that both cases have an almost identical correlation for the decision variables for the

initial membrane process (Membrane A). This shows that in both cases, Membrane A has identical
performance for the membrane CO; recovery rate and membrane CO; outlet purity, which is
represented in Figure 5.8 and Figure 5.9, respectively, as a function of the overall CO» recovery rate

of the hybrid system.
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Figure 5.9 Pareto chart representing Membrane A CO; outlet purity as a function of the overall
CO:; recovery rate of the hybrid carbon capture system.

As it can be seen in Figure 5.8 and Figure 5.9, the membrane CO; recovery rate has a linear

relationship with the overall CO, recovery rate and the membrane CO, outlet purity has an inverse
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relationship with the overall recovery rate. This is a similar correlation to the VSA/low-temperature
hybrid process and has a similar explanation as discussed in sub-chapter 4.2.1; the overall CO,
recovery rate is governed by the recovery rate of Membrane A since the retentate stream is sent
straight to the stack. At high Membrane A CO, recovery rate, Membrane A cannot achieve a high
CO; outlet purity. This is represented in Figure 5.10, where the Membrane A CO, outlet purity is

shown as a function of Membrane A specific work.
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Figure 5.10 Pareto chart representing Membrane A CO; outlet purity as a function of the
membrane A specific work required.

Furthermore, the identical performance of Membrane A in both cases indicates that the
membrane/low-temperature hybrid system prefers increasing the work load of the initial CO, recovery
stage, Membrane A, instead of the CO; purification stage (low-temperature carbon capture system).
This is shown in Figure 5.11, where the membrane specific work and the low-temperature specific
work is shown as function of overall CO; recovered; The low-temperature specific work includes the
pre-compression work required and the refrigeration compression work required. It can be observed

that both Case I and Case II have the same specific work requirements.
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Figure 5.6 (c) shows the refrigerant flowrate increases with overall recovery rate required in order to
compensate for the decrease in CO; outlet purity of Membrane A. The main difference in all the
figures in Figure 5.6 is the temperature of the process stream exiting the refrigeration heat exchanger
(Figure 5.6 (a)). As expected, the mixed ethane/propane refrigeration system selected the low-
temperatures of approximately -55°C and the propane only refrigeration system selected higher
temperatures of approximately -35°C. The lower temperatures achieved by the mixed refrigerant

(Case I) allowed lower feed pressures to be selected, whereas Case Il always required pressures of

3000 kPa or higher.

Figure 5.7 shows that Membrane B, the membrane following the low-temperature process, requires a

higher membrane cut in Case II than Case 1. This is because Case II, achieves a higher temperature
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resulting in the waste stream of the low-temperature CO; process has more CO; to be recovered from

Membrane B. Hence, a higher cut would be required for Membrane B.

5.2.2 Objective Variables Pareto charts and Optimum Specific Work Required
In order to compare the performance of the membrane/low-temperature hybrid carbon capture process

on the same basis as the VSA/low-temperature hybrid capture process, the Pareto chart of the total
specific shaft work as a function of recovery rate was produced in Figure 5.12. The total specific shaft
work required is the total shaft work required per mass flowrate of CO, being recovered by the

process.
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Figure 5.12 Overall recovery rate of hybrid system as a function of total specific work required
(GJ/t(CQO»)) for two hybrid processes

As it can be seen in Figure 5.12, the total specific work required plateaus at overall recovery rate
lower than 60% and increases as the overall recovery rate increases to 100%. It can also be observed
that the membrane/low-temperature hybrid process for both cases are very competitive with the
solvent absorption baseline. Hence, in order to perform further analysis on the hybrid processes, a set
of operating conditions need to be selected as the optimum point for each case. An overall CO,
recovery rate of approximately 90% is selected as the optimum points for each case to allow

comparison with the solvent absorption baseline.
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The summary of the operating conditions for the optimum minimum specific work and corresponding
recovery rate for each hybrid carbon capture case is shown in Table 5.1. These optimum conditions

were used to further analyse the performance of the hybrid process in the next sub-chapters.

Table 5.1 Table of decision variable range for MOO and optimum operating conditions of the
two membrane/low-temperature hybrid capture cases

Case I - Mixed Refrigerant | Case II - Propane Refrigerant

Decision Variable Units Min Max | Optimum | Min Max Optimum

Membrane A Cut - 0.05 0.90 0.22 0.05 0.90 0.22

Membrane A Feed
Pressure (kPa) 110 200 110 110 200 114

Membrane A Permeate

Pressure (kPa) 10 100 10.0 10 100 10.1

Multi-Stage Compression

Pressure (kPa) 1250 4500 2898 2000 | 4500 3040

Refrigerant Molar Flow (mol/s) 1.2 3 1.50 N/A N/A N/A

Refrigerant Ethane Molar
Fraction - 0.5 0.8 0.64 N/A N/A N/A

Heat Exchanger Network

Intermediate Temperature | (°C) N/A N/A N/A -25 5 -23.0
Low-Temp. Process

Stream Outlet -60 -40 -53.9 -35 -25 -34.4
Temperature (°O)

Membrane B Cut - 0.05 0.8 0.45 0.05 0.9 0.55

Optimum Overall CO;
Recovery Rate - - - 0.892 - - 0.898

Optimum total specific | (kJ/t(CO»
shaft work captured) - - 1.38 - - 1.43
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The difference in optimum performance between the two cases can be further analysed through the
Pareto Charts of the three main components that require work which are shown in Figure 5.13. Figure
5.13 (a) shows that the work requirements for Membrane A in both cases are similar. This mirrors the
results obtained in Figure 5.5 (b) and Figure 5.5 (c¢), where the feed pressure and permeate pressure of

Membrane A for both cases are comparable.

Figure 5.13 (b) represents the total work required in the compression train of the refrigeration cycles
for each case. As expected, the propane refrigerant refrigeration cycle (Case II), requires less work
than the mixed refrigerant refrigeration cycle (Case I). As explained in sub-chapter 3.4.2 and Figure
3.14, this is due to the higher temperatures obtained by the propane refrigerant, which require lower
pressure ratios in comparison to the mixed refrigerant, where higher pressure ratios are required to

achieve the colder temperatures.

Figure 5.13 (c) shows the total work required for the pre-compression of the feed stream entering the
low-temperature separation. It can be observed that Case I requires less work than Case II. This
further confirms Figure 3.14, whereby the mixed refrigerant hybrid system has lower temperatures in
the low-temperature unit. The lower temperature allows the CO> to be liquefied at lower pressure,

therefore requiring less work in the pre-compression train.

The similar values obtained for the overall work required for both cases mean that the trade-off in
work requirement for the refrigeration unit and pre-compression unit is almost equal. Furthermore, it
shows the flexibility of the hybrid carbon capture system when using a low-temperature process as

using different refrigeration system show almost exact final results.
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5.2.3 Pinch Analysis
The heat integration of the hybrid carbon capture process was further studied. The heat composite

curves of the heat integrated low-temperature separation for each optimum case were generated and
shown in Figure 5.14 and Figure 5.15. The table of heat composite curve data are shown in the

Appendix section B.4.

The difference in the two refrigeration units can be further observed in the stream composite curve in
Figure 5.14 and Figure 5.15. More specifically, in the cold composite curve at the low temperatures,
which represent the refrigerant streams being heated up from the hot composite curve. The main
difference reflects Figure 3.8, where the mixed ethane/propane refrigerant system shows its flexibility
in heat exchanging through the curved composite curve, whereas the propane refrigeration system is
matched as a straight line. Furthermore, the pinch points at approximately -30°C and 20°C for Case I

and Case I, respectively, show that the heat integration was effective.
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Figure 5.14 Stream composite curve and the grand composite curve for Membrane/Low-
Temperature hybrid carbon capture for Case I — Mixed Refrigerant.
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Temperature hybrid carbon capture for Case II — Propane Refrigerant.

5.2.4 Sensitivity Analysis

A sensitivity analysis was performed on the membrane/low-temperature hybrid carbon capture
process to forecast the performance of the hybrid process when new and better membranes are
developed. Using Figure 5.16, 2 different membranes with better performance than the Polaris™

membrane (blue dot) were selected:

i.  Red Dot: CO, Permeance = 2000 GPU and CO»/N, Selectivity = 50
ii.  Green Dot: CO; Permeance = 1000 GPU and CO»/N; Selectivity = 100.

Those membrane parameters were inserted in the Aspen HYSYS® simulation using the Case II
membrane/low-temperature hybrid process. Since both Case I and Case II performed almost equally
competitive with the Polaris™ membrane, Case II with propane only refrigerant was selected for two

main reasons:

1. Propane only refrigerant would provide easier process operation due to higher operating
temperatures.
2. The simulation of the propane only refrigerant was almost three times faster when running the

MOO.

The Pareto Front for the three membranes are shown in Figure 5.17 and the total specific work Pareto

chart are shown in Figure 5.18.
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Figure 5.16 CO,/N; selectivity and CO; permeance trade-off plot comparing the performance of

different membranes reported in the literature. The blue dot represents the Polaris™

membrane and the green and red dot represent the membrane chosen in the sensitivity analysis.
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Figure 5.17 Pareto Front representing the results obtained for the three membranes in the

sensitivity analysis.

5-17



1.00

o <
o
S o

©
N
o

o
&
o

Overall CO, Recovery Rate
=) =)
5 3

0.20

0.00

Ssfose aee o

o%Potpm o o

1.00 1.50 2.00 2.50 3.00 3.50 4.00
Total Specific Work (GJ /t(CO, Captured))

@ Case | Mixed Refrigerant ® Case |l Propane Refrigerant

® Perm = 1000 GPU; a =100 A Solvent Absorption Baseline

Figure 5.18 Pareto Front representing the results obtained for the three membranes in the

sensitivity analysis.

From Figure 5.18, it can be observed that all three membranes have the same trend. However, only

doubling the selectivity of the membrane improves on the performance of the Polaris™ membrane.

On the other hand, doubling the permeance of the membrane does not significantly improve the

performance of the membrane. This is because improving the selectivity of the membrane improves

the CO, outlet purity at no extra work required. This is shown in Figure 5.19, where a higher CO,

outlet purity is obtained at lower work requirement for the membrane with higher CO» selectivity.

Finally, it is important to note that this membrane has a better performance than the solvent absorption

baseline.
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Figure 5.19 Pareto chart representing Membrane A CO; outlet purity as a function of the total

work required to operate Membrane A unit.
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6 Techno-Economic Analysis of VSA/Low-Temperature and

Membrane/Low-Temperature Hybrid Carbon Capture Processes

This chapter aims to compare the techno-economic performance of each hybrid carbon capture
processes analysed in Chapter 4 and Chapter 5. It starts by comparing the optimum operating
conditions of each hybrid system, followed by the techno-economic analysis results of the individual

hybrid processes. Finally, the techno-economic performance is discussed for both processes.

6.1 Comparison of VSA/Low-Temperature and Membrane/Low-

Temperature Hybrid Carbon Capture Processes

Figure 6.1 was obtained by combining the results obtained in the previous two chapters. It shows the
final Pareto Front of both the VSA/low-temperature hybrid carbon capture process and the

membrane/low-temperature hybrid carbon capture process.
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Figure 6.1 Pareto Front of total work required as a function of overall CO; recovery rate for
three hybrid carbon capture processes: VSA/low-temperature hybrid system, membrane/low-
temperature hybrid system using mixed refrigerant (Case I) and membrane/low-temp hybrid

system using propane refrigerant (Case II).

Using the Pareto Fronts, a second order exponential regression of the data points was performed to
obtain continuous curves representing the total work required as a function of the overall CO»
recovery rate for each hybrid carbon capture process. These continuous curves are shown in Figure

6.2. The general equation used for the second order exponential regressions was:
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W = AeBOA-RR) 1 ceD(1-RE) Eq. 6.1
Where, W is the total work required (MW.) and
RR is the overall recovery rate of the hybrid carbon capture process.
The coefficients used for each set of data and the respective R-squared values are as follows:
e VSA/low-temperature separation hybrid process (R = 0.986):
A=282.6;B=-102;C=73.7,D=-0.0713
e Membrane/low-temperature separation hybrid process — Case I (R? = 0.998):
A=41.0;,B=-71.1;C=124;D=-2.15

e Membrane/low-temperature separation hybrid process — Case II (R*> = 0.997):

A=579;B=-983;C=133; D=-2.32
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Figure 6.2 Pareto Front of total work required as a function of overall CO; recovery rate using
2" order exponential equations (a*exp® + c*exp?®) to fit lines of three hybrid carbon capture
processes.

As observed in Figure 6.2, all three hybrid processes increase in total work requirement as the overall
recovery rate increases. Finally, in order to compare the performance of the carbon capture processes

on the same basis, the total specific work requirement as a function of overall recovery rate was
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produced in Figure 6.3. The total specific work requirement was derived from the total work

requirement equation (Eq. 6.1) using the following steps:

e Total specific work required (W) is the total work required (W) per mass flowrate of CO,
captured (mCOZCaptured)-

w

WSpec ==
Mco,cCaptured

Eq. 6.2

e The overall recovery rate of the hybrid process is the ratio of the CO, mass flowrate entering

the carbon capture process from the flue gas (1o, fiue) Vs the mass flowrate of CO; captured

(mCOZ Cap tured)-

RR = mCOZCaptured Eq. 6.3

Mco, flue

e Making the mass flowrate of CO captured (Mo, capturea) and substituting the parameter

into Eq. 6.2 yields Eq. 6.4.

W sl Eq. 6.4

Mco,fiue  RR

WSpec =

e Finally, substituting Eq. 6.1 in Eq. 6.4 produces the total specific work required as a function
of the overall recovery rate of the hybrid process:
_ AeB(l—RR)_I_CeD(l—RR) 1

Wepee = X — Eq. 6.5

Mo, flue RR
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Figure 6.3 Pareto Front of total specific work required as a function of overall CO; recovery
rate using best fit lines of three hybrid carbon capture processes.

Figure 6.3 shows that at 90% recovery rate, which is the recovery rate for the solvent absorption
baseline, Case I of the membrane/low-temperature hybrid carbon capture process performs slightly
better than the other two hybrid process. Furthermore, while at overall recovery rates of higher than
80%, all three hybrid processes have similar performance, at lower recovery rates, both
membrane/low-temperature hybrid carbon capture cases have much lower total specific work
requirement. This is due to the higher flexibility obtained from the membrane process, allowing the

hybrid process to perform better over a higher range.

6.2 Techno-Economic Analysis Results

In order to determine the techno-economic performance of each hybrid system, a set of optimum
operating conditions were selected and the techno-economic analysis was performed at those
conditions. The optimum conditions were determined using the total shaft specific work required for
each system, which was further discussed in Chapter 4 and Chapter 5 for the different hybrid carbon

capture systems.

A detailed techno-economic result for the membrane/low-temperature separation hybrid carbon

capture with an overall CO; recovery rate of 90% is shown in the Appendix in section B.4.



6.2.1 VSA/ Low-Temperature Hybrid System
The operating conditions and performance for each case are represented in Table 6.1.

Table 6.1 Operating conditions and performance for the four VSA/Low-Temperature hybrid
carbon capture systems used for the techno-economic analysis.

Overall Process Performance

Overall Recovery Rate of Hybrid System % 79.4% | 85.1% | 90.0% | 94.7%
Total Shaft Work Required MW, 83 91 105 124
Specific Shaft Work Required GJ/t(CO») | 1.40 1.35 1.46 1.65

Decision Variables

Ethane Fraction () 0.45 0.30 0.37 0.46
Refrigerant Molar Flow mol/s 1.20 1.25 1.39 1.34
Min Process Temp C -53.5 | -564 | -48.7 |-51.8
Membrane Cut ) 0.16 0.28 0.39 0.31
Pre-LT Pressure kPa 2026 | 3079 | 2770 | 3871
VSA Purity % 79.8 67.3 64.9 64.5
VSA Recovery Rate % 75.4 85.9 91.1 91.8

The techno-economic parameters and methodology discussed in sub-chapter 3.4.4 was applied to each
set of optimum conditions to obtain the capital costs for the equipment shown in Table 6.2. This table
shows that the compressors are the most expensive equipment, which mirrors the energy requirement

of the hybrid carbon capture system.
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Table 6.2 Techno-economic summary of four VSA/Low-Temperature hybrid carbon capture

systems.
Overall Recovery Rate of Hybrid System 79.4% | 85.1% | 90.0% 94.7%
Low-Temperature Feed Compressors Capital Cost
(AS$ million) 44 46 53 60
Vacuum Pump Capital Cost (A$ million) 28 33 38 49
Refrigeration Compressors Capital Cost (A$ million) 12 12 14 15
Blower Capital Cost (A$ million) 1 4 3 2
VSA Vessel Capital Cost (A$ million) 2 2 2 2
Other Capital Cost (A$ million) 3 4 4 5
Total Equipment Capital Cost (A$ million) 91 101 114 133

The total equipment cost was used to determine total capital cost and the operating cost from the
factors displayed in Table 3.9 and Table 3.10. The loss in revenue was calculated from the energy
penalty and the storage cost was a factor of the amount of CO» captured from hybrid carbon capture
system. Finally, the levelised cost of electricity (LCOE) and the cost of CO, avoidance was
determined by evaluating all the economic parameters over the 25 years of the project. Figure 6.4 is a
graphical representation of the costs breakdown in present value (PV) as well as the LCOE and cost of

CO; avoidance.
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Figure 6.4 Costs breakdown in present value (PV), LCOE and cost of CO; avoidance for four
VSA/Low-Temperature hybrid carbon capture systems.

6-6



6.2.2 Membrane/ Low-Temperature Hybrid System
Three points on the Pareto Optimal front from the MOO results were chosen as possible operating

points for each of the two cases for Membrane/low-temperature hybrid carbon capture processes

obtained in Chapter 5. The operating performance and the corresponding decision variables for Case I

are shown in Table 6.3.

Table 6.3 Operating conditions and performance for the three Case I membrane/low-
temperature hybrid carbon capture systems used for the techno-economic analysis.

Overall Process Performance
Overall Recovery Rate of Hybrid ”, Case I -|Case I -|Case I -
System 85.6% 89.2% 95.1%
Total Shaft Work Required MW, 91 98 113
Specific Shaft Work Required GJJ/t(CO») | 1.34 1.38 1.50

Decision Variables

Membrane A Cut - 0.200 0.218 0.244
Membrane A Feed Pressure (kPa) 111 110 139
Membrane A Permeate Pressure (kPa) 10.0 10.0 10.1
Multi-Stage Compression Pressure (kPa) 2769 2898 2828
Refrigerant Molar Flow (mol/s) 1.530 1.501 1.522
Refrigerant Ethane Molar Fraction - 0.636 0.636 0.268
Low-Temp. Process Stream Outlet .
Temperature 9 -54.0 -53.9 -54.0
Membrane B Cut - 0.452 0.454 0.436

Table 6.4 represents the summary of techno-economic analysis for Case I, where the total capital cost

as well as the four main contributors of capital cost is shown. Similar to the VSA/low-temperature

hybrid carbon capture process, Figure 6.5 is the graphical representation of the costs breakdown in

present value (PV) as well as the LCOE and cost of CO, avoidance for Case 1.
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Table 6.4 Techno-economic summary of Membrane/Low-Temperature hybrid carbon capture
systems for Case 1.

Overall Recovery Rate of Hybrid | Case 1 -|Case 1 - Case I -
System 85.6% 89.2% 95.1%
Compressors Capital Cost (A$ million) 46 51 56

Vacuum Pump Capital Cost

(AS$ million) 24 26 29
Ref Comp Capital Cost (A$ million) 18 13 15
Blower Capital Cost (A$ million) 4.0 3.7 16.8
Other Capital Cost (A$ million) 6.5 11.5 8.6
Total Capital Cost (A$ million) 99 106 126
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Figure 6.5 Costs breakdown in present value (PV), LCOE and cost of CO; avoidance for three
operating conditions for Case I (Mixed Refrigerant) Membrane/Low-Temperature hybrid
carbon capture systems.

A techno-economic analysis was also performed for the membrane/low-temperature hybrid carbon
capture system using propane (Case II). The operating conditions used in the analysis and the

corresponding decision variables are shown in Table 6.5.
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Table 6.5 Operating conditions and performance for the three Case II membrane/low-

temperature hybrid carbon capture systems used for the techno-economic analysis.

Overall Process Performance
Overall Recovery Rate of Hybrid ”, Case II - | Case I Case I
System 84.9% 89.8% 95.3%
Total Shaft Work Required MW, 90 102 121
Specific Shaft Work Required GJ/t(CO») | 1.34 1.43 1.58

Decision Variables

Membrane A Cut - 0.201 0.221 0.203
Membrane A Feed Pressure (kPa) 112 114 114
Membrane A Permeate Pressure (kPa) 10.4 10.1 11.8
Multi-Stage Compression Pressure (kPa) 3274 3040 4053
Heat Exchanger Network Intermediate ¢0)
Temperature -5.054 -5.054 4.844
Low-Temp. Process Stream Outlet ¢0)
Temperature -34.7 -34.4 -29.0
Membrane B Cut - 0.526 0.552 0.498

Table 6.6 represents the summary of the equipment capital cost breakdown and Figure 6.6 is the

graphical representations of the summary and Case II.
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Table 6.6 Techno-economic summary of Membrane/Low-Temperature hybrid carbon capture
systems for Case II.

Overall Recovery Rate of Hybrid Case II - Case II - Case II -
System 84.9% 89.8% 95.3%
Compressors Capital Cost (A$ million) 52 59 75
Vacuum Pump Capital Cost (A$ million) 24 27 32
Ref Comp Capital Cost (A$ million) 11 12 13
Blower Capital Cost (A$ million) 3.8 4.8 3.3
Other Capital Cost (A$ million) 4.7 5.0 5.5
Total Capital Cost (A$ million) 97 108 129
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Figure 6.6 Costs breakdown in present value (PV), LCOE and cost of CO; avoidance for three
operating conditions for Case II (Propane Refrigerant) Membrane/Low-Temperature hybrid
carbon capture systems.

6.3 Techno-Economic Analysis Discussion

From the results obtained for the techno-economic analysis, it can be seen that the LCOE and cost of

avoidance follows the same trend of the total specific work requirement. The techno-economic results
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for each of the hybrid carbon capture processes at 90% overall CO; recovery rate is shown in Figure

6.7.
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Figure 6.7 Comparison of techno-economic performance for three hybrid carbon capture
processes at 90% overall CO; recovery rate.

At 90% overall recovery rate, the Case I membrane/low-temperature hybrid carbon capture system
has the lowest LCOE of 96 A$/MWh, followed by Case II membrane/low-temperature hybrid carbon
capture system (101 A$/MWh) and finally the VSA/low-temperature hybrid carbon capture system
has the highest LCOE at 106 A$/MWh. However, even at 96 A$/MWh, this is an increase in cost of
electricity of 56 A$/MWh, or more than double the current electricity price.

However, with an LCOE of 96 A$/MWh, the corresponding cost of CO, avoidance is 67 A$/t (CO»
avoided), which is competitive with the MEA solvent absorption retrofitted cost of CO, avoidance in
the literature. Xu et al. (2013) studied an MEA solvent absorption retrofitted to a supercritical power
generation power plant and determined a cost of avoidance of 57 $/t (CO, avoided). Converting the
US$ (2013) to the base case of A$(2011), the cost of avoidance from Xu et al. (2013) is approximately
74 A$/t (CO; avoided).

The economic performance of the hybrid processes follow the work requirement performance due to
the heavy reliance of the hybrid process on the compressors. It can be seen from the results that for
the three hybrid processes, around 85-95% of the capital costs are distributed in the compressors costs
(vacuum pumps, refrigeration compressor train, pre-compression train and blowers). Hence, reducing

the work requirement is paramount when aiming to reduce the cost of CCS for the hybrid carbon
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capture processes. This is further shown in Figure 6.8, where a techno-economic analysis was

performed on the improved membrane (Case 11S) used in the sensitivity analysis in section 5.2.4.

As discussed in section 5.2.4, the higher performing membrane (CO, Permeance = 1000 GPU and
CO,/N> Selectivity = 100) reduced the total work requirement and total specific work requirement of
Case I membrane/low-temperature hybrid process. As it can be seen in Figure 6.8, this resulted in a
reduction in LCOE (90 A$/MWh) with an overall recovery rate of 91.1%. On the other hand,
improving the CO, Permeance to 2000 GPU increased the LCOE to 106 A$/MWh for an overall
recovery rate of 91.2%. The increase in LCOE over the base case can be explained by the increase in

overall CO; recovery rate from 89.2% to 91.2%.

110
105
~ 100
=
2
$ 9%
_-‘:‘)‘
= 90
85
30

P=1000 GPU; a =50 P=2000 GPU: a=50 P=1000 GPU; o= 100
Recovery Rate = 89.2% Recovery Rate = 91.1% Recovery Rate = 91.2%

Figure 6.8 LCOE for three operating conditions for Case II (Propane Refrigerant)
Membrane/Low-Temperature hybrid carbon capture systems using three different membranes.
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7 Research Findings and Recommendations

According to the IPCC report (Metz 2005), the energy sector contributes to a large portion of the
carbon emissions and a wide range of technologies need to be implemented to make the progression
towards the low carbon dioxide emission; Carbon capture and storage is one of the technologies that
needs to be employed (Stocker et al. 2013). CCS projects are being implemented globally on a large
scale but more projects need to be initiated to meet the 2050 carbon emission target (Global CCS
Institute 2014). One of the major challenge in increasing the rate of projects being initiated is the
energetic and economic cost of implementing CCS in power stations. This research developed two
hybrid carbon capture processes with the aim to reduce the energetic and economic cost of the current

CCS processes.

The two hybrid processes that were developed are VSA/low-temperature separation hybrid carbon
capture processes and membrane/low-temperature separation hybrid carbon capture processes. The
processes were then evaluated using MOO and the energetic and economic performance were
compared to the MEA solvent absorption carbon capture processes. Finally, the effect of potential
improvement in membrane technology on the overall performance of the membrane/low-temperature

hybrid carbon capture processes were also studied.

7.1 Research Findings

Both the VSA/low-temperature separation hybrid carbon capture process and membrane/low-
temperature separation hybrid carbon capture processes show that they can achieve a high CO»
recovery rate and high CO, purity required for carbon sequestration, while also performing well in

terms of the energy consumption.

The MOO technique was used to obtain a range of overall CO, recovery rates and the matching
minimum total shaft work required to operate the hybrid capture processes along with the
corresponding operating decision variables. As expected, it was found that the minimum work
requirement increased when the overall CO; recovery rate was increased, which results in a range of

optimum operating conditions for the hybrid carbon capture processes.

In order to compare the hybrid carbon capture processes on the same baseline as other capture
processes, the total shaft work required was converted to the total specific shaft work required and
compared to an overall CO; recovery rate of 90%. The total specific shaft work required by the hybrid
capture process (GJ¢/t (CO; captured)) was obtained by dividing the total shaft work required (MW.)

by the corresponding amount of CO, being recovered for capture (kg/s).

This resulted in an optimum specific shaft work of 1.46 GJ./t (CO; captured) when 90.0 % of the CO»
is being recovered by the VSA/low-temperature hybrid process. Both Case I (mixed refrigerant) and
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Case II (propane refrigerant) for the membrane/low-temperature hybrid processes considered have an
optimum minimum specific work required of 1.38 GJ/t (CO, recovered) and 1.43 GJ./t (CO;

recovered) with an overall CO» recovery rate of 89.2% and 89.8% respectively.

It is to be noted that a comparable established MEA solvent absorption separation system with a
multi-stage compression system requires 4 Glu/t (CO, recovered), which converts to approximately
1.3 GJ/t (COs recovered). Therefore, both hybrid processes provide a highly competitive option to the
commercial MEA solvent absorption separation system on an energy requirement basis. Furthermore,
as shown in Table 7.1 the hybrid carbon capture processes always perform better than the individual

carbon capture processes in terms of the specific work required.

Table 7.1 Summary of specific work required results for hybrid processes compared with
individual carbon capture processes at 90% CO; recovery rate.

Individual Carbon Capture Processes
Carbon Capture Technology Units Value
MEA (Xu et al. 2013) GJo/t(CO, Captured) 1.32
VSA (Liu et al. 2012) Gle/t(CO; Captured) 2.37
Multi-Stage Membrane (Zhang, X, He & Gundersen 2013) GJo/t(CO; Captured) 2.00
Hybrid Carbon Capture Processes
VSA/Low-Temp GJe/t(CO;, Captured) 1.46
Memb/Low-Temp (Case I) GJe/t(CO;, Captured) 1.38
Memb/Low-Temp (Case II) GlJe/t(CO; Captured) 1.43

An overall exergy analysis of the VSA/low-temperature separation hybrid carbon capture system was
also performed while optimising the process using MOO. This allowed different key decision
variables to be varied to understand the effect that they have on the overall recovery rate and exergy
loss rate. It was determined that the multi-stage compression and the VSA recovery rate had the
biggest impact on the overall recovery rate. A minimum specific exergy loss of 1.6 GJ. per tonne of
CO; was found at a recovery rate of 95 % which is produced with a multi-stage compressor outlet

pressure of 1700 kPa to 2500 kPa and with a VSA recovery rate of between 95% and 96%.

It was observed that the total specific shaft work had a linear relationship with the specific exergy loss
rate. This is due to the fact that the compressors account for the majority of the exergy going into the
system as well as the total shaft work. It is recommended that an exergy analysis should be performed
on a solvent absorption capture process, where the exergetic requirement would come from both

compressors and thermal energy, and the results could then be compared to this hybrid process.

A techno-economic analysis was also performed on the hybrid carbon capture processes operating at

85%, 90% and 95% overall CO; recovery rate operating an optimum conditions obtained from the
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MOO. Table 7.2 represents the summary of results obtained for 90% overall recovery rate; Case I
membrane/low-temperature hybrid carbon capture system had the lowest LCOE of 96 A$/MWh,
followed by Case II membrane/low-temperature hybrid carbon capture system (101 A$/MWh) and
finally the VSA/low-temperature hybrid carbon capture system had the highest LCOE at 106
AS$/MWh. This results in doubling the price of electricity to implement CCS. However, it was found
that the cost of CO; avoidance is still lower than the cost of CO» avoidance when implementing MEA
solvent absorption. Finally, similar to energetic performance, the economic performance of the
membrane/low-temperature hybrid process was significantly improved by improving the CO»/N»
Selectivity from 50 to 100 resulting in an LCOE of 90 A$/MWh and cost of CO; avoidance of 64 A$/t
(CO; avoided).

Table 7.2 Summary of techno-economic results for hybrid processes compared with singular
carbon capture processes at 90% CO; recovery rate.

Cost of Avoidance

($/t(CO; Avoided))
MEA (Xu et al. 2013) 74
VSA/Low-Temp 78
Memb/Low-Temp (Case I) 67
Memb/Low-Temp (Case II) 72

7.2 Concluding Remarks

Hybrid carbon capture processes using technologies such as VSA, membranes and low-temperature
carbon separation have shown potential to be energetically and economically competitive with the
established MEA solvent absorption. The main advantages of the VSA processes, membrane
processes and low-temperature separation are that they require smaller equipment and simpler process
operating conditions compared to solvent absorption. The choice of which of the two systems should
be employed would probably be based on other factors, such as relative ease of operation or capital

cost.

VSA and membranes are still relatively new technologies compared to solvent absorption. Therefore,
the improvement in those technologies will be beneficial to the overall performance of the hybrid

technologies as was demonstrated in the results obtained in this study.

Finally, the process integration methodology used to assess and optimise the hybrid carbon capture
process demonstrated that hybrid carbon capture processes can operate over a wide range of
parameters. With the increase in decision variables, this systematic approach combined with MOO
allowed all the decision variables to be analysed individually and understand their effect on the

overall process. Hence, this methodology is not restricted to the carbon capture and storage field as it
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could also be used to assess and optimise other hybrid processes in other fields such as cryogenic

distillation.
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A. Carbon Capture Processes Framework

Table A.0. Flue gas composition following pre-treatment

Feed Conditions Units Value
Vapour Fraction - 1.00
Temperature (°O) 38
Pressure (kPa) 100
Molar Flow (kmol/h) 10,922
Mass Flow (kg/h) 405,818
Composition (mol frac)

CO; - 0.5716
N» - 0.4284

A.1 Vacuum Swing Adsorption (VSA) Process Simulation

The VSA equation used in the MOO simulation was derived from a set of simulation data obtained by

using a simulation of Zeolite 13X on Aspen Adsorption® simulation (Xiao & Webley 2013). The

VSA simulated was a 3-bed configuration is shown in Figure A.1 using the cycle organiser shown in

Table A.1. The VSA vessel was divided into two layers: a 0.2m Sorbead layer to remove the water

from the flue gas and 1m Zeolite 13X layer for the CO, capture.
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Figure A.1 Aspen Adsorption® simulation flowsheet & Adsorption bed configuration

Table A.1 Cycle organiser for three VSA columns: A, B and C. (RP — Re-pressurising; AD —

Adsorption; PE? - Increase Pressure; PE |

- Decrease pressurising; IDLE — Idle; EV — Stop Re-
pressurisation)

E I |

v v

| vi
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A |RP | AD PE1 |PE? |EV EV |PE| |IDLE |PE|
B |PE|l |IDLE [PE| |RP | AD PE1 |PE1 |EV EV
c |PET |[EV EV |[PE| |[IDLE [PE| |RP |AD PE 1

The model involves three input process conditions being varied (waste stream CO; concentration,
feed pressure and vacuum pressure) to determine the performance of the VSA according to three
output variables: product stream CO, concentration, VSA CO, recovery rate and the vacuum specific

power required. There were 27 different data points obtained; a sample of the data is shown in Table

A2.

Table A.2. VSA Aspen Adsim® simulation sample data points.

VSA Vacuum | Waste | Product COs Vacuum | Productivity | Productivity
Feed Pressure CO2 CO; Recovery Specific (mole (kg
Pressure (kPa) conc. conc. Rate (%) power COy/hr/kg COy/hr/kg
(kPa) (wet) (dry) (MJ/kg ads) ads)
CO»)
5 0.68% | 54.53% 98.64% 0.787 2.84 0.125
110 10 0.76% | 33.92% 96.12% 0.789 3.05 0.134
20 0.98% | 24.52% 96.25% 0.856 3.37 0.148

The total specific power required for the VSA process was determined in two steps:

1) Calculate the blower specific power required to increase the pressure of the flue gas to the
required VSA inlet pressure.

2) Add the blower specific power to the vacuum specific power to obtain the total specific power.
An equation representing the total specific power required as function of the product stream CO,
concentration and CO- recovery rate was obtained. This was achieved by selecting 6-10 data points
that gave the best total specific power, while having a high product stream CO> concentration or CO;
recovery rate and fitting a 3D surface curve to the points. This method discards the values that have
sub-par operating conditions to generate an equation for the best operating conditions of the VSA. In
order to fit the 3D surface curve, the Curve Fitting application on MATLAB® software was used.
This application allows the user to choose the polynomial order for each parameter (x and y),

determines the r-square value and also provides the coefficients to the equation.
Three cases with three set of data points were used to determine the VSA performance equation:

Case 1:

Number of data points: 6
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Polynomial order: f(x2, y')

Initially, six data points, as shown in Table A.3 were used to determine the performance of the VSA
over a small range of CO, recovery rate (x) and product CO, concentration (y). Those initial points

were chosen since it had high recovery rate and low specific power requirement.

Table A.3 Case 1 six data points used to determine the performance of VSA.

Product CO2 Conc. (%) | CO2 Recovered (%) | Vacuum + Blower Specific
Power (GJ/t CO2)
49.21 98.27 0.874
62.96 91.48 0.719
64.50 90.21 0.708
65.93 88.75 0.695
61.34 96.22 0.826
51.06 92.56 0.699

Two polynomial orders were possible with six data points: f(x% y') and f(x', y?). The polynomial
order with the highest r-square value was chosen; in this case it was f(x%, y'). The plots of the curve

fitting results are shown in Figure A.2 and Figure A.3 and the equation obtained is:

x,¥y) =6.61—0.175x + 0. + 0. x“ — 0. X A
(x,¥) = 6.61 — 0.175x + 0.0374y + 0.00118x2 — 0.000366xy Eq. A.1

Where fis the total specific power required for the VSA
x is the CO; recovery rate and
y is the product CO; concentration.

As it can be seen from Figure A.2 and Figure A.3(b), the total specific shaft work increases with
increasing product CO» concentration and increasing CO» recovery rate. The residual errors are also
negligible, which corresponds to the high r-square value of 0.999. Therefore, this shows that equation
A.1 can be used to accurately simulate the specific power requirement of the VSA within that product

CO; concentration and CO, recovery rate range.
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® TotalSpecificPower vs. CO2 Recovery Rate, Product CO2 Concentration

Total Specific Power (GJ/t(C0O2))

N A e 30
88 89 90 91 92 93 94 95 96 97 98 99
Product CO2 Concentration (%)

CO2 Recovery Rate (%)

Figure A.2. Plot of 3-D Surface curve fitting of total specific work required (GJ/t(CO3)) vs
product CO; concentration (%) vs CO; recovery rate (%) for Case 1 (6 data points) using
MATLAB® software with polynomial order x> & y'.

®  Total Specific Work vs. CO2 RR, Product CO2 Conc.{
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Figure A.3. (a) Contour plot of total specific work required (GJ/t(CQO>)) as a function of product
CO; concentration (%) and CO; recovery rate (%) for Case 1 (6 data points) using MATLAB®
software with polynomial order x*> & y'. (b) Residual error plot of the total specific work
required (GJ/t(CO2)) with polynomial order x*> & y' and the Aspen Adsim® data for Case 1 (6
data points) using MATLAB® software.

Case 2:

Number of data points: 8

Polynomial order: f(x?, y?) and f(x%, y')
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In order to increase the range of the equation, two more points were added to the 6 points from case 1,
as shown in Table A.4. Since the number of points was increased for case 2, a higher polynomial
order of f(x?, y') or f(x?, y?) could be used. However, as it can be seen from Figure A.4 and Figure A.5,
both polynomials provided an unexpected surface plot as the total specific work would decrease with
increasing product CO, concentration. This relationship would not be accurate for a VSA process as
increasing the product CO, concentration would require an increase in power requirement. This
inaccuracy can be due to two main reasons: there are not enough data points over the increased range
of x and y to predict the correct function or one or two experimental data points that was added were

outliers. Hence, more data points were added in case 3 to improve the function.

Table A.4 Case 2 eight data points used to determine the performance of VSA.

Product CO2 Conc. (%) | CO2 Recovered (%) | Vacuum + Blower Specific
Power (GJ/t CO2)
49.21 98.27 0.874
62.96 91.48 0.719
64.50 90.21 0.708
65.93 88.75 0.695
61.34 96.22 0.826
51.06 92.56 0.699
73.60 81.59 0.666
79.55 64.26 0.623
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Figure A.4. Case 2 (8 data points) using MATLAB® software with polynomial order x* & y' (a)
Plot of 3-D Surface curve fitting of total specific work required (GJ/t(CO,)) vs product CO;
concentration (%) vs CO; recovery rate (%). (b) Contour plot of total specific work required
(GJ/(COy)) as a function of product CO; concentration (%) and CO; recovery rate (%).
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Figure A.5. Case 2 (8 data points) using MATLAB® software with polynomial order x* & y*(a)
Plot of 3-D Surface curve fitting of total specific work required (GJ/t(CO,)) vs product CO;
concentration (%) vs CO; recovery rate (%). (b) Contour plot of total specific work required
(GJ/(COy)) as a function of product CO; concentration (%) and CO; recovery rate (%).

Case 3:

Number of data points: 10

Polynomial order: f(x%, y?) and f(x*, y')

In order to increase the range of the equation, two more points were added to the 6 points from case 1,

as shown in Table A.5.

Table A.5 Case 3 ten data points used to determine the performance of VSA.

Product CO2 Conc. (%) | CO2 Recovered (%) | Vacuum + Blower Specific
Power (GJ/t CO2)
49.21 98.27 0.874
62.96 91.48 0.719
64.50 90.21 0.708
65.93 88.75 0.695
61.34 96.22 0.826
51.06 92.56 0.699
44.42 67.25 0.862
88.87 67.22 0.957
54.14 75.06 0.678
34.88 75.77 0.639
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Similar to case 2, higher number of points allowed a high polynomial order of f(x3, y') or f(x2, y?) to
be used. It should be noted that while a higher polynomial order of f(x?, y*) could be used, higher
polynomial order increase the complexity of the equation, which increases the computational time
when doing the simulation in Aspen HYSYS®. Furthermore, f(x?, y?) polynomial order produced a
steep curve and had very small coefficients (approximately 10°), which indicates that this polynomial

order is not adequate for the VSA equation.

Figure A.6 and Figure A.7 shows the results for the f(x?, y*) polynomial fit and the equation obtained

1s:

f(x,y) = 8.25 — 0.183x — 0.00443y + 0.00109x2 + 0.0000472xy + 0.0000254y>  Eq.
A2

Where fis the total specific power required for the VSA
x is the CO; recovery rate and
y is the product CO; concentration.

Figure A.8 and Figure A.9Figure A.7 shows the results for the f(x’, y') polynomial fit and the

equation obtained is:

f(x,y) =6.407 — 0.116x — 0.00600y + 0.000231x* — 0.000187xy + 3.68 X 10 °x> —
9.90 x 10~ 7x%y Eq. A3

Where fis the total specific power required for the VSA
x is the CO; recovery rate and
y is the product CO; concentration.

Both polynomial orders provide a good representation of a VSA process, with total specific work
increasing with increasing product CO, concentration, while the CO, recovery rate has an optimum
minimum. However, f(x?, y') has very low co-efficient, which confirms that the higher order x* is not

necessary. Therefore, f(x%, y?) is the preferred equation for any further VSA process simulations.
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Figure A.6 Case 3 (10 data points) using MATLAB® software with polynomial order x> & y*
plot of 3-D Surface curve fitting of total specific work required (GJ/t(CO2)) vs product CO,

concentration (%) vs CO; recovery rate (%).
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Figure A.7 Case 3 (10 data points) using MATLAB® software with polynomial order x* & y*(a)
Contour plot of total specific work required (GJ/t(COy)) as a function of product CO;
concentration (%) and CO; recovery rate (%). (b) Residual error plot of the total specific work

required (GJ/t(COy)).




{ ®*  Total Spec. Power vs. CO2 RR, Product CO2 Conc. {

1.05

—_
—_
!

0.95

—_
!

0.9
09—+ 0.85
08 — 0.8

074 0.75

0.7

06—

Total Specific Power (GJ/t(COz))

0.65
0.6

Product CO,, Concentration (%) 40 7 70
CO2 Recovery Rate (%)

Figure A.8 Case 3 (10 data points) using MATLAB® software with polynomial order x* & y!
plot of 3-D Surface curve fitting of total specific work required (GJ/t(CO»)) vs product CO;
concentration (%) vs CO; recovery rate (%).
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Figure A.9 Case 3 (10 data points) using MATLAB® software with polynomial order x> & y!(a)
Contour plot of total specific work required (GJ/t(CQO,)) as a function of product CO;
concentration (%) and CO; recovery rate (%). (b) Residual error plot of the total specific work
required (GJ/t(CO»)).
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A.2 Membrane Process Simulation

Membrane processes throughout this thesis was simulated on Aspen HYSYS® using a membrane
module provided by Cuthbertson, Scholes and Kentish (2010). This membrane module was created
using Microsoft Visual Basic® to simulate the performance of a membrane in Aspen HYSYS® as
well as provide an interface for the user to insert the different design parameters and choose one of the
four flow regimes for the membrane process: fully mixed, cross-flow, co-current flow and counter-
current flow. The process flow chart and the equations used to simulate each flow regimes is shown in

Figure A.11.

Cuthbertson, Scholes and Kentish (2010) compared their model to the literature (Coker, Freeman &
Fleming 1998). The results are shown in Figure A.10 and show that the mode values matches the

literature values.

Comparison of Model to Literature
*Source: Coker, D. T., Freeman, B. D., & Fleming, G. K. {1998}. “Modeling multicomponent gas separation using
holluw-libenmembrane conlaclons” AICHE Juwinul, 44, 12839
100%
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Figure A.10 Graph representing the comparison of Aspen HYSYS® Membrane model vs
literature (Cuthbertson, Scholes & Kentish 2010).

Using the membrane model on Aspen HYSYS®, the membrane structural optimisation was

performed using MOO using different feed conditions to optimise two objective variables:

i.  Maximise CO; outlet purity coming out from the membrane system

ii.  Minimise the total specific shaft work required from the membrane system.
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Figure A.11 Process Flow Chart for Membrane Module in Aspen HYSYS®
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CO: outlet purity and CO; recovery rate are the two main parameters that govern the performance of
the membrane unit. Therefore, those two parameters needed to be incorporated in the objective
variables. The CO; outlet purity was selected as the first objective variable and the CO, recovered was
incorporated in the second objective variable: total specific shaft work, which is the ratio of the total
shaft work required by the same to the mass flow rate of the CO, recovered. Hence, this allowed the

membrane unit to be optimised through the two main parameters and the amount of work required.
Four membrane structures were considered for the membrane process are as follows:

i.  Single-stage membrane
ii.  Two-stage membrane with the second membrane on the permeate side
iii. ~ Two-stage membrane with the second membrane on the retentate side
iv.  Two-stage membrane with an additional two membranes on the permeate side and retentate

side of the first membrane respectively with one recycle stream on the permeate side
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Figure A.12 Pareto Front of membrane structure MOO.
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As it can be seen in the Pareto Optimal Front obtained for the membrane structural optimisation in
Figure A.12, at CO, purity below 75%, the one stage membrane has the best performance and at
higher CO; outlet purity, the two-stage membrane with an additional two membranes on the permeate
side and retentate side of the first membrane respectively with one recycle stream on the permeate

side has the best Pareto Front.

Therefore, if only the optimum operating conditions from both of those processes were selected, the

optimum Pareto Front would be as shown in Figure A.13
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Figure A.13 Optimum Pareto Front of membrane structure MOO.
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A.3 Low-Temperature Separation Process Simulations

The final hybrid carbon capture processes in the thesis used mixed ethane/propane refrigerant and
propane only refrigerant for the liquefaction and compression of CO,. The comparison of the
performance of liquefaction and compression versus the conventional multi-stage compression was

also studied.

Multi-stage compression has been the most common method to compress CO, for sequestration.
Therefore, they have been extensively studied in the literature, where different models were
developed to simulate the process using different software (Pfaff, Oexmann & Kather 2010;
Sanpasertparnich et al. 2010; Amrollahi, Ertesvag & Bolland 2011). In particular, Amrollahi, Ertesvag
and Bolland (2011) used UNISIM software (2008) to model a CO, compression cycle and determined

the exergetic efficiency of the multi-stage compressors.

In this research case, the configuration of the multi-stage compression can be seen in Figure A.14.
The stream is assumed to be the exhaust stream of a post-combustion process which has been purified
using a separation process. The stream has a CO, molar fraction of 0.80 and enters the compression
unit at 1 bar, 38°C. The stream is then compressed to 110 bar in four compressor stages (isentropic
efficiency of 80%) with inter-cooling using cooling water. The cooling water is at 25°C and the heat

exchangers have a AT of 5°C.

1.0B 2B
S s

34.0 Bar 110 Bar

Figure A.14 Schematic diagram of conventional CO; multi-stage compression.

CO; liquefaction process is less common due to the simplicity of the multi-stage compression process.
However, the liquefaction process provides more degrees of freedom such as varying the pressure at
which the CO; is liquefied and the minimum temperature of the refrigeration system. (Aspelund,
Molnvik & De Koeijer 2006) and Moore and Nored (2008) studied CO» liquefaction for ship transport

where they varied the liquefaction pressures and cooling system.

In this research, the inlet stream was compressed to 24 bars before being cooled down to around to -
40°C, depending on the refrigeration system used. Some additional cooling was achieved by

expanding the non-liquefied gas stream. The CO> liquid is then pumped to above its critical pressure
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to 110 bar and then reheated through heat integration with other process streams as can be seen in

Figure A.15.

1.0 Bar 3.2 Bar 10.5 Bar 24.0 Bar
2 feed ’ ~ ~ LA
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Figure A.15 CO; Liquefaction process schematic diagram for propane refrigeration system

In this process, there are two main parameters that determine the purity of CO> in the transport stream:
the compression pressure and the lowest temperature reached through the refrigeration system. Since
the pressure was set to 24 bars, the refrigeration temperature determines the amount CO, that is

transported for sequestration.

Therefore, the refrigeration system is a major source of work input due to the low temperatures
required to liquefy the CO,. There were three types of refrigeration system in this case: propane
refrigeration system, propene refrigeration system and a binary mixed refrigerant propane and ethane
refrigeration system. The refrigeration heat exchangers were assumed to have AT of 2°C to optimise
the CO, of the recovery of the process. (The Aspen HYSYS® simulations process flow diagram (PFD)
can be found in the Appendix)

e Propane Refrigeration System

Propane refrigerant is commonly used in the natural gas industry to meet the chilling duty required to
separate out LPG and as an intermediate refrigerant in LNG processes. A standard propane cascade
refrigeration cycle cools the process stream to -40°C followed by residue gas expanders to reduce

temperature to -43°C, which is yields a recovery of 84.8% of CO; in the feed stream.



There are various configuration of propane refrigeration system available and the three variations of
the refrigeration cycles considered in this case were: three-stage refrigeration cycle, four-stage

refrigeration cycle and four-stage refrigeration cycle with sub-cooling.
e Propene Refrigeration System

In order to increase the percentage recovery of the CO,, propene refrigerant was chosen due to its
similar attributes to propane. Propene allows the process stream to be chilled to -45°C followed by
expanders which reduce the temperature to -48°C and this allowed the recovery to be increased to
87.1%. However, in order to achieve this lower liquefaction temperature, propene needs to be
compressed to higher pressures before it is condensed, which increases the compression duty in the

refrigeration cycle. Similar configurations to propane refrigeration system were used in this case.
e Mixed Refrigeration System

The mixed refrigerants refrigeration systems are also used in the LNG process industry (Hatcher,
Khalilpour & Abbas 2012). In a mixed refrigerant process, the process stream is cooled in stages,
where the refrigerant is separated from its liquid and gaseous phases after each stage. The liquid
refrigerant is then cooled and flashed across a valve using the Joule-Thompson effect, causing a

temperature drop. (Shukri 2004; Hatcher, Khalilpour & Abbas 2012)

In this case study, it was found that 50 mole % of propane and 50 mole % of ethane provided the
optimum performance. The lowest temperature reached in the process stream was -45°C (without the

need for chilling using the expanders) with a recovery of 84.9%.

The first set of results is the comparison of the propane refrigeration system against the propene
refrigeration system. For the propane refrigeration system, both a 3 stage refrigeration system and a 4
stage refrigeration system were studied and similarly for the propene refrigeration system. The
minimum work required and the exergy loss rate was calculated and can be seen in Figure A.16. The
two refrigeration systems are observed to have very similar results and the two propene refrigeration
systems vary significantly in terms of minimum work required. The 3 stage propene refrigeration
system has the highest minimum work required, but the 4 stage propene refrigeration system has the
lowest minimum work required. Since, the propene refrigeration systems have the lowest exergy lost
rate, it was then decided that the 4 stage refrigeration system would be used in the future optimisation
of pure refrigeration systems. Therefore, the four stage propene system was further optimised by
including sub-cooling in the refrigeration system by making better use of cold stream available in the

process.



Comparison of propane refrigeration system
v/s propene refrigeration system
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Figure A.16 Comparison of propane refrigeration system v/s propene refrigeration system

This optimised propene refrigeration system with sub-cooling was then compared to the mixed

refrigerant case, for liquefaction of CO, and the standard four-stage compression of CO, and the

results can be seen in Figure A.17.

It can be seen that multi-stage compression has the minimum work required as well as the minimum
exergy loss rate. However, the minimum work required for the four-stage propene with sub-cooling is
only 6.3% more than the minimum work required for the compressor. In terms of exergy loss rate,
mixed refrigerant was 9% higher than the compressor exergy loss rate. Therefore, further studies were

be made to reduce the energy consumption of the mixed refrigeration process in the hybrid carbon

capture processes by applying MOO.
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Figure A.17 Comparison of four cryogenic liquefaction of CO; v/s compressor of CO..




A.4 Cooling Water Calculations
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Figure 1. Performance characteristic nomograph,

Figure A.18 GPSA handbook (GPSA 2004) temperature data to determine the cooling water



B. Simulation Results

B.1 VSA/Low-Temperature Separation Hybrid Carbon Capture

Results

MOO

Table B.1 Final MOO results that were used to plot the Pareto charts in Chapter 4 (VSA/low-

temperature separation hybrid carbon capture) of the thesis.

Decision Variables Objective Variables
Low-
Temp

Refrigerant Process VSA

Ethane Stream Multi-Stage CO2 VSA CO2 | Total

Molar Refrigerant ~ Outlet Compression Membrane  Outlet Recovery | Work Recovery

Fraction Molar Flow  Temp. Pressure Cut Purity Rate (kWe) Rate
0.41 1.07 -56.66 0.05 1318 0.73 0.75 72180 0.52
0.41 1.07 -56.82 0.05 1318 0.73 0.75 72222 0.53
0.39 1.06 -56.22 0.05 1366 0.74 0.75 72254 0.54
0.41 1.14 -55.68 0.03 1402 0.76 0.75 73004 0.56
0.37 1.12 -55.40 0.09 1405 0.78 0.76 73026 0.60
0.37 1.11 -56.92 0.14 1456 0.79 0.74 73520 0.64
0.39 1.14 -56.42 0.20 1378 0.81 0.75 73794 0.67
0.39 1.14 -56.42 0.22 1570 0.81 0.75 74659 0.69
0.39 1.15 -56.40 0.22 1570 0.81 0.75 74797 0.69
0.37 1.11 -56.72 0.19 2224 0.78 0.74 76572 0.71
0.28 1.18 -53.78 0.35 1723 0.77 0.79 77050 0.75
0.28 1.18 -53.78 0.35 1723 0.77 0.79 77069 0.75
0.22 1.18 -48.12 0.37 3769 0.79 0.77 81158 0.77
0.25 1.17 -53.68 0.27 3355 0.76 0.79 81205 0.78
0.30 1.14 -53.78 0.35 3259 0.77 0.79 81310 0.79
0.30 1.14 -53.78 0.34 3259 0.77 0.79 81434 0.79
0.30 1.14 -53.78 0.35 3259 0.77 0.79 81611 0.79
0.30 1.26 -53.78 0.28 3739 0.77 0.80 83346 0.79
0.28 1.26 -55.24 0.29 2788 0.72 0.82 84149 0.81
0.29 1.15 -52.84 0.36 3751 0.73 0.82 86361 0.82
0.28 1.20 -40.24 0.46 3457 0.71 0.83 89620 0.83
0.27 1.24 -51.76 0.46 3457 0.71 0.83 89924 0.83
0.30 1.25 -56.40 0.28 3079 0.67 0.86 90767 0.85
0.30 1.25 -56.40 0.28 3079 0.67 0.86 90873 0.85
0.26 1.29 -52.88 0.37 3262 0.69 0.87 93259 0.86
0.25 1.29 -53.96 0.35 3619 0.69 0.87 93661 0.86
0.26 1.29 -52.88 0.37 3514 0.69 0.87 94013 0.86
0.26 1.29 -54.16 0.37 3466 0.69 0.87 94224 0.86
0.26 1.29 -52.88 0.37 3466 0.69 0.87 94260 0.87
0.25 1.21 -53.80 0.35 3619 0.67 0.87 94664 0.87
0.35 1.33 -53.70 0.37 3274 0.67 0.87 96755 0.87
0.32 1.22 -52.42 0.35 3811 0.66 0.88 97212 0.88
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0.29
0.29
0.29
0.29
0.35
0.37
0.20
0.23
0.35
0.35
0.29
0.26
0.26
0.35
0.23
0.33
0.33
0.34
0.39
0.25
0.25
0.39
0.27
0.27
0.38
0.41
0.38
0.41
0.49
0.49
0.49
0.33
0.33
0.33
0.33
0.33

1.46
1.39
1.46
1.29
1.39
1.39
1.39
1.46
1.39
1.39
1.40
1.49
1.49
1.56
1.26
1.47
1.47
1.57
1.40
1.49
1.49
1.49
1.42
1.42
1.58
1.58
1.58
1.64
1.65
1.65
1.65
1.53
1.53
1.57
1.57
1.57

-55.14
-55.14
-55.14
-49.38
-48.72
-48.74
-44.90
-47.50
-48.74
-48.74
-53.84
-44.62
4746
-58.44
42.04
-55.76
-55.76
-52.28
-58.40
-53.72
-53.72
-55.56
-50.74
-50.74
-55.86
-54.68
-55.86
-52.90
-54.20
-52.90
-52.90
-54.36
-54.34
-54.18
-54.20
-54.20

0.35
0.35
0.35
0.35
0.39
0.39
0.48
0.48
0.48
0.48
0.46
0.41
0.39
0.25
0.39
0.36
0.36
0.35
0.25
0.34
0.34
0.35
0.34
0.34
0.34
0.41
0.34
0.46
0.46
0.46
0.44
0.61
0.61
0.61
0.65
0.65

3085
3085
3085
3472
2674
2770
2722
2752
2674
2674
2971
3424
3805
3775
3904
3127
3133
3898
3766
3979
3979
3892
3628
3628
3628
2746
3628
2527
2527
2527
3295
2719
2719
2725
2530
2530

0.67
0.67
0.67
0.66
0.65
0.65
0.65
0.65
0.65
0.65
0.65
0.64
0.64
0.61
0.62
0.61
0.61
0.59
0.61
0.58
0.58
0.58
0.56
0.56
0.56
0.58
0.57
0.57
0.58
0.57
0.57
0.55
0.55
0.55
0.55
0.55

0.88
0.89
0.89
0.90
0.91
0.91
0.91
0.91
0.91
0.91
0.91
0.92
0.93
0.93
0.94
0.95
0.95
0.95
0.97
0.97
0.97
0.97
0.98
0.98
0.97
0.98
0.98
0.98
0.98
0.98
0.98
0.99
0.99
0.99
0.99
0.99

97948

99551
100038
101674
104249
104756
106232
106676
106951
107441
107557
111178
113020
114760
115387
117100
117398
123820
125467
129005
129028
130595
131511
131557
133603
134162
136790
137076
137407
138502
141486
150002
150093
150914
153123
153710

0.88
0.89
0.89
0.90
0.90
0.90
0.91
0.91
0.91
0.91
0.91
0.92
0.93
0.93
0.93
0.94
0.94
0.95
0.96
0.96
0.96
0.97
0.97
0.97
0.97
0.98
0.98
0.98
0.98
0.98
0.98
0.98
0.98
0.98
0.98
0.98

B-2




B.2 Membrane/Low-Temperature Separation Hybrid Carbon Capture MOO

Results

This appendix sub-section will display the tables of data used to determine the graphs shown

throughout the thesis.

B.2.1 Casel (Mixed Refrigerant) Results

Table B.2 Final MOO results that were used to plot the Pareto charts in Chapter 5
(membrane/low-temperature separation hybrid carbon capture — Case I) of the thesis.

Decision Variables Objective Variables
Low-
Temp

Refrigerant Process

Ethane Refrigerant ~ Stream Multi-Stage ~ Memb Memb A Total

Molar Molar Outlet Membrane Compression A Feed  Permeate Memb | Work Recovery

Fraction Flow Temp. B Cut Pressure Pressure  Pressure A Cut | (MWe)  Rate
0.46 1.92 -52.64 0.45 3987 116.51 10.09 0.37 169 1.00
0.65 1.89 -54.63 0.44 3317 110.18 10.09 0.37 164 1.00
0.63 1.64 -54.01 0.45 3629 113.34 10.09 0.37 163 1.00
0.31 1.64 -52.76 0.45 3583 113.34 10.09 0.35 153 1.00
0.29 1.51 -52.99 0.45 3242 110.53 10.18 0.35 147 0.99
0.30 1.52 -54.63 0.45 3704 115.81 10.35 0.33 144 0.99
0.26 2.27 -54.05 0.44 3108 116.16 10.44 0.32 141 0.99
0.28 2.27 -53.97 0.43 3280 110.53 10.09 0.29 132 0.98
0.29 1.44 -54.49 0.45 3465 113.96 10.53 0.29 127 0.98
0.45 1.57 -51.51 0.45 3398 110.88 10.70 0.28 124 0.97
0.32 1.70 -52.60 0.45 2804 127.51 10.53 0.26 118 0.96
0.27 1.52 -54.01 0.44 2828 138.77 10.09 0.24 113 0.95
0.30 1.58 -54.02 0.43 2804 110.18 10.44 0.26 109 0.94
0.27 1.59 -54.01 0.44 2871 112.99 10.26 0.25 106 0.94
0.63 1.63 -54.01 0.45 2941 110.18 10.00 0.23 104 0.91
0.64 1.50 -53.93 0.45 2898 110.26 10.00 0.22 98 0.89
0.25 1.50 -51.68 0.44 2575 113.34 10.00 0.21 92 0.88
0.64 1.53 -54.01 0.45 2769 110.88 10.00 0.20 91 0.86
0.32 1.27 -52.64 0.44 3882 116.60 10.26 0.19 86 0.83
0.46 1.40 -53.85 0.44 2495 111.14 10.18 0.19 82 0.82
0.43 1.46 -51.67 0.35 2554 111.14 10.00 0.18 78 0.79
0.29 1.58 -54.16 0.40 1866 113.26 10.26 0.18 76 0.78
0.26 1.56 -52.76 0.43 2554 112.99 10.00 0.16 72 0.74
0.24 1.63 -50.18 0.35 2597 112.90 10.00 0.16 70 0.72
0.26 1.63 -52.68 0.43 2253 113.08 10.00 0.15 67 0.70
0.26 1.63 -52.68 0.43 2253 113.08 10.18 0.15 67 0.70
0.31 1.02 -53.97 0.43 3231 110.18 10.09 0.14 62 0.68
0.52 1.13 -54.10 0.47 1882 110.88 10.00 0.14 59 0.66
0.31 1.02 -53.97 0.43 1930 116.60 10.26 0.13 55 0.63
0.30 1.02 -51.64 0.44 1930 111.23 10.09 0.13 54 0.63
0.32 1.03 -53.82 0.43 2358 111.23 10.35 0.12 51 0.59
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0.27 1.02 -53.81 0.44 1919 110.00 10.09 0.12 49 0.58
0.31 0.84 -52.59 0.38 2828 111.32 10.53 0.11 48 0.56
0.31 0.78 -52.60 0.24 2828 110.62 10.62 0.11 45 0.52
0.34 0.76 -51.28 0.15 2895 110.79 10.09 0.11 45 0.50
0.33 0.80 -53.77 0.33 1573 111.14 10.44 0.11 43 0.49
0.47 0.92 -54.37 0.45 1879 110.70 10.00 0.09 40 0.46
0.31 0.72 -54.80 0.20 3231 111.23 10.26 0.09 39 0.45
0.29 0.70 -51.58 0.34 2210 111.23 11.41 0.09 36 0.42
0.26 0.71 -54.17 0.25 2839 111.32 10.09 0.08 34 0.40
0.31 0.84 -52.60 0.31 2828 110.53 10.26 0.07 34 0.38
0.32 0.72 -54.48 0.31 2199 112.64 10.26 0.07 32 0.37
0.24 0.51 -50.18 0.35 3414 112.90 10.00 0.07 30 0.35
0.31 0.53 -54.18 0.42 2812 111.32 10.53 0.06 28 0.33
0.24 0.58 -50.11 0.15 2726 111.14 10.26 0.07 28 0.31
0.29 0.59 -54.16 0.37 1559 111.06 10.53 0.06 26 0.30
0.31 0.53 -54.18 0.15 2726 111.32 10.26 0.06 26 0.29
0.31 0.59 -53.23 0.38 2118 111.32 10.26 0.05 24 0.26
0.29 0.59 -54.16 0.37 1559 111.06 10.53 0.05 22 0.25
0.27 0.53 -53.86 0.28 2210 111.32 21.44 0.05 21 0.17
B.2.2 Case II (Mixed Refrigerant) Results
Table B.3 Final MOO results that were used to plot the Pareto charts in Chapter 5
(membrane/low-temperature separation hybrid carbon capture — Case II) of the thesis.
Decision Variables Objective Variables
Low-Temp
Refrigerant Process Multi-Stage ~ Memb Memb A Total
Ethane Molar ~ Stream Outlet =~ Membrane Compression A Feed Permeate Memb A Work Recovery
Fraction Temp. B Cut Pressure Pressure  Pressure  Cut (MW)
-7.01 -34.44 0.57 3343 111.58 10.26 0.41 199 1.00
-5.44 -34.51 0.57 3978 111.23 10.09 0.39 192 1.00
-10.14 -34.43 0.57 3274 110.62 10.26 0.39 184 1.00
-6.81 -33.82 0.57 3939 110.70 10.26 0.36 177 1.00
-11.31 -33.25 0.57 3352 136.92 10.26 0.34 171 1.00
-5.08 -33.80 0.53 3665 133.05 10.26 0.33 162 1.00
-9.99 -33.82 0.57 3308 112.11 10.26 0.33 157 0.99
-5.44 -34.19 0.57 3123 112.99 10.18 0.32 152 0.99
-3.49 -33.41 0.52 3900 110.18 10.26 0.31 145 0.99
-3.54 -33.41 0.52 3900 111.58 10.00 0.30 141 0.98
-3.88 -34.51 0.53 3274 110.18 10.00 0.31 138 0.98
-10.14 -33.25 0.57 3352 110.18 10.26 0.29 135 0.97
-3.49 -34.68 0.53 3274 114.40 10.09 0.28 128 0.97
-8.21 -34.50 0.53 3665 133.23 10.09 0.26 126 0.96
-3.93 -34.81 0.53 3900 110.79 10.00 0.26 119 0.95
-5.49 -34.51 0.57 3269 110.53 10.18 0.25 119 0.94
-10.14 -34.81 0.53 3900 110.00 10.00 0.24 113 0.93
-8.77 -34.44 0.57 2825 111.76 10.26 0.24 108 0.91
-3.29 -33.80 0.57 3093 111.76 10.09 0.23 106 0.91
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-5.05
-3.88
-3.88
-5.05
-5.47
-12.68
-5.05
-3.29
-3.88
-11.51
-6.81
-6.81
-8.43
-3.69
-3.29
-11.31
-12.87
-2.76
-3.98
-3.29
-3.49
-6.62
-3.49
-3.51
-10.53
-9.77
-3.49
-3.49
-3.49
-3.49
-5.44

-34.43
-34.52
-34.81
-34.75
-34.50
-34.98
-34.81
-34.42
-34.53
-34.55
-34.81
-34.81
-34.50
-34.81
-34.82
-33.88
-34.52
-34.51
-34.49
-34.65
-34.49
-34.81
-34.61
-34.52
-34.60
-34.58
-33.81
-34.90
-34.90
-34.90
-34.74

0.55
0.57
0.53
0.53
0.44
0.45
0.53
0.57
0.53
0.57
0.48
0.44
0.45
0.57
0.49
0.57
0.53
0.49
0.53
0.45
0.44
0.45
0.53
0.45
0.53
0.37
0.53
0.49
0.49
0.49
0.40

3040
3264
3274
3274
3665
3582
2917
3328
3269
2942
3548
3577
3274
3587
3587
3035
3348
3269
3274
3910
3548
2957
3587
3665
3607
3582
3230
3582
3582
3582
3020

114.31
134.46
111.94
111.94
110.70
111.94
112.46
111.94
114.40
111.58
110.70
110.88
110.18
110.00
110.35
114.57
110.18
111.58
110.53
111.58
111.58
110.18
111.58
110.88
112.29
112.29
110.35
110.18
110.18
110.18
110.53

10.09
10.26
10.09
10.44
10.09
10.09
10.09
10.09
10.26
10.79
10.09
10.00
10.09
10.09
10.09
10.09
10.00
10.00
10.00
10.26
10.18
10.00
10.26
10.09
10.26
10.26
10.00
11.50
11.50
11.50
10.00

0.22
0.20
0.21
0.20
0.20
0.19
0.17
0.16
0.16
0.16
0.15
0.15
0.15
0.14
0.13
0.13
0.12
0.12
0.11
0.10
0.09
0.09
0.08
0.08
0.08
0.08
0.07
0.06
0.06
0.06
0.05

102
101
95
91
87
82
78
75
73
71
66
65
63
62
59
59
54
51
49
45
41
39
37
35
35
33
30
27
27
27
22

0.90
0.88
0.87
0.85
0.83
0.80
0.78
0.75
0.74
0.72
0.70
0.69
0.68
0.66
0.65
0.63
0.61
0.58
0.55
0.51
0.48
0.46
0.42
0.41
0.40
0.38
0.36
0.31
0.31
0.31
0.25

B.3 Pinch Analysis Results

B.3.1 VSA/Low-Temperature Separation Hybrid Carbon Capture Process Heat Curve

Results

Table B.4 Heat curve data used to determine the heat composite curves and grand composite
curves in Chapter 4 of the thesis.

-49.0

-48.1
-47.4
-47.4

2.19E+07

2.66E+07
3.00E+07
3.04E+07

Start | -45.0
LNG

1 -43.7

-42.8

-42.7

2.19E+07

2.66E+07
3.00E+07
3.04E+07

*Continuation from LNG 1

-22.7

-22.4
-21.7
-19.9
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9.58E+07

9.61E+07
9.66E+07
9.80E+07

-19.3

-19.0
-18.2
-16.3

9.58E+07

9.61E+07
9.66E+07
9.80E+07




-46.8
-46.3
-46.3
-46.3
-46.0
-45.6
-45.5
-45.3
-45.1
-45.0
-44.9
-44.8
-44.7
-44.7
-44.7
-44.7
-44.6
-44.6
-44.6
-44.7
-44.7
-44.7
-44.8
-44.6
-44.5
-43.1
-41.7
-39.9
-38.7
-36.8
-35.7
-35.5
-34.5
-32.2
-31.3
-31.1
-28.8
-28.7
-27.2
-26.9
-25.6

3.41E+07
3.75E+07
3.76E+07
3.79E+07
4.11E+07
4.45E+07
4.57E+07
4.79E+07
5.12E+07
5.33E+07
5.45E+07
5.78E+07
6.06E+07
6.08E+07
6.10E+07
6.42E+07
6.74E+07
6.82E+07
7.06E+07
7.38E+07
7.56E+07
7.70E+07
7.89E+07
7.90E+07
7.91E+07
8.01E+07
8.11E+07
8.25E+07
8.34E+07
8.49E+07
8.57E+07
8.58E+07
8.66E+07
8.83E+07
8.91E+07
8.92E+07
9.09E+07
9.11E+07
9.22E+07
9.25E+07
9.35E+07

-41.8
-41.0
-41.0
-40.9
-40.3
-39.7
-39.4
-39.1
-38.5
-38.2
-38.0
-37.6
-37.2
-37.2
-37.1
-36.7
-36.4
-36.3
-36.0
-35.7
-35.5
-35.4
-35.2
-35.2
-35.2
-35.1
-35.0
-34.8
-34.8
-34.6
-33.4
-33.3
-32.2
-29.7
-28.7
-28.6
-26.1
-25.9
-24.3
-23.9
-22.5

3.41E+07
3.75E+07
3.76E+07
3.79E+07
4.11E+07
4.45E+07
4.57E+07
4.79E+07
5.12E+07
5.33E+07
5.45E+07
5.78E+07
6.06E+07
6.08E+07
6.10E+07
6.42E+07
6.74E+07
6.82E+07
7.06E+07
7.38E+07
7.56E+07
7.70E+07
7.89E+07
7.90E+07
7.91E+07
8.01E+07
8.11E+07
8.25E+07
8.34E+07
8.49E+07
8.57E+07
8.58E+07
8.66E+07
8.83E+07
8.91E+07
8.92E+07
9.09E+07
9.11E+07
9.22E+07
9.25E+07
9.35E+07

-19.2
-18.5
-16.1
-14.5
-13.1
-12.5
-12.1
-10.6
-10.1
-7.2
-6.7
-5.1
-4.3
-3.0
-2.6
-1.5
-11
0.6
1.2
2.3
3.8
4.1
6.4
6.7
7.5
8.9
9.7
10.7
11.3
13.7
13.9
15.8
16.0
16.8
17.1
18.3
19.7
20.5
22.3
22.6
24.6

24.6

9.86E+07
9.91E+07
1.01E+08
1.02E+08
1.04E+08
1.04E+08
1.04E+08
1.06E+08
1.06E+08
1.08E+08
1.09E+08
1.10E+08
1.11E+08
1.12E+08
1.12E+08
1.13E+08
1.14E+08
1.15E+08
1.16E+08
1.17E+08
1.18E+08
1.18E+08
1.20E+08
1.21E+08
1.21E+08
1.23E+08
1.23E+08
1.24E+08
1.25E+08
1.27E+08
1.27E+08
1.29E+08
1.30E+08
1.30E+08
1.31E+08
1.32E+08
1.33E+08
1.34E+08
1.36E+08
1.36E+08
1.38E+08

1.38E+08

End
LNG 1

-15.5
-14.8
-12.1
-10.3
-8.8
-8.1
-7.7
-6.0
-5.5
-2.2
-1.7
0.1
1.0
2.5
3.0
4.1
4.6
6.6
7.2
8.5
10.3
10.6
13.3
13.6
14.5
16.2
17.1
18.4
19.0
21.9
22.0
24.3
24.6
25.6
25.9
27.3
28.9
29.9
32.1
32.5
34.9

35.0

9.86E+07
9.91E+07
1.01E+08
1.02E+08
1.04E+08
1.04E+08
1.04E+08
1.06E+08
1.06E+08
1.08E+08
1.09E+08
1.10E+08
1.11E+08
1.12E+08
1.12E+08
1.13E+08
1.14E+08
1.15E+08
1.16E+08
1.17E+08
1.18E+08
1.18E+08
1.20E+08
1.21E+08
1.21E+08
1.23E+08
1.23E+08
1.24E+08
1.25E+08
1.27E+08
1.27E+08
1.29E+08
1.30E+08
1.30E+08
1.31E+08
1.32E+08
1.33E+08
1.34E+08
1.36E+08
1.36E+08
1.38E+08

1.38E+08
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-53.8
-53.3
-53.3
-53.3
-53.2
-52.9
-52.8
-52.7
-52.6
-52.4
-52.3
-52.2
-52.1
-51.9
-51.9
-51.7
-51.6
-51.5
-51.4
-51.2
-51.1
-51.0
-50.9
-50.7
-50.7
-50.5
-50.4
-50.2

-50.2
-50.0
-49.9
-49.8
-49.8
-49.5
-49.4
-49.4
-49.4

-49.0

5.99E+06
7.36E+06
7.45E+06
7.58E+06
7.83E+06
8.75E+06
8.92E+06
9.19E+06
9.49E+06
1.02E+07
1.04E+07
1.08E+07
1.11E+07
1.17E+07
1.19E+07
1.24E+07
1.27E+07
1.32E+07
1.35E+07
1.40E+07
1.43E+07
1.48E+07
1.50E+07
1.56E+07
1.58E+07
1.65E+07
1.67E+07
1.73E+07

1.73E+07
1.82E+07
1.83E+07
1.88E+07
1.88E+07
2.00E+07
2.01E+07
2.03E+07
2.04E+07

2.19E+07

Start
LNG 2

End
LNG 2

-50.9
-50.3
-50.2
-50.2
-50.1
-49.7
-49.6
-49.5
-49.4
-49.1
-49.0
-48.9
-48.7
-48.5
-48.4
-48.2
-48.1
-47.9
-47.8
-47.6
-47.5
-47.3
-47.3
-47.0
-47.0
-46.8
-46.7
-46.5

-46.5
-46.2
-46.1
-46.0
-46.0
-45.6
-45.6
-45.5
-45.5

-45.0

5.99E+06
7.36E+06
7.45E+06
7.58E+06
7.83E+06
8.75E+06
8.92E+06
9.19E+06
9.49E+06
1.02E+07
1.04E+07
1.08E+07
1.11E+07
1.17E+07
1.19E+07
1.24E+07
1.27E+07
1.32E+07
1.35E+07
1.40E+07
1.43E+07
1.48E+07
1.50E+07
1.56E+07
1.58E+07
1.65E+07
1.67E+07
1.73E+07

1.73E+07
1.82E+07
1.83E+07
1.88E+07
1.88E+07
2.00E+07
2.01E+07
2.03E+07
2.04E+07

2.19E+07

-55.9
-55.5
-55.5
-55.5
-55.3
-55.2
-55.2
-54.9
-54.9
-54.9
-54.8
-54.8
-54.7
-54.6
-54.6
-54.6
-54.5
-54.4
-54.4
-54.3
-54.3
-54.3
-54.1
-54.1
-54.1
-54.0
-53.9
-53.9

-53.8

0.00E+00
5.68E+05
5.99E+05
6.34E+05
1.14E+06
1.20E+06
1.25E+06
1.72E+06
1.79E+06
1.85E+06
2.31E+06
2.39E+06
2.45E+06
2.90E+06
2.99E+06
3.05E+06
3.50E+06
3.59E+06
3.64E+06
4.11E+06
4.19E+06
4.23E+06
4.73E+06
4.79E+06
4.81E+06
5.36E+06
5.39E+06
5.40E+06

5.99E+06

Start
LNG 3

End
LNG 3

-53.8
-53.5
-53.5
-53.5
-53.2
-53.2
-53.1
-52.9
-52.9
-52.8
-52.6
-52.6
-52.5
-52.3
-52.3
-52.3
-52.0
-52.0
-52.0
-51.8
-51.7
-51.7
-51.5
-51.4
-51.4
-51.2
-51.2
-51.2

-50.9

0.00E+00
5.68E+05
5.99E+05
6.34E+05
1.14E+06
1.20E+06
1.25E+06
1.72E+06
1.79E+06
1.85E+06
2.31E+06
2.39E+06
2.45E+06
2.90E+06
2.99E+06
3.05E+06
3.50E+06
3.59E+06
3.64E+06
4.11E+06
4.19E+06
4.23E+06
4.73E+06
4.79E+06
4.81E+06
5.36E+06
5.39E+06
5.40E+06

5.99E+06




B.3.2 Membrane/Low-Temperature Separation Hybrid Carbon Capture Process Heat

Curve Results - Case I

Table B.S Heat curve data used to determine the heat composite curves and grand composite
curves in Chapter 5 (Case I) of the thesis.

-49.6  4.16E+07 | Start | _419  4.16E+07
LNG
-48.7  4.65E+07 | 1 -40.8  4.65E+07
-48.1  4.97E+07 -40.1  4.97E+07
-479  5.09E+07 -39.9  5.09E+07
-47.0  5.51E+07 -39.0  5.51E+07
-46.6  5.76E+07 -38.5  5.76E+07
-46.2  5.94E+07 -38.2  5.94E+07
459  6.12E+07 -37.8  6.12E+07
-455  6.35E+07 -37.4  6.35E+07
450  6.59E+07 -36.9  6.59E+07
-44.7  6.76E+07 -36.6  6.76E+07
-445  6.85E+07 -36.5  6.85E+07
440  7.17E+07 -35.9  7.17E+07
-43.5  7.45E+07 -35.5  7.45E+07
-43.3  7.57E+07 -35.2  7.57E+07
426  7.97E+07 -34.6  7.97E+07
-42.2  8.23E+07 -34.2  8.23E+07
-42.0  8.34E+07 -34.0  8.34E+07
-42.0  8.37E+07 -34.0  8.37E+07
-419  8.44E+07 -33.9  8.44E+07
-41.4  8.77E+07 -33.4  8.77E+07
-41.0  9.01E+07 -33.0  9.01E+07
-40.8  9.16E+07 -32.8  9.16E+07
-40.3  9.55E+07 -32.3  9.55E+07
-40.2  9.62E+07 -32.2  9.62E+07
-39.5  9.70E+07 -32.1  9.70E+07
-37.1  9.96E+07 -31.7  9.96E+07
-35.7  1.01E+08 -31.5  1.01E+08
-345  1.02E+08 -31.4  1.02E+08
-345  1.02E+08 -31.3  1.02E+08
-33.5  1.04E+08 -31.2  1.04E+08
-33.4  1.04E+08 -31.1  1.04E+08
-32.4  1.05E+08 -30.0  1.05E+08
-29.7  1.08E+08 -27.3  1.08E+08
-28.7  1.09E+08 -26.3  1.09E+08
-27.0  1.11E+08 245  1.11E+08
-26.8  1.11E+08 -24.3  1.11E+08
-25.1  1.13E+08 -22.6  1.13E+08
249  1.13E+08 -22.4  1.13E+08

*Continuation from LNG 1

-14.8

-14.1
-13.1
-11.6
-11.3
-11.2
-8.4
-7.7
-7.0
-5.4
-3.2
-2.9
-2.4
-1.3
0.5
11
3.3
4.7
4.9
5.1
6.0
8.6
8.7
9.5
11.2
115
12.2
12.8
13.4
13.7
155
16.0
17.7
18.3
18.7
20.5
20.9
21.6
225
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1.25E+08

1.25E+08
1.27E+08
1.28E+08
1.29E+08
1.29E+08
1.32E+08
1.33E+08
1.34E+08
1.36E+08
1.38E+08
1.39E+08
1.39E+08
1.41E+08
1.43E+08
1.43E+08
1.46E+08
1.48E+08
1.48E+08
1.49E+08
1.50E+08
1.53E+08
1.53E+08
1.54E+08
1.56E+08
1.57E+08
1.58E+08
1.58E+08
1.59E+08
1.60E+08
1.62E+08
1.63E+08
1.65E+08
1.66E+08
1.66E+08
1.69E+08
1.70E+08
1.71E+08
1.72E+08

-11.9

-11.2
-10.1
-8.5
-8.3
-8.1
-5.2
-4.4
-3.7
-1.9
0.3
0.7
1.2
2.4
4.4
5.0
7.4
8.9
9.2
9.3
10.3
13.2
13.2
141
16.0
16.3
17.0
17.7
18.4
18.7
20.7
213
23.2
23.9
243
26.3
26.7
27.6
28.6

1.25E+08

1.25E+08
1.27E+08
1.28E+08
1.29E+08
1.29E+08
1.32E+08
1.33E+08
1.34E+08
1.36E+08
1.38E+08
1.39E+08
1.39E+08
1.41E+08
1.43E+08
1.43E+08
1.46E+08
1.48E+08
1.48E+08
1.49E+08
1.50E+08
1.53E+08
1.53E+08
1.54E+08
1.56E+08
1.57E+08
1.58E+08
1.58E+08
1.59E+08
1.60E+08
1.62E+08
1.63E+08
1.65E+08
1.66E+08
1.66E+08
1.69E+08
1.70E+08
1.71E+08
1.72E+08




-21.6 1.17E+08 -19.0 1.17E+08 24.0 1.74E+08 30.2  1.74E+08
-20.6 1.18E+08 -17.9 1.18E+08 244 1.75E+08 30.7  1.75E+08
-20.3 1.18E+08 -17.6 1.18E+08 24.5 1.75E+08 30.8  1.75E+08
-19.0 1.20E+08 -16.3 1.20E+08 26.4 1.78E+08 329  1.78E+08
-18.2 1.21E+08 -15.4 1.21E+08 26.9 1.79E+08 335 1.79E+08
-15.7 1.23E+08 -12.9 1.23E+08 28.3 1.81E+08 35 1.81E+08
29.0 1.82€+08 | End 37.2  1.82E+08
LNG
29.0 1.82E+08 1 37.2  1.82E+08

-53.9  1.97E+07 -47.6  1.97E+07 -56.7  0.00E+00 | Start | 539  0.00E+00
Start LNG
-53.6  2.17E+07 | LNG2 -47.0  2.17E+07 -56.5 1.83E+06 | 3 -53.3  1.83E+06
-53.6  2.19E+07 -47.0  2.19E+07 -56.5 1.97E+06 -53.2  1.97E+06
-53.5  2.21E+07 -46.9  2.21E+07 -56.4  2.13E+06 -53.2  2.13E+06
-53.5  2.23E+07 -46.9  2.23E+07 -56.3  3.68E+06 -52.6  3.68E+06
-53.2  2.38E+07 -46.5  2.38E+07 -56.2  3.85E+06 -52.6  3.85E+06
-53.2  2.40E+07 -46.4  2.40E+07 -56.2  4.15E+06 -52.5 4.15E+06
-53.1  2.43E+07 -46.3  2.43E+07 -56.0 5.57E+06 -52.0 5.57E+06
-53.1  2.47E+07 -46.2  2.47E+07 -56.0 5.74E+06 -52.0 5.74E+06
-52.9  2.58E+07 -45.9  2.58E+07 -56.0 6.15E+06 -51.8  6.15E+06
-52.8  2.61E+07 -45.8  2.61E+07 -55.8  7.48E+06 -51.4  7.48E+06
-52.7  2.65E+07 -45.7  2.65E+07 -55.8  7.65E+06 -51.3  7.65E+06
-52.6  2.70E+07 -45.6  2.70E+07 -55.7  8.12E+06 -51.2  8.12E+06
-52.5  2.80E+07 -45.3  2.80E+07 -55.5  9.43E+06 -50.7  9.43E+06
-52.4  2.82E+07 -45.2  2.82E+07 -55.5  9.57E+06 -50.7 9.57E+06
-52.3  2.87E+07 -45.1  2.87E+07 -55.4  1.01E+07 -50.5 1.01E+07
-52.2  2.93E+07 -45.0  2.93E+07 -55.2  1.14E+07 -50.1  1.14E+07
-52.0 3.01E+07 -44.7  3.01E+07 -55.2  1.15E+07 -50.1  1.15E+07
-52.0 3.03E+07 -44.7  3.03E+07 -55.2  1.20E+07 -49.9  1.20E+07
-51.9  3.09E+07 -445  3.09E+07 -54.9  1.34E+07 -49.5  1.34E+07
-51.8  3.15E+07 -44.4  3.15E+07 -54.9  1.35E+07 -49.5  1.35E+07
-51.6  3.23E+07 -44.2  3.23E+07 -54.9  1.39E+07 -49.3  1.39E+07
-51.6  3.25E+07 -44.1  3.25E+07 -54.6  1.55E+07 -48.9  1.55E+07
-51.4  3.31E+07 -44.0  3.31E+07 -54.6  1.55E+07 -48.9  1.55E+07
-51.3  3.36E+07 -43.9  3.36E+07 -54.6  1.59E+07 -48.7  1.59E+07
-51.1  3.46E+07 -43.6  3.46E+07 -54.3  1.75E+07 -48.2  1.75E+07
-51.1  3.47E+07 -43.6  3.47E+07 -54.3  1.76E+07 -48.2  1.76E+07
-51.0 3.52E+07 -43.5  3.52E+07 -54.3 1.78E+07 | End | -48.2 1.78E+07
LNG

-50.9  3.56E+07 -43.4  3.56E+07 -53.9 1.97E+07 | 3 -47.6  1.97E+07
-50.6  3.69E+07 -43.1  3.69E+07

-50.6  3.69E+07 -43.0  3.69E+07

-50.5 3.73E+07 -42.9  3.73E+07




-50.5
-50.1
-50.1
-50.1
-50.0

-49.6

3.77E+07
3.92E+07
3.92E+07
3.94E+07
3.96E+07

4.16E+07

End
LNG 2

-42.9
-42.5
-42.5
-42.4
-42.4

-41.9

3.77E+07
3.92E+07
3.92E+07
3.94E+07
3.96E+07

4.16E+07
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B.3.3 Membrane/Low-Temperature Separation Hybrid Carbon Capture Process Heat

Curve Results - Case I

Table B.6 Heat curve data used to determine the heat composite curves and grand composite
curves in Chapter 5 (Case II) of the thesis.

-29.2  8.46E+07 | Start | _419  4.16E+07
LNG

-26.3  8.74E+07 | 1 -40.8  4.65E+07
-26.0  8.77E+07 -40.1  4.97E+07
-25.2  8.84E+07 -39.9  5.09E+07
-23.4  9.02E+07 -39.0  5.51E+07
-22.7  9.08E+07 -38.5  5.76E+07
213 9.22E+07 -38.2  5.94E+07
211 9.24E+07 -37.8  6.12E+07
-20.4  9.31E+07 -37.4  6.35E+07
-19.5  9.40E+07 -36.9  6.59E+07
-17.5  9.59E+07 -36.6  6.76E+07
-17.4  9.60E+07 -36.5  6.85E+07
-16.2  9.72E+07 -35.9  7.17E+07
-145  9.89E+07 -35.5  7.45E+07
-13.6  9.97E+07 -35.2  7.57E+07
-13.6  9.98E+07 -34.6  7.97E+07
-13.0  1.00E+08 -34.2  8.23E+07
-11.5  1.02E+08 -34.0  8.34E+07
9.9  1.03E+08 -34.0  8.37E+07
9.7  1.04E+08 -33.9  8.44E+07
-85  1.05E+08 -33.4  8.77E+07
6.6  1.07E+08 -33.0  9.01E+07
6.5  1.07E+08 -32.8  9.16E+07
6.3 1.07E+08 -32.3  9.55E+07
-5.5  1.08E+08 -32.2  9.62E+07
-3.3  1.10E+08 -32.1  9.70E+07
2.8  1.11E+08 -31.7  9.96E+07
2.4 1.11E+08 -31.5  1.01E+08
0.1  1.13E+08 -31.4  1.02E+08
0.1  1.14E+08 -31.3  1.02E+08
0.6  1.14E+08 -31.2  1.04E+08
0.6  1.14E+08 -31.1  1.04E+08
3.1  1.17E+08 -30.0  1.05E+08
3.7  1.17E+08 -27.3  1.08E+08
3.9  1.18E+08 -26.3  1.09E+08
6.2  1.20E+08 -24.5  1.11E+08

*Continuation from LNG 1

6.2

6.4

6.8

7.1

9.4

9.9
10.2
12.3
12.4
13.0
13.0
13.2
15.4
16.0
16.1
17.8
18.3
18.7
19.2
21.2
213
224
22.9
23.7
24.0
25.5
26.0
26.7
27.5
28.2
28.7
29.3
30.2
31.8

18.7

1.20E+08

1.20E+08
1.21E+08
1.21E+08
1.24E+08
1.24E+08
1.24E+08
1.27E+08
1.27E+08
1.28E+08
1.28E+08
1.28E+08
1.30E+08
1.31E+08
1.31E+08
1.33E+08
1.34E+08
1.34E+08
1.35E+08
1.37E+08
1.37E+08
1.39E+08
1.39E+08
1.40E+08
1.41E+08
1.43E+08
1.43E+08
1.44E+08
1.45E+08
1.46E+08
1.47E+08
1.48E+08
1.49E+08
1.52E+08

1.66E+08

End
LNG

-11.9

-11.2
-10.1
-8.5
-8.3
-8.1
-5.2
-4.4
-3.7
-1.9
0.3
0.7
1.2
2.4
4.4
5.0
7.4
8.9
9.2
9.3
10.3
13.2
13.2
141
16.0
16.3
17.0
17.7
18.4
18.7
20.7
213
23.2
23.9

24.3

1.25E+08

1.25E+08
1.27E+08
1.28E+08
1.29E+08
1.29E+08
1.32E+08
1.33E+08
1.34E+08
1.36E+08
1.38E+08
1.39E+08
1.39E+08
1.41E+08
1.43E+08
1.43E+08
1.46E+08
1.48E+08
1.48E+08
1.49E+08
1.50E+08
1.53E+08
1.53E+08
1.54E+08
1.56E+08
1.57E+08
1.58E+08
1.58E+08
1.59E+08
1.60E+08
1.62E+08
1.63E+08
1.65E+08
1.66E+08

1.66E+08
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-36.4
-34.4
-34.2
-34.2
-33.9
-33.9
-33.6
336
-33.4
-33.4
-33.1
-33.1
-32.9
-32.9
32,6
-32.6
-32.3
-32.3
32.1
321
-31.8
-31.8
-31.5
-31.5
-31.3
-31.3
-31.0
-31.0
-30.8
-30.8
-30.5
-30.5
-30.2
-30.2
-30.0
-30.0
-29.7
-29.7
-29.4
-29.4

-29.2

8.23E+07
8.23E+07
8.24E+07
8.24E+07
8.25E+07
8.25E+07
8.26E+07
8.26E+07
8.27E+07
8.27E+07
8.28E+07
8.28E+07
8.30E+07
8.30E+07
8.31E+07
8.31E+07
8.32E+07
8.32E+07
8.33E+07
8.33E+07
8.34E+07
8.34E+07
8.36E+07
8.36E+07
8.37E+07
8.37E+07
8.38E+07
8.38E+07
8.39E+07
8.39E+07
8.40E+07
8.40E+07
8.41E+07
8.41E+07
8.43E+07
8.43E+07
8.44E+07
8.44E+07
8.45E+07
8.45E+07

8.46E+07

Start
LNG 2

End
LNG 2

-23.0
-23.0
-22.8
-22.8
-22.7
-22.7
-22.5
-22.5
-22.4
-22.4
-22.2
-22.2
-22.1
-22.1
-21.9
-21.9
-21.7
-21.7
-21.6
-21.6
-21.4
-21.4
-21.3
-21.3
-21.1
-21.1
-21.0
-21.0
-20.8
-20.8
-20.6
-20.6
-20.5
-20.5
-20.3
-20.3
-20.2
-20.2
-20.0
-20.0

-19.9

8.23E+07
8.23E+07
8.24E+07
8.24E+07
8.25E+07
8.25E+07
8.26E+07
8.26E+07
8.27E+07
8.27E+07
8.28E+07
8.28E+07
8.30E+07
8.30E+07
8.31E+07
8.31E+07
8.32E+07
8.32E+07
8.33E+07
8.33E+07
8.34E+07
8.34E+07
8.36E+07
8.36E+07
8.37E+07
8.37E+07
8.38E+07
8.38E+07
8.39E+07
8.39E+07
8.40E+07
8.40E+07
8.41E+07
8.41E+07
8.43E+07
8.43E+07
8.44E+07
8.44E+07
8.45E+07
8.45E+07

8.46E+07

-36.4 0.00E+00
-36.4 4.11E+07

HX

-34.4 0.00E+00
-27.7 4.11E+07
-23.4 8.20E+07
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B.4 Techno-Economic Analysis Detailed Example

This sub-section will show the equations and detailed steps used to obtain the results for the techno-
economic analysis for the membrane/low-temperature hybrid carbon capture using propane refrigerant

(Case II) at 90% overall CO» recovery rate.

B.4.1 Capital Equipment Costs
The first step in the techno-economic analysis was to obtain the capital cost of each equipment since

the other costs are a function of the total equipment capital costs.

e Heat Exchangers

The heat exchanger cost equation from Sinnott (2009) was used to determine the capital cost and was

as follows:

Costyy = 24000 + 46 x A1? Eq. B.1

Where, A is the area of the heat exchanger.

The area of the heat exchanger is determined by using the set of heat transfer coefficient shown in

Table B.7 and Eq. B.2.

Table B.7 Table of heat transfer coefficients used to determine the heat exchanger area (Sinnott

2009).
Flue gas transfer coefficient 5000 | W/m>.K
Refrigerant transfer coefficient 750 | W/m2.K
Cooling Water transfer coefficient 3430 | W/m?K
Overall U Flue gas/Water 2034 | W/m2.K
Overall U Flue gas/Refrigerant 652 | W/m?.K
Overall U Refrigerant/Water 615 | W/m2.K
-2
A= AT Eq. B.2

Where A is the area of the heat exchanger (m?)
Q is the duty of the heat exchanger (W)
k is the heat transfer coefficient (W/m*.K)
AT is the temperature difference of the heat exchanger (K)

The total heat exchanger equipment cost was calculated by applying Eq. B.1 to all the heat exchangers

throughout the process and the breakdown of the cost of each heat exchanger is shown in Table B.8.
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Table B.8 Summary of heat exchangers capital cost for Case Il membrane/low-temperature
hybrid carbon capture at 90% overall CO; recovery rate.

Heat Exchanger Cost (US 2009)
Compression Inter-Cooler 1 $36,019
Compression Inter-Cooler 2 $35,241
Compression Inter-Cooler 3 $34,903
Refrigeration Cycle Cooler 4 $265,741
Stream-to-Stream Heat Exchanger 1 $221,015
Stream-to-Stream Heat Exchanger 2 $27,310
Stream-to-Stream Heat Exchanger 3 $933,009

e Compressors

The compressors cost were estimated from a correlation (Eq. B.3) developed by (Ho 2007) and used

by Harkin (2012).

Cost ompressor = 800 * p Eq. B.3

Where p is the power requirement of the compressor (kW)

The total compressor capital cost was calculated by applying Eq. B.3 to all the compressors

throughout the process as shown in Table B.9.

Table B.9 Summary of compressors capital cost for Case II membrane/low-temperature hybrid
carbon capture at 90% overall CO; recovery rate.

Compressor Cost (million AS 2007)
Pre-Low-Temp Compressor 1 $15.79
Pre-Low-Temp Compressor 2 $15.72
Pre-Low-Temp Compressor 3 $15.27
Refrigeration Compressor 1 $2.14
Refrigeration Compressor 2 $3.75
Vacuum Pump $21.66
VSA Blower $3.77

e Pump

Due to the high capacity factor required for the CO> pump (approximately 700 m®kPa/s), the CO,
pump for the liquefied CO; was cost estimated using a scale up from a similar pump installed in a

Benfield plant by Furukawa and Bartoo (1997) as shown in Eq. B.4.

Cost

= 259250 x QQ Eq. B.4

pump ref

Where Q is the volumetric flowrate (m?/s) and
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Qrer is the reference volumetric flowrate of 0.372 m?¥/s.
Using this equation, the CO, pump for our example was estimated to cost U$61 000 (U$ 1997).
e Separation Vessels

Separation vessels were required for the knock-out drums in the pre-low-temperature compression
train, where water was removed following each inter-stage cooling. The vessels were estimated from

Peters, Timmerhaus and West (2002) and shown in Eq. B.5.

Costy, = 73 x (0.091P%84% 1 0.83) x W66 Eq.
B.5

Where, P is the pressure (bar) and
W is the weight of the vessel (kg)

In our example, the knock-out drum is at 332.56 kPa and has a weight of 68480 kg and therefore costs
U$362 000 (U$ 2003).

e VSA Vessels

The VSA vessels were used for the VSA/low-temperature hybrid carbon capture processes. Due to the
high vacuum and flowrate required for the vessels, the vessels were estimated using the same method

as absorbers columns by Peters, Timmerhaus and West (2002) and shown in Eq. B.6.

Costyesser = 3 X (—2244 + 2956D,, + 1241h + 1205D% + 913D, h + 20.93h? — 42D%h +
2.4D,h* — 0.5h3) Eq. B.6

e Total Capital Costs (CAPEX)
Using the equations shown above, the total equipment costs can be determined by summing all the

values and converting all the currency to the same basis, which is A$ 2011. In the example being

studied in the appendix, the total equipment cost was estimated to be A$ 109 million.

The CAPEX was then determined by using the parameters shown in Chapter 3 (Table 3.9). The

corresponding evaluated costs for the case example are shown in Table B.10.

Table B.10 Breakdown of capital cost components for carbon capture with values for Case 11
membrane/low-temperature hybrid carbon capture at 90% overall CO; recovery rate.

Capital cost elements Nominal value AS million
A |Process Equipment Cost (PEC) Sum of all process equipment 109
B |General facilities 30 % PEC 327
Total Equipment Cost (TEC) A+B 142
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C |Instrumentation 15 % TEC 21.
D |Piping 20 % TEC 28.4
E |Electrical 7 % TEC 9.93
F |Total Installed Cost (TIC) A+ B+ C+D+E 201
G [Start-up costs 8 % TIC 16.1
H [Engineering 5% TIC 10.1
I  |Owners costs 7% (F+G+H) 15.9
j  |Engineering, procurement, F+G+H+I 043
construction and owner’s cost
K [Project Contingency 10 % EPCO 24.4
TOTAL CAPITAL COST (CAPEX) |=J+K 268

B.4.2 Operating Costs
After calculating the CAPEX, the various operating cost parameters were determined using the

parameters discussed in Chapter 3 (Table 3.10).

Table B.11 Breakdown of operating cost components for hybrid carbon capture with values for
Case II membrane/low-temperature hybrid carbon capture at 90% overall CO; recovery rate.

Operating cost elements Nominal value A$ million
M (Insurance 2% TCC 5.36
a Fixed O ti d
Z N |Fixed Operating an 4% TCG + Ins 16.07
_g Maintenance Costs (FOM)
-;5) O |Labour Costs 1.97
Cooling Costs 1.18
_%’ R 20% Membrane Capital 0.05
S 9 Membrane Replacement Costs
5 3 Cost
> 8
TOTAL OPERATING COST — Variable Costs + Fixed 19.21
(OPEX) costs

B.4.3 Other Costs
Finally, the cost storing the CO; and cost of lost power is determined using the parameters shown in

Table 3.11 and equations Eq. B.7 and Eq. B.8.

COStstorage = mCOZCaptured X kstorage

B.7

COStlost power — Ecapture X COStelectricity X ®

B.8

Eq.

Eq.

Where, Ksorage 1S the cost factor of storage per tonne of CO» ($6.03/t (CO»))
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Ecapture 18 the electricity used to capture the CO, (MW)
Costelecrricity 18 the cost price electricity ($40/MWh) and
@ is the capacity factor of the power plant (7446 hours)

For our example, the corresponding cost of storage is A$ 11.5 million and the cost of lost power is

A$ 31.3 million.

B.4.4 Cash Flow

The project is assumed to operate for 25 years with 2 years for commissioning prior to operation and
1 year for decommissioning following operation, totalling 28 years. The CAPEX is distributed in the
first two years in a 40:60 ratio. The OPEX, storage cost and loss of revenue (cost of lost power) starts
from the first year of operation (Year 3). The summary table for the real value and the present value

(using a discount factor of 7%) is shown in Table B.12and Table B.13 respectively.

Table B.12 Summary of techno-economic parameters from real value for Case II
membrane/low-temperature hybrid carbon capture at 90% overall CO: recovery rate.

Item Units Value
Real CAPEX $m 268

Real OPEX $m 480

Real Abandonment $m 67

Real Lost Revenue $m 781

Real Storage Costs $m 288

Real Electricity Production MWh 3.31E+07
Real CO; Captured t CO» 4.78E+07
Real CO; Avoided t CO, 2.81E+07

Table B.13 Summary of techno-economic parameters from present value (discount
factor 7%) for Case II membrane/low-temperature hybrid carbon capture at 90% overall CO,
recovery rate.

Item Units Value
PV CAPEX $m 240
PV OPEX $m 141
PV Abandonment $m 10
PV Lost Revenue $m 318
PV Storage Costs $m 117

PV Electricity Production = MWh 1.35E+07
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PV CO; Captured t CO, 1.95E+07
PV CO; Avoided t CO; 1.14E+07

From the values of Table B.13, the cost of capture and storage can be determined as shown in

Table B.14 Summary of techno-economic parameters in terms of $/t(CO; captured) and
$/MWh for Case I membrane/low-temperature hybrid carbon capture at 90% overall CO;
recovery rate.

Item Units Value
$/t CO, avoided (Capture) $tCO,  62.12
$/t CO; captured (Capture) $tCO, 3648
$/t CO; avoided (Storage) $/tCO,  10.27
$/t CO; captured (Storage) $/tCO,  6.03
$/MWh Storage $/MWh  8.69
$/MWh Capture $MWh  52.60
$/MWh Lost Revenue $/MWh  23.58

The differential cost of electricity (DCOE) can be determined from the ratio of PV total costs vs PV
electricity Production and the corresponding cost of CO, avoidance is DCOE divided by the amount
of CO; avoided by the hybrid carbon capture process. Finally, the LCOE is the sum of the DCOE and

the current cost price of electricity. The values for the example is shown in

Table B.15 DCOE, cost of CO; avoidance and LCOE for Case Il membrane/low-temperature
hybrid carbon capture at 90% overall CO; recovery rate.

Item Units Value

DCOE $/MWh 61.29

Cost of CO; avoidance $/tCO,  72.39

LCOE $/MWh 101.26
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ABSTRACT

Multi-stage compression is the normal methed to achieve pipeline
pressures of 100 bara for the transport of carbon dioxide (C02)
after capture in a carbon capture and storage (CCS) scheme. An
alternative method is to partially compress the gas, liquefy it and
then pump the liguid CO: to the required pressure. The
advantage of this process is that the CO2 stream can be further
purified through lguefaction and rthis allows separation
processes that de not produce a pure COp product such as
vacunm swing adsorption (VSA) and membranes to be
considered. In this study, the following two cases were analvsed:

1) VSA as the primary separation process followed by a
Liguefaction process

) VSA as the primary separation process followed by
liguefacton and a membrane process

Cryogenic conditons are required ro liquefy the CO; and this
was achieved by using a mized refrigerant process comprising
ethane and propane.

Mult-objective optimisation was performed om the hybrid
systems to determine the minimum power for the maximum C02
vield for each case.

Key words: Carbon capinre and siorage, Cryvogenics,
Process Optimisation, Multi-objective aptimisation

I. INTRODUCTION

A Carbon Capture and Storage {CCS)

Carbon capture and storage (CCS) involves the capture of
carbon dioxade (CO:) gas from watlun a CO:» generation
process, compressimg 1t mio a supercrstical flud and fmally
sequestrating 1t. Fossil fuel combustion for energy production
15 a major source of CO: enussions and therefore considered a
good opportunity for CCS[1]. The capture of CO» can be
divided into three main categories: post-combustion capture,
pre-combustion capture and oxy-fuel combustion This
research will focus on post-combustion capture and the energy
associated with separating and compressing the CO; stream

1} Separation processes

In post-combustion capture, CO: needs to be separated from
the flue gas. which would typically consist of mostly N> and

C-1

COn and some impurities such as oxygen, SOx. NOx and water
vapour. Leadmng the carbon capture technologies are: solvent
absorption, adsorption and membrane technology. Among
those three technologies. solvent absorption 15 the currently
the most pronmument due to the fact that 1t can produce lngh
purity CO, streams. which 1s a major challenge for both
adsorption and membrane processes. An established MEA
solvent absorption separation system requires approximately
4 Gla/(t CO: recovered) [2] However. adsorption and
:m-nﬂr:ncwehnologtﬂ are relatively newer tectmo]ogiﬁ. and

compared with solvent absorption. Furthermore. using hvbnd
technologies, a combmation of different capture technologies,
also show potential as CO: capture technologies and are
further discussed in the following Section A 3.

2}  Crvegenic Purification

Ongce the CO: 15 separated from the flue gas. the CO: gas must
be compressed into a supercritical fhud for transport and
injection into the storage site. The conventional method to
conpressﬂmeccaummbebywngamdmﬁmimin stage
coml:u'es*;wn However, this smudy will look imto wsing
cryogenic compression, which partially compresses the CO;
gas stream and then hiquefies the stream by cooling 1t to
cryogenic conditions. Fmally. the hqmd CO; 15 then pumped
to the requared pressure. Tlus has the advantage of the lower
energy requirement of pumps as opposed to compressors and
more importantly. allows the punfication of the CO: stream by
using the difference m condensation temperatures of CO: and
Nz gas.

In order to have a ligh recovery of CO» from the cryogemc
purnification. a refngeration sy';trmthal cools to approxamately
-60°C 13 required. In this paper, a binary nuxture of propane
and ethane refrigerant m a mixed refrigeration cycle was used.

3) Hybrid Processes

Hybrid systems consist of two or three CO» separation
technologies combined to separate the CO; from the process
stream. This allows the different technologies to complement
each other to negate the disadvantages of the other. In tius
study. as shown m Fig 1, the hybnid CO: separation process



mvolves using vacuum swing adsorption (VSA) followed by
further punfication from cryogenic separanion. This allows the
low punity vield from the VSA to be punfied by the ervogeme
process, A{khhomﬂy futhﬁpmfm of the waste stream
from the cryvogenic process 1s accomplished by a membrane
process as seen m Fig 2. In both figures. decision vanables
used m the optinuzation are denoted as DV,

Hae Gz

Figure 1. Schematic Diagram of VSA & Cryogemc Process without
‘memhranes (Case 1)
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Figure 2. Schematic Diagram of VSA & Crvogenic Process with Membranes
(Case 2)

An activated carbon VSA system is assumed to allow any
umpurities meluding water to pass through the adsorption bed
soﬁlatmﬂy;binarymofm;rﬂbbisadmrbcd The
values of CO: recovery and punty assumed are given m
TabIV. The VSA electrical power requirement was set at
0.62 GI(t CO= recovered) for each case[3].

The vanables that affect the performance of the membrane are
the membrane area, permeate outlet pressure and membrane
characteristics (selectivity and permeability) which were
obtaned by taking values of high performance polymer
membranes [4]: Poox = 2000 barrer, teoore = 500 The feed
conditions into the membrane module were fixed by the
upstream process. The permeate outlet pressure was set to be
equal to the VSA outlet to maximize the pressure drop.
Finally. the membrane cut. which also determunes the area of
the membrane, was assumed to be a degree of freedom mn the
Process oplimisainon.

B. Process optimisation of hybrid processes
Pmccssoptmsatmmanum:galp:ﬂofmychemcal

engmeenng process. Although a process can be optinused for
one objective at a tume (single obyective optinmsation, SOO).

there are usually muluple objectives that need to be considered
stmultaneously. This 1s known as muln-objective optinusation.
which refers to finding wvalues of decision vanables (DV)
winch correspond to and provide the optimum of more than
one objective [5].

The purpose of vsing multi-objective optumisation 1 this
paper 1s that whilst maximising the overall recovery of COz 18
an obwvious objectm: for a capture system. increasing the
recovery usually mcreases the total work required as well
Therefore, mn order to have the best capture systeny it 15
imporiant to defernune the nmumimum power requirement for
the maxamum CO: vield for each case. However, since the two
objectives are mversely proportional. there will not be a single
best solution, but a senes of solutions, called Pareto-optimal
solutions and tlus provides the relationship between the two
objectives. The decision variables used in this study can be
seenmFig 1 FiglandinTab1

II. MODEL AND SIMULATION FRAMEWORK

In order to optimuse the two processes. the processes were
configured and sinmilated on Aspen HYSYS® and the nmlti-
objectrve optinmsation was set up using Microsoft Excel visual
basic. This study used the flue gas composition that would
tvpically come from a sub-briumunous black coal 250 MW
power station. where the flue gas has been cooled to allow
most of the water to be condensed. The flue gas conditions
and composition are presented i Tabs I and IT.

As mentioned mn section I there were two hybnd cases
studied:

Case 1 (Fig 1): Flue gas purification using VSA followed by
a three-stage compression. cryogemc scparation with the
waste stream being recycled to the feed flue gas. In this case
study, there were four design vanables which can be seen m
Tab 1. The objective vanables that were optimised were the
total shaft work of the whole process (MW) and the overall
recovery rate of the process.

Tamie [ FLUE GAS PROCESS FEED COMPOSITION

Marerial Streams Mole Fracrion
Timogen 0712
a2 p112
Dmygen 0051
S02 Doo2
NO2 D001
HXO b1




Tarm e II' FIUE GAS FEED CONDITIONS

Material Streams Condifions
Vapowr Fraction 1000
Temperature £ 303
Presame ¥Pa 1030
Molar flow kzmole'h 5 78ed
Mass Flow kzh 16766

Case 2 (Fig 2): Flue gas punfication using VSA, followed by
a three-stage compression, cryogenic compression with the
waste stream bemng further punified using a membrane process
and the permeate 15 recycled to the feed flue gas wiule the
retentate is purged In addition to the four decision variables
used m case 1. the membrane cut was also used as a decision
vanable. The membrane cut 1s the ratio of the permeate flow
to mlet flow (FpFu) The objective vanables that were
optumised were the same as case 1: total shafi work of the
whole process (MW) and the overall recovery rate of the

process.

In addition to the information given in Tabs I to I the
compressor efficiency for the comparison case was assumed to
be 75% and the mummum cocling water approach temperature
was assumed to be 40C. Furthermore, the VSA recovery rate
and outlet punity values were allowed vary as shown m Tab
v,

Tapre IIT: TABLE OF DECTSION VARIABI ES RANGE: CASE | AND CASE 2.

Design Variables: Minimum Maximum
Caze 1 i] 07
Ethane Molar Fraction
Caze 2 ] 07
Case | 02 14
PRef Molar flow (mol's)
Casze 2 02 14
Case | -60 A0
Fead Out Temp(*C
y Casze 2 -60 40
Case 1 1500 5000
Pressure (kPa)
Caze 2 1500 3000
Caze 1 NA NA
Membrane Cut
Case 2 02 04

Tapie IV: VSA RECOVERY RATE AND OUTLET PURITY VALUES

Recovery ©0: Purity 1n
Rate (%) Outlet (%)
75 75
80 70
70 80
III. RESULTS

A Pareio Charis

The Pareto charts for a VSA with recovery rate of 75%, are
shown for each design vanable as a function of the recovery
rate n the following figures.
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Figure 3. Refngeration molar flow versus recovery rate - case 1
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Fugure 4. Pefrigerant molar flow rate versus recovery rate - case 2
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Figure §. Cryogenic separator temperature versus recovery rate - case 2
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B Influence of Recovery and Purity from VSA unit

As mentioned in section 2. three values of VSA recovery rate
and purity (Tab IV) were used i order to study the influence
of the VSA performance on the overall recovery rate and total
be seen in Figs 13 and 14 for case 1 and Figs 15 and 16 for
case 2.
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Figure 13. Pareto chart of specific total shaft work {(GI/t CO2) versus recovery
&t 0.65 for case 2)
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both the refrigerant flow rate and refrigerant ethane molar
fraction increase exponentially. This can be explamed from
the temperature and pressure Pareto charts.
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Figure 15. Graph of total specific shaft work (GJ/t CO2) versus recovery rate

sensitivity amalysis of different VSA recovery rate and VSA punty outlet for

case 1(Recovery Rate = 80%. Punty = 70%:; Recovery Rate = 73%, Purity =
75%: Recovery Rate = 70%, Purity = 80%)
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Figure 16. Graph of total shaft work (MW) versus recovery rate
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(Recovery Rate = 80%, Purity = 70%:; Recovery Rate = 75%, Punty = 75%;
Recovery Rate = 70%. Purity = 80%) (Recovery rate axas has been tnmcated
at 45 for case 2)

IV. DISCUSSION

4. Pareto Charis

The Pareto Charts for the refrigerant flow rate versus recovery
rate and refrigerant ethane molar fraction for both cases (Figs
3-6) show that those two varnables do not have a significant
effect at low recovery rates. However at hagh recovery rates,
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Figure 17 Graph of total specafic shatt work (GJ/t C02) versus recovery rate
sensitivity 15 of different VSA recovery rate and VSA pumty outlet for
case 2(Recovery Rate = 80%, Purity = 70%; Recovery Rate = 73%, Punty =
75%: Recovery Rate = 0%, Purity = 80°%) (Recovery rate was has been
tmcuted s 0.95 for tase 2)

From the temperature versus recovery rate Pareto chart. Fig 7
and Fig 8, it can be observed that the pomts tend to clutter at
the lowest temperature. but do not go below -59 2°C (case 1)
and -57.2°C (case 2). This is due to the fact that at lower
temperatures, more CO: can be hquefied and separated at the
cryogeme sechion bui the mumimum temperature 1s hnuted by
the constrant imposed to prevent €O, freeze out by not
operating below this temperature, wiich 1s also a function of
pressure. Therefore, higher pressures would be preferable 1o
lower the CO; freeze out temperature. This 15 observed in the
pressufe versus recovery rate Pareto chart, Fig 9 and Fig 10,
which show that the pressure has an exponential relationship
with the recovery rate.

Figs 12 and 13 compare the total work requred (MW) and
total specific work required (GJ/t CO3) respectively for both
case 1 and case 2. It can be seen that case 2, which mcludes a
membrane, has a wider lower range of recovery rate than case
1. Thus 1s due to the additional waste stream winch exits from
the membrane wmt which also loses CO- and thus reduces the
recovery rate. Furthermore, it can be observed that when the
Tecovery rate 15 approximately 73% and lower, case 2 requires
less shaft work and specific shaft work than case 1. This can
be explamed by the fact that the membrane process s
effectively using the lugh pressure stream comng out of the
cryogemc process to further punify the stream

C-6



B V54 Recovery Rate

Section 3.3 compares the total shaft work and total specific
shaft work versus recovery rate Pareto charts with varying
VSA recovery rate values for both case 1 and case 2. Fig 14
and Fig 15 show the influence of VSA performance for case 1.
and Fig 16 and Fig 17. wlich show the sensstivity analysis for
case 2. It can be observed that with the range of the decision
vanables provided. the VSA recovery rate distmetively
dictates the overall recovery rate. Also. as expected, as the
VSA recovery rate increases, the total work required
wmcreases. However, for case 2, the graphs overlap each other
whuch allow a lugher flexability for each of the VSA recovery
1ate cases.

Furthermore, for the total specific work required for both
cases, Fig 15 and Fig 17, 1t can be seen that there 1s nunimum
value for each VSA recovery rates values. Therefore, there 1s a
theoretacal mimpum value that can be achieved for the overall
recovery rate that 1s represenied by the dotted lines. This can
be unseful when companng different VSA capture systems
performances.

CONCLUSIONS

In conclusion. 1t can be observed that the cryogemc separator
temperature and pressure are the decision vanables that affect
the two cases the most. Furthermore, the lowest temperature 15
linuted by the freeze out temperature, which 1s a function of
the pressure of the siream exsting the conpression umit. Due to
this limutmg factor, the other decision vanables mcrease
rapudly at lugh recovery rates.

The VSA recovery rate sets the maxomum overall recovery
rate possible by the system for case 1 but has a less pronunent
mfluence on the overall recovery rate m case 2 due to the
additional waste stream mn the membrane operation.

Although each case has a Pareto chart for the total work versus

recovery rate. there was an optimum operating pomnt for the
minmmum amount of specific work requared.

To compare the performance of the VSAleryogeme system,
ﬂlewlucscanbrmmdmmrstabhshedmmm
absorption separation systenmi. wiich requires approximately
4 GJa/(t COz recovered) [2] (1.3 GI./(t CO: recovered)) with a
tecovery rate of approximately 90%. Since the solvent
absorption has a hugh recovery rate. the optumum pomt for the

mumnmum spectfic work required for VSA svstem with an 80%
recovery rate was chosen. Therefore, the VSA/Cryogemic
system with membrane punfication with a 75.9% overall
recovery rate was selected. Although the absorption system
has a significantly higher recovery rate at 90%. the hybnd
system has slightly a shightly lower specific work requirement.

Currently there 1s active research into the optimization of
activated carbon adserption systems. which hold potential for
reducing the work below the value of 062 GI(t CO:
recovered) assumed m this study. Furthermore. due to the
small equipment sizes of the hybrid system. a full economc
analysis should be performed to determune whether the hybnid
process 15 competitive with the cost of a solvent absorption
process.
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Carbon diexide (COz2) purification is an essenfial step in the carbon caplure and storage (CCS) process.
The leading technology consists of a solvent abserption carbon capture process followed by a multi-stage
CO:2 gas compression into supercritical state for sequestrabon. This study considers a hybrid system of
vacuum swing adsorption (V5A), membranes and cryogenic separation. Replacing the multi-stage gas
compression with the cryogenic separation has two main advantages: firstly, it further purifies the CO:
stream, which is valuable for both VSA and membrane processes since both processes struggle to
achieve high punty product. Secondly, it produces liquid COz that can be pumped to the supercritical state,
which is required for transport and sequestration. Due to the higher degree of freedom available in hybnd
processes, a new methodology using mulli-objective optimisation combined with exergy analysis was used
to optimise the process. This allowed different decision vanables to be considered and studied to find the
range of optimum operating conditions for each capture processes. |t was determined that the refrigerant
flow rate, multi-stage compression and process stream minimum temperature had the biggest impact on
the recovery rate, Furthermore, it was observed that the total specific shaft work had a linear relationship
with the specific exergy loss rate.

1. Introduction

The negative effects of greenhouse gases (GHG) in the atmosphere have been widely reported. The IPCC
fifth assessment report increased the scentific certainty that changes in the anthropogemic CO:z
concentrations and atmospheric temperature are related (Edenhofer and Seyboth, 2013). Therefore,
reduction of CO; from major sources such as fossil fuel power generation is critical. Among a portfolio of
technologies required to mitigate those emissions, integration of Carbon Dioxide Capture and Storage
{CCS) into coal fired power stations is a technology that can significantly reduce the carbon emissions
from stationary sources. Post-combustion CCS involves the separation and capture of the COz from the
flue gas generated by the power plants, compressing the separated CO: into a supercntical fluid and then
storing it in geological structures such as deep saline formations.

In order to implement CCS, eguipment needs to be installed to capture and compress the carbon dioxide.
Heat and electrical energy are required to operate the equipment, which reduces the efficiency of the
power plant. The main CO:z capture methods involve: solvent absorption, adsorption, membranes,
cryogenic separation and hybnd processes. (Pires et al, 2011), each of these technologies has different
advantages and disadvantages. For example, selvent absorption can achieve the high COz punty and
recovery rate by having a high solvent loading, however this comes at a high recovery heat energy
required to regenerate the solvent. Furthermore, high solvent loading also requires larger equipment. On
the other hand, vacuum swing adsorption (V3A) and membrane processes, on principal, require smalier
equipment sizes due to their separation mechanisms. However, both of these processes draw a large
amount of electrical energy. It is possible that by combining two or more caplure processes, the
advantages and disadvantage of each process can complement each other to have a better overall
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performance. Several studies have investigated different configurations of hybrid process; Scholes et al.
{2013) n, Belaissaoui et al. (2012). In the former hybrid which involved a solvent membrane system, the
hybrid performed better in terms of both energy consumption and CAPEX than the membrane process but
could not match the base MEA solvent absorption. Similarly, in the second study involving membranes and
cryogenic separation, the hybrid process improved the energy efficiency of the individual capture
processes, but still underperformed when compared to an MEA process. While energy analysis has been
predominantly used to assess the performance of a process, exergy analysis has also been used (Hagi et
al., 2013).

This waork aims to optimise the integration of post-combustion hybrid carbon capture with exergy
performance and COz recovery rate as the two main performance indicators. In order to do seo, a
combination of simulation and multi-objective optimisation is used.

2. Methodology and Framework

The post-combustion flue gas properties were based on a 300 MW sub-bituminous coal-fired power
station. The flue gas was then assumed to have been pre-treated to remove the impurities and water, to
result in a stream composed of a binary mixture of COz and Nz as shown in Table 1.

The hybrid capture process investigated in this study was a combination of Vacuum Swing Adsorption
(VSA), cryogenics and membrane, as shown in Figure 1. All simulations were performed using the Aspen
HYSYS® software package, version 8.4, using the Peng-Robinson fluid package throughout the whole
capiure process plant. The VSA electrical power requirement, which uses the VSA CO2 recovery rate and
CO2 outlet punty as the input vanable was used according to the following mathematical model
represented in equations 1-3 (Xiao and Webley, 2013).

Blower Power = 2.06 - 5 37E-02x + 1.08E-02y + 3 58E-042 - 1 05E-Ddxy i
Vacuum Pump Power = 4 55 - 1 21E-01x + 2 66E-02y + 8 18E-04x7 - 2 61E-0dxy )

Total power = Blower Power + Vacuum Pump Power (3)
Where x is the COz recovery rate and y is the CO: outlet purity

The COz outlet stream from the VSA was partially compressed in a three-stage compression with inter-
cooling using cooling water. In order fo achieve cryogenic temperatures in the cryogenic separation, a
mixed ethane/propane refngeration system was used. The membrane process was a module based on
mass fransfer equations, specifically developed for applications in carbon capture simulations.

There are a number of key operating conditions, known as decision vaniables, in those capture processes
that can be varied to observe the impact that the capture processes have on the two objectives (exergy
loss rate and overall COz recovery rate of the hybrid process). Therefore, MOO would be a useful tool to
take into consideration those decision vanables as it provides a range of solutions, called the ‘Parefo-
Optimal’ solutions. Using this range of solutions, the user can make the final selection by either looking at
the impact the decision vanables have on the optimised solution or by performing further analysis on the
In this MOO, seven decision variables were allowed to be vaned mcluding: refrigerant ethane molar
fraction, refrigerant molar flow, cryogenic process stream outlet temperature, multi-stage compression
pressure and the membrane cut. Table 2 shows the range of values that those decision vanables were
allowed to vary for the hybnd capture process.

Table 1: Post-combustion flue gas properties based on a 300 MW sub-bituminous coal fired power station
after pre-treatment

Feed Conditions

Vapour Fraction 1.00
Temperature  (°C) 503
Pressure (kPa) 103
Molar Flow (kmolfh)  5.78e4
Mass Flow (kgh) 16766
Composiion  (mol frac)

Co2 0564
Nz 0.36
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Figure 1: Schematic diagram of V5A, cryogenics and membrane hybnd carbon capture process

Table 2 Table of decision varable range for MOO of the hybnd process

Decision Variable Mirimurm Maximum
Refrigerant Ethane Molar Fraction a 04
Refrigerant Molar Flow {molis) 02 1.7
Cryogenic Process Stream Outlet Temperature ("C) 50 -30
Multi-Stage Compression Pressure {kPa) 500 4000
VSA CO: Recovery Rate % 95 98

WSA CO2 Outlet Punty % 62 65

All other process unit conditions were operated using default HYSYS parameters where applicable. The
compression stage for both the multi-stage compression and refrigerant compression had an efficiency of
T5%, with inter-stage coolers using cooling water with an approach temperature of 40°C and a pressure
drop of 40kPa. The heat exchangers in the cryogenic separation were plate-fin heat exchangers with a
pressure drop of 50kPa on both the process side and refrigerant side.

3. Results

3.1 Decision Variables Pareto Charts
The Pareto charts of the first four decision vanables are shown in Figure 2.

3.2 Objective Variables Pareto Charts

The Pareto charts of the objective variables are shown in Figure 3{a).

From the objective variables Pareto charts, it could be observed that with increasing recovery rate, there
was an increase in exergy loss rate. Therefore, in order to better understand the exergy loss rate with
respect to the amount of COz being captured by hybrid capture process, a new graph of specific exergy
loss rate wis recovery rate was generated (Figure 3(b}), where specific exergy loss rate is the exergy loss
rate per mass of COz being recoverad by the process.

3.3 Additional Results

In addition to the decision variables and objective vanables, other key process performance variable were
also recorded while performing the MOQ. Two of those variables can be seen in Figure 5{a) and 5(b),
which were the ‘total shaft work required” and the ‘total specific shaft work required’. This enabled a
relationship between the exergy loss rate and the total shaft work required to be examined from the Figure
6. Finally, the third variable that was monitored was the exergy coefficient of performance (COP), which is
the ratic of exergy going out and exergy going in and can be seen in Figure 7.
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Figure 2(a} Graph of ethane molar fraction versus recovery rate Pareto Chart, 2(b) Graph of refrigerant
molar flow (mol's) versus recovery rate Pareto Chart; 2{c) Graph of multi-stage compression pressure
(kPa) versus recovery rate Pareto Chart; 2(d) Graph of process stream minimum temperature (*C) versus
recovery rate Pareto Charl; 2{e) Graph of V5A CO:z Recovery Rate versus recovery rate Pareta Chart; 2{f)
Graph of V5A CO: outlet purity versus recovery rate Fareto Chart.

4. Discussion

It can be seen from Figure 2 that most decision varables seem to have a scattered effect over the
recovery rate except for two main decision varniables; multi-stage compression pressure and the V3SA COz
recovery rate. The higher compression pressure increases the parbial pressure of CO:z and therefore
facilitates the separation of CO; from nitrogen. Also important is the pressure of the stream, which lowers
the CO: freeze out temperature, which effectively allows the siream to be cooled to the lowest temperature
possible before forming solid CO2. Finally, the WYSA COz recovery rate dictates the overall recovery rate
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since the COz lost in the waste stream from the VSA cannot be recovered.
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Figure 3{a): Graph of objective vaniables exergy loss rate (kl/s) versus recovery rate; 2(b): Graph of
specific exergy loss rafe (kJ/s) versus recovery rate.
As expected from Figure 3(a), the exergy loss rate increased with increasing recovery rate. That can be
explained by the increase in exergy required in the compressors in the multi-stage compression of the
process strea. Figure 3{b) shows that the rate of exergy loss is lower than the rate of COz being captured
and thus the specific exergy loss rate decreases with increasing CO2z being captured. interestingly Figure
3(b) shows that the specific exergy loss rate has a minimum point at a recovery rate of approximately 95%

and total specific exergy loss rate of around 1.6 GJit (COz recovered),

Figure 4(a) and 4(b) yielded results that were similar to Figure 3{a) and Figure 3{b), which means that the
total shaft work required and exergy loss rate have a linear relationship. This was further proven in Figure
5, where the total specific exergy loss rate and total specific shaft work required showed a linear graph.
This relationship can be explained by the fact that most of the exergy input is from the shaft work in the
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Figure 4{a): Graph of tolal shaft work required (kW) versus recovery rate. (b): Graph of specific shaft work
required (kJ%& (COz)) versus recovery rate.

C-12



15 c

3¢ -

j P +

]
= . *
& 18t -
Qﬁ
& it * .
=
™
2 16} * 4
2 o
1.5F 4 !
g *
> T4} +* =
= gt
(k)
=
un}
|
'_

14 i I i i i i i i i
1.5 1.8 1.7 1.8 1.9 z 21 2.2 3 4 23

Specific Exergy Loss Rats (GJNCO, captured))

Figure 5: Graph of tofal specific shaft work required (kJf {CO2)) v/s specific exergy lass rate (MJ/HCO02))

5. Conclusion

An overall exergy analysis of a hybnd carbon capture system has been performed while optimising the
process using MOO. This aliowed different key decision vanables to be varied to understand the effect that
they have on the overall recovery rate and exergy loss rate.lt was determined that the multi-stage
compression and the V5A recover rate had the biggest impact on the overall recovery rate.

Furthermore, it was observed that the total specific shaft work had a linear relationship with the speacific
exergy loss rate. This would be due to the fact that the compressors account for the majonty of the exergy
going into the system as well as the total shaft work However, this can be further investigated by selecting
an optimum point on the Pareto chart in Figure 3{b) and performing an advanced exergy analysis on each
individual processes to breakdown the exergy loss rate. Finally, an exergy analysis should be performed
on a solvent absorption capture process, where the exergefic requirement would come from both
compressors and heat energy, and the results could then be compared to this hybnd process.
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AETICLEINFO ABSTRACT

Arfide hismry In practice, carbon caprure processes in CC% [Carbon Caprure and Stomge) consist of two main units the
Received 24 December 2014 carbon dioide {C0) capture plant and the (O compeession unit, This study consdered a hybrid caprure
s o vl Mewel systermn that combined both the capture and the compression units. In doing so, the conventional mult-
Thugust :’;;_tms SIAEE L_G_, compresion unit was replaced lurl:h a bﬁ-!mpame carbon capture separaton and
A b b pressunsing step. The advantages of replacing the compeession unit are two-folds: firstly, the low-

Reywornds:

Hytwid cartsm capturs
Proces imbegration
{oal-fired puswer station
Membranes

Cryogenics

Adsyrients

Solvents

temperatire separation unit can further purify the (O stream and scondly, it produces lguid CO5
that can be pumped to rthe auper Atica state required for wansporation and sequestration. In order i
take advantage of the extra (Oy purification of the low-temperature separation unit, 3 vacuum swing
adsorption (VSA| was used as the initial OO recovery sage. A hybrid process has a higher degree of
freedom available and therefore a Mult-Objec tive Opoimisation | MOO | echnique in comb ination with
heat integration was used to optimise the total shaft work and the overall Uy recovery rate of the
capture process The MOUO provided 8 mnge of optimal solutions where the toral shaft work increased
with the total CO; being recovered by the hybnd proces. However, a minimum optim um was deter-
mined for the total specific shaft work required at an overall recovery rate of BESE, which sequired

140 GIKT 00z capured |

Crown Copyright © 2015 Published by Elsesier Led. Al rights reserved.

1. Intreduction

Accoeding to the IPCC report (Metz, 2005), one of the primary
causes of global warming & the greenhouse gas emission that has
been mreasing from the start of the industrzl era since the mid-
18th cemtury. The energy sector is 4 large omtributor to the
increasing wrbon dioxide emissions, which is mainky attributed w
the dependence of electricity production through existing coal-
fired power stations. While a transiion towards momre sustainable
sources of energy such as solar, wind and bomass energy =
mecessary, 005 has been seen as the technology to reduce CO;
emissions m the short-term and provide more time to the energy

* {prresponding author Department of Chemial Engineering, Momsh Liniver
sity, Clayton, VIC 38040, Mustralia
= Correspanding author. Cooperative Ressarch Centre hor Greenhouse Gas Tech

molegies ((D0R0), Mustralia.

hitp: (i discdol oogl W0 R i jcle pro 201500003
0658 65260 mwn Copyright & 205 Published by Elevier Lid, All rights ressrved.

sector to transition into an array of sustainable energy sources
(Stocker et al, 2013} Retro-fitting CCS to existing coal-fired power
plant can reduce the carbon emesion of the power plant, but it zlso
reduces the overall efficency of the power plant | Wennersten et al.,
2014},

Following in this section & a description of the main CO; capture
processes and the hybrid process which will combine the individ-
ual processes. Secton 2 describes the methodology and framework
used to integrate and optimise the lybrid processes. Sedion 3 gives
the results of the multi-obyective optimesation | MOO) followed by
discussion and conclusions in Sechons 4 and 5, respectively.

L1 Carbon Capture and Stomage (CCS5)

Among the diferent cpture technologies, solvent absorption
has been considered o be the benchmark among the posi-
combusbon arbon capture technologies. However, there are
other technologies that have also shown potental to be energy and
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cost mmpetitive sech as: adsorption, membranes and low-
temperature separation |also referred to as “oryogemics” in the
liteamure) (Aaron and Tsouwris, 2005; Sreenivasulu et al,, 2015) Each
of those technologies has their respective advantages and disad-
vantages (Huisingh et al, 2015

1.2 Sobvert absorpeion

Solvent absorpoon s currently the most promnent capiure
process due tothe fact that itis the most sdvanced technology since
it has been extensively used for CO; removal in the natural gas
processing mdustry (Rufford et al, 2012} A schematic disgram of
the abserption process & shown in Fig. 1 and can be divided into
two main steps: the absorption step, where lean solvent & con-
tacted with the flue gas stream to capture the COy in the absorption
column, and the desorpoon stwep that occurs o the smpping col-
wmn, where the solvent is either heated or the pressore is reduced
todesork the CO: from the solvent, yielding a high punty stream of
Oy and regeneratng the solvent which is recyded back to the
absorpion column. Solvents involving chemical reactions are
usually regenerated by heating in 2 reboiler, which utilises a sig-
nificant wn of the steam generated by the power station
{Harkin et al,, 20100,

Chemical absorption is generally used in the post-oombostion
capture but still has some challenges such as scaling-up issues,
solvent degradation, hgh rebailer duty and environm ental impacts,
Rescarch is on-going into amine-based solvents such as MEA
{mono ethanolamine, ammonia and potassium-carbonate based
solvents | Smith et al,, 2000}

1.3 Membrones

A membrane process consists of 3 membrane, which s a
specially developed material that allows the seledive permeation
of a gas through it |permeate stream) The selectivity of each
membrane depends on the natuee of the matenal and the way it has
allows the gas to flow through the membrane, Therefore, high
pressure streams are preferred when using membrane separation
processes. Membranes have been used for air separation, gas
dehydration and CO; removal (rom synthesis gas for hydrogen
producton (Bernardo of al, 20091 However, membranes in large
scale C0: capture such as in CCS has not yet been implemented due
tothe fact that it is & relatively new tedinology which has not been
tested on & sufficiently Lirge scale, nor does it produce the high
purity OOy stream that is easilty achieved by solvent absorption
{Favre, 2011; Khalilpour et al, 2014). Fig. 2 shows a simple mem-
brane process schematic diagram, where the flue gas needs o be
compressed prior o0 being supplied to the membrane wnit (o pro-
wide the necssary driving force required for the gas separation,
However, the presswre difference can also be generated by applying

Flue Ga

- Membrane
p 1- :
Fi. 2. Schematic diagram of the membrane proasss

@ vacuwm pressure to the reentate side of the membrane. Merkel
et al. [2010) showed that this configuration can redoce the
mmpressof work recquirement by approximately 55%.

14 Adsorption

In adsorption proce sses, molecules adhere to the porows surface
of a solid either by physical and/or chemical forces. The schematic
adsorption separation process is shown in Fiz 3 and typically
mnsisis of three steps:

1} The adsorption step, where a film of the adsorbate (00, ) s
formed on the surface of the adsorbent {mokecular sieves or
acthvated carbon

ijhnr;mmmmﬁummmm
vesse

i) A desorption step, where the C0y i desorbed from the
adsorbent by pressure swing operation [PSA ) or temperat ure
swing operation [TSA), PSA has proved to be a more aftrac-
tive operation than TSA due o the (s that TSA requires
longer operating time to heat the adsorbents for regenera-
tion leading to larger sorbent myventory.

Adsorption processes have very similar performance Lo mem-
branes and have also been wed for aic separation, gas dety dration
and CO: removal from synthesis gas for hydrogen production
(Sircar, 1979). Zhang and Webley {2008) stated that pressure/vac-
uum swing adsorption technology has been frequenty investigated
for the carbon capture process due to il relatve simplicity and low
energy requirements. However, one dis advantage of adsorption s
that the gaseous feed needs to be treated before passing it throwgh
the adsorber and bike the membrane process, the adsorption pro-
cess also does not readily yield a high purity CO3 stream such as
ocours wath the solvent absorpbion regeneration process.

There are many CO; selective adsorbents, such as Activated
ﬂhl.ﬂlMlthﬂmw.ﬂhﬂlm

some promusing results in the C0; separation due to the small
equipment required and the good CO; selectivity (Xiao et al., 2008:
Webley, 2014).
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L5 Low-temperature sepormtion

Low-temperature separation of CO; from post-combustion flue
gas is achieved by cooling followed by vapour - liquid phase sepa-
ration (Berstad et al, 2013} A representation of kbw-temperature
separation 15 shown in Fig. 4, where the flue gas is compressed to
an intermediate pressure, o facilitate the bguef scton of CO2 i the
chiller. The liguid OO, is separated from the Ny rich e gas which
can be pumped to an appropriate pressure for transportation and
sequestraton,

The main advantage of low-temperature seperdion is that it
yields liguid 00, that can more readily be pumped to a supercritical
state relative i gaseous OO0y that would require a separate
mmpression  waim. Berstad et al (2013) reported that low-
temiperature separation shows promising results for feed gas with
& high CO; composition, such as oxy-fucl combuston. Therefore, for
post-combustion carbon capture, low-Lemperature rocesses can
be used as part of & pwo-step hybrid capture process as shown in
Fig. 5, where an initial recovery siep would increase the macen-
tration of COy in the fue gas while trying o limit the amount of C0»
lost in the waste gas. The semnd step would then be a purification
step, which would further purify the CO; stream o the required
sequestration  concentration. The |low-temperature separation
would be ideal as the purification step as it performs better at high
€0y conce niration feed gas and would also eliminate the necessity
of & compression frain after the capiure process.

16 Corbon Capture and Storage hybrid processes

In this study, hybrid systems involved a combination of wo
carbon capture echnologies that have been mtegrated to atempt
to compliment the advantages of each process with the aim to
reduce the energy penalty and consequently, the cost of carbon
capture. As shown in Fig. 5, the stages in this hybrid process are:

i. The CO: recovery stage which discharges nitrogen to the at-
mosphere with as low & 00, concentration as possible.

it. The OOy purification stage that would punfy the CO2 stream o &
level required for storage.

The different configurations of the two-step hybrid process are
shown in Fiz. G. The potential of each hybrid process has been
assessed based on the requirements of high OOy meovery rate
| horizontal rows) for the inigal OO recovery stage and high COy
purity | columns) for the secondary stage. The % in the table reflects
combinations that do ot show potential and W represent options
with potential The justification for those assessments 5 given mn
Sections 1.7 o 110,

L7. Soivent absorption proces in a fybrid process

Solvent absorpion (Fig. 1) has been the leading carbon capture
technology as a stand alone carbon capiure process, due in part to

Fig 4. Schematic diag ram of the low-temperaturs capture proces.
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Fig. 8 Schematic disgram of & hybrid capture process onsi sing of o @plure prodeses: recovery dage avd pori fcation stage.

the ability to obtain high recovery rates and simulaneously high
purity required for carbon sequestration. The main drawback of
solvent absorption is the high reboiler duty required o regenerate
the solvent in the stripper column when recovering a large amount
of COy. Hemee, when considering the solvent absorption process in 2
hybrid process, the main aim would be to reduce the reboler duty.
There exists active research into new molecules that have a lower
specific rebodker duty (L. Mjfton OOz, but this s ot the setyeo of
this study.

Since the amount of solvent s dependent on the C0; concen-
traton, one way to reduce the amouwnt of solvent required for ab-
sorpon is to mcrease the concentration of CO: m the fue gas as
this would mprove the absorpbon kinetics | Bochedo and Szido,
2013} Hence, solvent absorption would be more appropriate as a
purificapon stage, where the feed gas o the solvent absorption
process would have been CO; ennched from the recovery stage.

Smuluua!.[zmaa}’mnidudawtrﬁmmd
membrane as a 00y recovery stage, followed by a solvent absorp-
tion process for both and pre-combustion carbon
capture. This study showed that the hybrid systems had 2 higher
energy demand for both processes, but would ako reduce the
solvent absorber height and diameter, winch would lead to a
reduction in capital st for this piece of equipment

It shiould be noted that some studies have been performed wsing
a hybrid process of sobvent absorption and membrane that uses 3
chemical solvent to incease the performance of the membrane
{(Zhou et al, 2010)". However, this may be cmnosidersd as an
enhanced membrane process rather than a tree integration of wvo
different capture technologies.

L& Low-emperature copour process oo hybrid process

The main energy requirement for low-temperture caplure
processes (Fig.4) is attributed to the shaft workol the compression
of the feed gas prior to the dulling and the compression ram
required for the refrigeration system. Hence, f implemented as che
recovery stage, the low- iemperature separation would have a high
electric power requirement, as it would have involve d compressing
the lrge amount of Ny in the feed gas compression stage.

" ,!,J';
g | TS
Fig 6. Matrix of v proves ivbrid sysiems with ases menl of potentisl it making

& hybrid provess which gives high O3y reowery amd purity. Literature referenss are
Eiven in numbers

Furthermore, at low COp concentranon and thus low COy partial
pressure, & lower iemperatre would be required to recover the CO,
resulting in a higher refageraton duty.

Therefore, the low-tempe ralure caphure prooes s performs better
as a Oy purification stage, when dealing with a smaller feed gas
flowrate and higher concentration of C0y The common concemn-
tration of CO; preferable for low-lemperaiure separ sDOn Fanges
from 15% to G0% | Belaisssow ot al, 2012a) and is dependent on the
pressure of the flue gas (Berstad et al, 2013 ). More importantly,
since the low-temperature vapour-liuid separation produces
liguid C0y ready to be pumped o 2 supercitical state for rans-
portation, it is best for e kw-lemperature separdion process o
be wsed a5 a purificanon stage.

L9 Adsorption process in g hybrid process

Adsorption prooess | Fig. 3) has shown potential &s a stand-alone
carbon capiure prcess but has had some challenges meeting the
high purity of 00, required | =35%) for carbon storage and high COy
recovery at the same time (Zhang ct al, 2008 ) In order to obtain
kgh puarity in a Vacuuwm Swing Adsorption (VSA) prooess, deep
vacuum levels are reguired to desorb the (O; molkecules from the
atsorbent s. This property makes adsorption inefficient as a purifi-
cation stage but more appropriate for the OO recovery stage,
where the VSA process can recover the 00, from the fue gas to an
interme diate CO; concentration that cn then go through a CO;
pur ifi cation sage.

L. Membrone process in g hybrid process

Finally, membrane separaton processes |Fig. 2] provide more
fexibility in a hybrid system, partly due to the balance between
permeability and selectivity that usually dictates the performance
of a membrane {Favre, 2011 ) asis shown in Fig. 7. In order to use
memmbranes as a Oy recovery step, 2 high permeability of €O
should be priontsed as it will allow more 00 through the mem-
brane. On the other hand, when using membranes as 2 00, puri-
fication step, a high selectivity of COLN; shoutd be given priocity to
obtain a high purity 00 outlet stream,

Belaissaoui et al. (2012a) and Scholes etal {20130 studied the
potental application of using membranes as the C0; recovery stage
with low-temperature separation as the porification stage.
Belamssaow et al {2012a) reported that this hybnd system showed
great potential, espedally in the low-temperature separation and
pressurisanon of the COy, where the power requirement was less
than a traditional six-stage intercooled compressor by approsi-
miately 108, Scholes et al | 20136 reported that the hybrid process
were st compe bitive with state of the art MEA solvent technology
for COy m@pture from a brown coal-fired power station.

The results obtamed by Belaissaowi et al, [2012a) and Scholes
et al [2013b) show that hybrid processes can be competitiee with
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the CCS bendunark process but requite further studies o optimise
and evaluate other lybod configurations.

LI, Process integranon ond optimiseton in OO

In order to optimise the hybrid process when retrofitting it o a
mal-fired power station, chemical process design and integration
meed to be performed. Proce ss integrabon can be dome in bvo main
steps: structural optimesastion and parameter optemsation | Smuth,
005) Structural opimisation synthesises alternative structures
of the prowss such as choosing the rght hybrid process configu-
ration by using the propertie s of e ach capture process to dete rmine
which process would be the best as the recovery and /or purification
stage, as represented in the matrix in Fig. 1. Parameter opumis aton
changes the operating conditions of the prooess o improve the
performance of the process. Heat integraton (pinch analysis | pro-
vides & systermatic method of parameter optimisation to masimise
the process efficiency in terms of heat source and heat snks
avatlable in the process. Pinch analysis also determines the mimi-
mum energy arget regured for the process W orun e ideal
sitwation [Linhofl and Senior, 1983 )

Processes that require heat sources or sinks, such as solvent
absorption and low-temper aiure separation benefit most from the
pinch anabysis technigue. Harkin et al. | 2009 ) performed a heat and
process integration analysis of 2 brown mal-fired power stabon
with a solvent absorption cirbon capture process, with a focus on
the pinch analysis. Their study showed that heat integrRGon was a
highly valuable wchnique since the cnergy penalty was reduced by
approximately 15% with effective heat integration. Capture pro-
cesses that require mainly electrical power, such a5 membrane
processes, would not provide signifiant improvement throwh
pinch analysis. Therefore, parameter optimsation can be done by
systematically varying process operating maditons and mom-
toring their effecs on the of the overall process as

performed by | Belaissaoui et al, 2012b} Scholes et al, {2013a) also

performed @ parameter opbimisabon on & hvbrid membrane sol-
vent absorption carbon capture procoess by systematcally vanang
parameters such a8 membrane driving force and the membrane
selectivity to study their effects an the CAPEX. Xiao et al. {2008)
used both stroctural dnd parameter optimsation o integrate a
WSA carbon capture process with Zeolite 13X as the adsorbent
Structural optimisation was performed by studying 3 B-step cyde
versus a | 2-siep cycle and parameter optimisation was performed
by varying several key vanables whilst monitoring the VSA power
performance,

Another method of parameter optumisation 15 Mulb-Obgective
Optimisation {MOO) technigue, which finds the values of oper-
ating conditions, known as decision variables, whidh provide the
optimum of more than one objective [Rangaiah, 2009), The
advantage of using MOO is that it generates & set of optimal sohstion
known as Parcto-optimal solutions. These are a range of solutions
that are all non-dominated, ie. cach solution is the best sohstion
speafic to the objective at hand. A non-dominated sorting genetic
algorithm is used for the generation of the Pareto optimal solutions.
This is 2 well-developed method which produce s solutions with a
Pareto curve thatis well dispersed (Bhutani et zl., 2006}, Therefore,
it provides a number of solutons that the designer @n seled from.

Furthermore, MOO @n be mmbined with other process ana-
lyses such as Life Cycle Analysis [Theodosiou et al,, 2004), techno-
coonomic analysis (Harkan et al, 20012a) and heat integration
{Harkin et al., 2012b} Heat integration has been used in academia
as well as industry since Linhofl ard Serior 1983 ) identified pindh
analysis 45 @ systematic way o improve the thermodynarmc effi-
ciency of a process. Since then, heat integrabion has been heavily
studied | Klemes et al, 2013) with recent developments studying
total site heat integradon |Liew et al, 2014}, In this study, heat
integration was used in combination with MOD ooimprove the heat
exchange between the process stream and the refrigeration system.

2. Methodology and framework

The aim of this paper is to optimise the retrofitting of 2 hybrid
carbon capture system to a coal-fired power plant stabon. The
power plant used n this shedy was a 300 MW sub- bituminows
black mal-fired power plant that has & base C0; emission of
1071 ¢/WMWh. The flue gas was aomsidered to be pre-treated and the
impurities such as the S0y and NOy removed, resulting in a binary
mixture of nitrogen and carbon diosde, the properties of the flue
gas is shown in Table 1. The hybrid @rbon caprure plant was n-
tegrated with the mal-fired power plant as shown in Fig. B, & V5A
process using Zeolite 13X was used as the 00 recovery stage, fol
lovwvied by bow-temperature seperation as the CO purification stage.
The vacmsm pump wsed in the VSA, saturates the OO rich product
stream exiting the VSA process with water Therefore a TSA
adsorption was used as a dehydration process to reduce the water
comentration to below 5 ppm to prevent the formaton of ke @ the
low-temperature  separation umt Althowsh not shown in the

Talde 1
Fostcombustion Bue gas properties based ona 300 MW sub - bituminoes mal - fired
power stalion alter pre -treatment.

Feedl menditions Lnits Value
Vapour fraction - 100
Temperature Ui ] 50
Fressure {kPa} .k}
Molar Bow Jlermast i 57 800
Mam Row {kgrhi L6000
Lompasit iem (mul frac

o0y - w1141
Mz - GRBSY
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schematic diagram, some water was removed in the nter-stage
cooling in the multi-stage compression. Finally, @ membrane pro-
cess was used to recover the 00y from the low-temperature sepa-
ration umit gaseous waste stieanm,

In order to determine the optimum cperating conditions for
each operation tn the captore unit, muli-objedive optimisation
was used to optimise two obyective variables:

1. maximising the overall CO; recovery rate of the capture prooess
2. mummms g the total shaltwok reguiced for the capture prooess

There were 7 decision variables that were used to optimse the
otyective variables, which are further discussed in the next section
and atable of the dedsion variables is found in Table 2 All prooess
simulations were performed on Aspen HYSYS® using the Peng-
Robinson Package and Microsoft Excel™ and Microsoft VBA® was
used ax the MOO interface {Rangaish, 2009,

21 Adsorption

AViacuum Swing Adsorption (VSA) process with Zeplive 13X as
the adsorbent was used as the €Oz recovery stage. In order to
simulate the performance of 3 the VEA @rbon caphure proess on
Aspen HYSYSY, the results obtasined from a 3-bed VSA cycle from
Aspen Adsim™ was used [¥iao and Webley, 2013 L, The results were
then regressed 0 obtain the blower power (Eq (1)) and vamum
pump power {Eg. | 2)) with two input variabdes: VSA CO; recovery
rate and VSA OO0y outlet purity. The il VA power regulFeme nt
was the summation of the blower power and vacuan pump power
{ Equation {3 )}, where x is the 00, recovery rate in % mass fraction
and y is the 00 outlet purity in % mass fraction. The different VSA
OOy recovery rate and VSA COp owtlet purity were obtained by

Low Temgs
Separanon
Famp

Y slage and lnw

separation a5 OOy purification stage.

varying the vacuum pressure [4.4-4.5 kPa) and the OO, concen-
fration | 1.3%-1.7%) in the Narich waste stream.

Blower Power(G] /100, | =2.06— {5_31 *® m—i] X

+{t.mxm—i}ﬁ{sjsxm*]x’—{msx 10 "}x-r "

Vacuum Pump Power (G]/1C0;) = 4.55 — (ul % m-'}x
+ {z.an x tn-’]y+ [:_u = 10 4]1?- - {251 » 10 "]w
2)

Total VSA power = Blower Power + Vacuum Pump Power
L)
Since the VSA 00 recovery rate and VSA CO» outlet purity were
the two variables that dictse the power requirement of the VEA
process, they were the two decsion variables that were used inthe
MO0 to obtain the optimon performance of the VSA

22, Lowe-tempern fure separation

There are two important processes o the low-temperacure
separation carbon cpture unic the pre-compeession wiit and the
refrigeration cycle required to obtain the low-temperature. The
compression uni used in this siudy is a three-stage compression
unit with inter-stage mobng. The COs-rich stre am exiting the VSA
capture unit 15 saturated with water: therefore, afier each inter-
stage cooling, the condensed water is removed by wsing a phase
separator to reduce the work load of the temperature swing
adsorption (TSA). A TSA is mecessary o reduce the water

Tarle 2

Tabehe osF dhessd sioms waar il v argee For WO and optimem operating conditions of bybid p
Deevision variakle Minimam Felaximan
WA OO remvery a e ] a3 SRS
VEACD, putlet purity % (L] 650
Refrigerant ethane malar fraction [efii L )
Foefrigerant malar Bow smalh 057 0
Low Emp process stream utlel lemp. =) 605 Al
Multi-stage compresion pres o kPa) il A0
Membrane cut 75
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mmposinon of the siream to below 5 ppm to avoid any for mation
of tee, As it an be seen from Fiz. B, the TSA desorption stage #nd re-
pressurisation was performed by using the pressursed mitrogen
stream from the membrane retentate stream and heabng it to the
required temperature.

Whitle the CO; and N need @ be at very low temperatures, in
the range of —40 < C o —60 °C, in order to separate the liquefied 00,
from the gaseous Ny, the final CO; stream is transported at emvi-
ronmental temperature s and the waste nitroge n-rich gas needs o
be &t room tempersiure before passing through the membrane.
Therefore, a heat exchanger network was used to recover the en-
ergy from the cold streams prior w COy rans portation and before
passing through the membrane, res pedively.

In order W achieve the low temperatores, @ mixed ethane-
propane refrigerant refrigeration oycle was wsed with bvo-stage
mpression, A mixed ethane-propane refrigerant was used over
@ propane-only refrigerant system as preliminary work showed
that the mixed refigerant reduced the fotal shaft work in the
compression train, which was a result of & better sire am composite
curve in the heat integration.

Thiis bow -tem pe riure separation onit provides 2 lot of Rexibiliny
w the hybrid process since it has a high degree of freedom
throughout the unit. Therefore, the following four decision vari-
ables were used to optimise this wnit

i Pre-compres sion pressure.
ii. Ternperzture of the CO; process stream.

Anoimporam sk in the low-temperature Separation s o
ensure that the CO; is not allowed to form solids at the low
temper ature. The temperature at which CO: forms solids, known
as the 0Dy freeze owt femperature, which is a prope riy of the CO,-
rich process stream, is determined wing Aspen HYSYS®, Therelore,
& consiraint was embedded in the MOOD to mjed any process
simulation when the COz-rich prooess stream temperature is lower
than its 0O, freeze out temperature,

23. Membrane

A membrane unit was attached o the gaseous waste stream of
the low-temperatere separation unit to capture the 00, that was
not recovered in the low tlempemture wil. Since the stream was at
a high pressure, this membrane wnit would further purify the
gaseous stream without reguiring furt her work,

A high performance polymer membrane {Low et al, 2013) was
used with a permeance of OO0y | POO2 jof 1000 GPU and seleaivity of
OOz versus Mz {ucoznz ) of 50. The permeate stream was recycled
back w the feed of the pre-ompression stage, therefore the
permeste SICan pressure was set Lo match the
stage feed stream. The feed stream of the membrane was deter-
mined by the performance of the low-temperature separation wmit,
and no extra work was reguired Lo operate e membrane. The rewas
only one decision variable used Lo optimise the membrane unit the
membrane out, ie, the ratio of the permeate flow o inlet flow (Fy
Fir), which is effectively determimed by the membrane area,

A summary of the decision variables, inchuling their range
induded in tee MOO, is shown in Table 2.

24. Modeliing paramerers

In order to run the simulations on Aspen HYSYS®, process pa-
rameters such as compressor efficiensy and  cooling  water

temperature necded to be omstant throughout all the processes.
Those process parameters are shown in Table 3,

Amimimum AT in heat exchangers of 2 - C, was used in the plate-
fin heat exchangers to improve the he at transfer efficiency between
the refrigerant stream and procoess stream. High thermal ef fidency
15 important at the low operabng temperature range regured to
liguefy the CO; in the process stream in order to reduce the work
load of the refrigeration system.

3. Results

The Fareto Optmal Front is the solution obtained from the kst
generaton of the Genetic Alg onthm of the non-domnated sobtion
set The resuls shown are for a MOO wing 75 individuals with 50
generations. The Pareto charts of the obyective variables are shows
in Fig. ‘Ha).

From the objective variabies Pareto charts, it is observed that
with inCreasing recovery rate, there was an increase in total shaft
work required. Therefore, in order o better understand the ol
work required with respect o the amount of 00y being captured by
hybrid capture process, a new graph, wsing the Parei-Optimal
solutions, of total specific shaft wokk as a function of recvery
rate was produced (Fig. 9 b)). The total speafic shaft work required
is the rate of ol shaft work required per mass of COy being
recovered by the prcess.

From Fig. 9k, it is observed that there is an opOmurmn mirimam
spedfic work required at @n overall recove ry rate of B8.9% and re-
guires & total spedfic shalt work of 140 GJf{t COy captured ). The
operating conditions of the dedsion variables are shown in Table 4.

4. Discussion
4. Decision variables Pareto charts

MDO is 2 very useful tool to 2o understand how the decision
varables affect the cach objective individually. The Pareto charts of
the decision variables for the different carbon @pture stages are
shown i Fig. 10,11 and 12 as a function of objective 10 Maximum
0y Recovery.

Fig. 10 shows the two decision variables that were vaned to
change the power requirerment of the VSA C0p meoovery process. As
was expected, higher 00, recovery rate from the VSA was required
to obtain higher overall COu recovery rate from the hybnd system
stnce the waste stream from the VSA was not being recovered. On
the other hand, the VSA 00 outket purity does not seem to have a
significant impact on the overall recovery rate of the hbod system.

Fig. 11 displays the four decision variables that determined the
perlormance of the low-temperature separation, As expected, the
pre-compression pressure Fareto chart m Fig. 11/c) shows that a
higher pressure is required to obtain higher recovery rates sine
higher mmpression pressures increase the partial pressure of COy
and therefore fadlitates the separaton of 002 from mitrogen. Also
important is that a higher pressure of the stream lowers the COy
lreeze out temperdure and effectively allows the stream o be
cooled tothe lowest temperature possible before forming solid CO,.
The dection wvariables in Fig. 11 (a) (b} and {d) cffedively

Talde 3
Table of proess modelling porameters wsed theoughout proes smulatios .
Prudess parameters Tinimmm
et pic compre s eficiency 1 ]
Cooling water lemperature L
Mhinimrem AT in heat exchangers o 2
Mlimimam OOy purity in C07 caplure stream E
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Table s

Tabde of ded simn variabbe ramge for MO0 and optimem opeatiog conditions of biwid process
Deecision varialble Limits Pl i M axi muem Drptimum
WA OO remvery ra ke 1 Lok | s BT
VEACD, cutlet purity % 615 850 E45
Refrigerant ethane molar fraction - i L] 03535
Refrigerant marlar Bow o {1777 el ] 4
Low mp process stoeam sutbet emp. e &5 L i 572
Multi-stage compresion pres o (kPa) 30 400 1786
Membrane cut = LiLi] 475 LTy

determined the power requir ement of the re frigeration system. The which is explained by the higher duty required to cool the higher
three parameters: the ethane molar fraction, the mnimum tem- amount of O,

perature achieved by the process stream and the refrigerant molar Thee final decision variable, te membrane cut of the membrane
fowrate show & knear relstionship with the objective variabile, process is shown in Fg. 12 It can be seen that in order to achieve
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the higher overall CO; recovery rate, 2 ngher membrane ot value
s required o allow more CO. to be recycled back into the sysiem
and hence, less CO; Lo be lost in the retentate strearn. However, at
lower recovery rate, no gas is allowed to permeate through the
membrane. This is to reduce the amount of C0; being recycled,
which leads to a reduced loading in the low-temperature
separation.

42 Objective voriabies Pareto chorts and optimum specific work
regured

This optimum operating condibon of mimmem speofic work of
140 GJj{ 1 C0; caprured ) and overall recovery rate of B8 9% obtained

‘l i

0.5 ‘

& !

ar

0.4

o1 i i i i i i
a n1 2 33 {=E s u

a7

Fig 11 Pareto chart of s overall bybrid proces 00y recovery rale 25 8 lonction of the
decision varialie | membr s o) pverning the membrane cplure poess

in Section 3 @n be wsed to further analyse the performance of e
hybrd process. The heat composite cwrve of the heat integrated
low-temperature separation was generated and shown in Fig 13
and the work requirement of cach component was analysed and
displayed in Fig. 14,

The stream mmposite curve i Fig 13 shows that the pinch
point poowrs at the lowest emperature and since the refrigeration
system s included in this composite curve, no extra cooling duty is
required. A near pinch also occurs at just below —40C, where the
00y st starts o condense, This is seen most dearly in the Grand
Composite Curve it Fig. 13, where the extent of process to process
heat exchange is about 4 « 10° Kjih.

The power requirement of the hybrid carbon capture process
was analysed at the optimum operating condivions. There are four
consemers of power throughout the process : The WSA process, pre-
compression prior to the low-temperature separation, the refrig-
eraion compression rain required in the refrigeration system and
the pump that pressurises the pure biguid C0; to supe reritical state,
The pump requrement is negligible throughout the process
[=B1%) therefore Fig. 14 shows the division of the shaft work
required by the three other processes. The w-temperature sepa-
ration unit, which mprises of both the pre-ompression and
refrigeration cyde compression, reguires @ total of 59% of the ol
shaft work requirement, which corresponds to 98,800 kj/s. The VSA
process, which consists of the blower to compre ss the flue gas prior
to entering the VSA and the vacuum pump required to go to vac-
wum pressure for the desorpion stage, requires 41% of the wial
shaft work.

The twio main power COnsWmers are the pre-compression tramn
and the VSA power requirement. The pre-compres sion Fain chnot
be Rurther optimised other than the decision variables that have
been allocated. The second mam power conswemer is the VSA pro-
cess and i order o improve the power requirement, further
improvement o the VSA& process would be required sudh as betier
adsorbents or different VSA cnfigurations.
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5. Conclusion

The VSALow-temperRture separation ybrid carbon capture
process shows that it can adueve a high CO; recovery rate and high
C0y purity required for carbon se ques raton, while also performing
wel in terms of the energy masumption, The MOD tedwnigue was
used to obtain & range of overall OO, recovery raies and the cor-
responding mimmem amount of shaft work required to operate the
hybrid capture process along with the mrresponding operating
decision variables, The total specific shaft work required by the
hybrid capture process (G [COy captured)) was cblained by
dividing the sl shaft work required | MW ) by the corres ponding
amount of COz being recovered for capiure (ke 's & Ths resulted in
an optimum minimem specific shalt work of 140, Gt €0,
captured ) when B8.9% af the 00; is being recovered by the hybrid
process {with 00 purity of 98.2% )

B e Fower
:] Pre Compression Power
: Refgeration Fower

7%

Al

Fig M. Piechat of il shall wark reguired For e hyirid capture proeess. The low-
temperature separation proces arises of the preampression and refrigeration
peweer regquiremenl. The W54 bl power requirement arsists of both tee losser prioe
o entering Bue WSA and e varuum pump required o povide vauum pressunes

It is to be noted that @ comparable established MEA solvent
dbsorption  separation system with 4 multe-stage compre ssion
system requires 4 G/t 00, recovered ) (Belaisssoui et al, 2012a)
that comverts to approsamately 13 Gle|t 00; recovered | Therefore,
in order for the hybrid process o match e MEA solvent absorp-
pon separabion system, the VEA process would have to reduce is
energy requirement by 7% while still having the same COy re-
crvery rate and 00y outhet purity. The epergy requirements of the
hybrid system have shown great potential to be competitive with
solvent absorption capture processes, Therefore, further work
needs © be performed to reduce energy requirements and o
evaluate the economic performance of the hybrid process.
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omesponang auver. Eno:

Absiract: Carbon capture and storage (CCS) s one of the technologies required 1o reduce the
greenhouse gas emissions to limit the aimospheric concentration of CTO: to less than 450ppm.
Howewer, CCS is energy intensive. The aim of this study is o reduce the energy requirement of CCS
by using a hybrid process that combines both the purification and compression stages. The hybrid
lﬂmumﬂdnmﬂnmﬂﬂm&&bﬂnh—hﬂmﬂmcmmm

configuration used & propans refrigerant with & minimum temperature of -35°C. Using Multi-Objective
Dptimisation (MOO), @ was deiermined that the mixed ethane-propane refrigerani hybrid system
yielded better performance. Under the optimised conditions a tatal specific work of around 1.2 GJst
[CO: captured) can be achieved, which 1= compeiitive with the commercial sotvent sysiems.

Keywords: - Carbon capiure, Cryogemnocs, Hybrid Process, Membrane, Multi-objechve optimisation,

1 Introduction

The giobal concern on climate change due o greenhouse gas emissions = Ncreasng. Acoording to
the studies performed by the Inemabional Pansl for Climate Changs (TPCCH[1]. the atmosphenc
content of carbon dioxide will keep increasing unless a combinaticn of technologies iz implemented to
reduce the anfhropogenic carbon emissions. Post-combusiion and pre-combusiion carbon caphure
and storage (CCS) for coal-based electricity generation is seen as one of the technologies that will
assist with the transtion to a low-carbon emission economy. This paper will focus on the integration
and optimisation of post-combustion carbon capture processes (Figure 1) in a coal-fired power station
with the aim of reducing the energy reguired to retrofii the CCS process.

CO2 ta Stora

Caal/ Gn!ﬂm. l i dlda
Power
Air Generation

Figure 1. Membrane and Low-Temperature Hybrid Carbon Capture Schematic Diagram

1.1 Carbon Capture Technologies

in post-combustion capture, COz needs o be separated from the flue gas, which would typically
cansist of mosily M= and CO: and some impurities such as 0z, S0x, NO= and water vapour. There are
four leading post-combustion carbon capiure technologies [2, 3] solvent absorplion, adsorplion,
membranes and w-temperatune separation (KNOWN &3 Cryogenic separation in some of the
iterature). Among those technologies, solvent absorpiicn is currently the most prominent capture
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process in both post-combustion and pre-combustion, since it has been extensively used in the natural
gas processing industry(4]. However, each of the carbon capture technologies has their advantages
and disadvantages and by combining different carbon capture technologies, it may be possible o find
& combination which negates the disadvantages of the other[S]. The combination of tiws or more
capture technologies is known as hybrid carbon capture, which as depicted in Figure 2 has two main
stages:

1. The CO; recovery stage which discharges nitrogen to the atmosphere with as Iow a CO:

concentration as possible.
ii.  The CO: punfication stage that would punfy the CO; sweam to a level required for storage.
i, Rich Seream 4, Rich Stream N
Flue Gas lf.‘“l:hl.a:owry
Stage

[C0, Concentrated Stream [P=500) | 00y Purification | ©0, Rich Stream (P=95%)
| Stage i

Figure 2. Schematic diagram of a hybnd capture process consisting of two capture processes:

A= shown in Figure 3, the hybrid CO: separation process involves a single-stage memibrane unit as
the CO: recovery stage. and a low-temperature separation, as the C0; purification stage. Due to the
high degree of freedom to integrate and optimise the hybrid process, a multi-objective optimisation
technigue was used to determine the optimum operating condition of the process.

1.2 Process Integration and Optimisation of Hybrid Carbon Capture Processes

Procesa opbimisation is an integral pant of any chemical enginesring process. Although a process can
be optimisad for one objective at a time (single objective optimisation, S00), there are wusually multiple
objectives that need io be considerad simultaneously. This is known as muifi-objective optimisation,
which refers to finding values of decision vanables (D) which comespond to and provide the opimum
of more than one objective [E].

The purpose of using mult-objective optimisation in this paper is that whilst maximising the overall
recovery of COz is an obvious objective for a capturs system, increasing the recovery usually
increases the total work reguired as well. Therefore, in order 10 have the best capture system, it is
important to determine the minimum power requirement for the maximum CO0: yield for each case.
However, since the two cbjectives conflict with each other, there will not be a single best solution, but
a series of solutions, called Pareto-optimal solutions and this provides the relationship between the
two objectives. The decizion variables used in this study can be seenin Fig 1, Fig 2 and in Tab L

2 Methodology and Simulation Framework

2.1 General Framework

The post-combustion five gas properties were based on a 300 MW sub-bituminous coal-fired power
station. The flue gas was then assumed to have been pre-treated to remowve the impuriiies and waker
by including the energy cost for this pre-treatment step in the calculations. The feed gas compaosition
and conditions are shown in Table 1 and Table 2, respectively.

Table 1: Posi-combustion flue gas conditions based on a 300 MW sub-bituminous coal fired power

station after pre-treatment
Feed Conditions  Units Walue
‘Vapour Fraction = 1.00
Temoseralure e # | 50
Frezsurs kPa) 103
Weolar Flow {kmalh 5 7Bx10*

Mass Flow k) 1E7x108
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Tahle 2: Post-combustion flus gas composition based on a 300 MW sub-bituminous coal firsd power

station after pre-treatment
Composition Units Value
Tl (molfrac) 014
Mz (molfrac) 0.86

All other process unit condiions were operated using industry accepted parameters. The compression
stage for both the multi-stage compression and refrigerant compression had an igentropic efficiency of
B0 %, with inter-stage coolers using cooling water with an approach temperature of 30 *C and a
pressure drop of 40 kPa. The heat exchangers in the cryogenic separation were plate-fin heat
exchangers with a pressure drop of 50 kPa on both the process side and the refrigerant side.

2.2 Membrane and Low-Temperature Hybrid Carbon Capture Unit

The hybrid capture process investigated in this study was a combination of membrane and low-
temperature carbon capture units as shown in Figure 3 and Figure 4. Heat integration was
performed on the low-temperature separation unit to reduce the cold duty of the refrigeration system
and obtain outlet streams at approximately 25°C. All simuiations were performed using the Aspen
HY5758 software package, version £.4, using the Peng-Robinson fluid package for the phase

m?h Stream
Recycle Stream
Membrane & ;
H-m_.‘ﬁn i—b- * Membrane B
Multi-Stage Compres sion
Blower [Compressar £} L‘- Ny ftich Stream [g)
(Compressos &) — D
Separation Una

Witnnan Py ;[D:Hm

{Compressor 8)
Figure 3: Membrane and Low-Temperature Hybrid Carbon Capture Schematic Diagram

Ef ;Tvpuurir-r-l

(Mot Stream) HEN
Heat [xchamget {Cokd
Feed from d f’.A:;\ | FPhase
Compressor B '-U E b parator
Ta C0: Stomge
]
- HEM
Valve —— [Cokd Stream|
Refrigerabon Compresson
{Compressor 0]
HEN
4ot Sream|

Figure 4: Low-Temperature Unit Schematic Diagram (HEN — Heat Exchanger Metwork )

The membrane process was an Aspen HYSY58 module based on mass transfer eguations,
specifically developed for applications in carbon capture simulations[7]. A high performance polymier
membrane[f] was used with a permeability of CO:z (Pzoz) of 2000 bamer and selectivity of CO; versus
Mz (Bogzae) of S0, The permeate stream from Membrane A is then sent to the low-temperature

separation carbon capture wnit.
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There are two important processes in the low-temperature separation carbon capture unit the pre-
compression unit and the refrigeration cycle required to chill the process gas to the separation
temperature. Thepmwmmimdnﬂuﬁﬂrsahm—d.gemmﬁﬂum
stage cooling. Two refrigeration cycle systems were studied:

Case | — Mixed ethane/propane refrigerant system (minimum temperature of -B0°C).
Case Il - Propane refrigerant system {minimum temperature of -40°C)

Furthermore, a membrane unit (Membrane B) was attached o the gaseous wasie stream of the low-
temperature separation unit to capture the CO- that was not recovered in the low-temperature unit.
Since the stream was at a high pressure, this membrane unit would further purify the gassous stream
The streams exiting the low-temperature separation unit are typically in the temperatures below 0°C_
Therefore, in order to recover the cold duty available in those etreams, a heat exchanger network was
used to recover the energy from the cold streams.

2.3 Process Integration and Optimisation

Duze to the high degree of freedom available in the integration of the hybrid carbon capture process,
mlti-cbhjective optimisation (MOO J[6] was used o determineg the optimum aperating conditions of
each stage of the hybrd carbon capiure process. There are a number of key operating variabies,
kncwn as decision variables, for each capture process that can be varied to optimise the overall
performance of the hybnd carbon capture system. For both refrigeration opticns, two objective
variables were simultaneously optimised to determine the performance of the hybrid system: overall
COz recovery rate of the hybrid system and total work required for the hybnid procese. The range of
each decigion variables are shown in Table 3.

3 Results

3.1 Optimisation Pareto Charts

The Pareto chars of the sbjectve variables are shown in Figure 5.

From the objectve variables Pareto charts, it could be chserved that with inoreasing recowvery rate. thers was an
increase m iotal work required. Therefore. in order to betier understand the iotal work required with respect o the
amount of CO; being captured by the hybrid process, a new graph using the Parsto-Optmal solutions. of wotal
specific work reguired (GJuC02 recovered )| versus recovery rate was gensrated (Figure 8)

Table 3. Tabie of range of decision varial¥es for Case | and Case Il.
Case Il - Propane

Case | - Mixed Refrigerant Refrigerant
Membrans A Cut - 01 LER: 1 D9
Membrans A Feed
Preasure {kPa) 115 200 120 200
Membrans A Permeais
Fressune (kPa) 20 100 10 100
Refrigerant Molar Flow {molls) 12 | [ A
Refrigerant Ethane Molar
Fraction - 0z 08 A A
Heat Exchanger Network
Intermediate Temperabure [*C) hA MA -15 s
Low-Temp. Process
Stream Outlet Temp. () -E0 -40 -35 -2%5
Muiti-Stage Compression
Pressure {kPa) 1250 3000 2000 4500
Membrane B Cut - 0.05 0B DX iR

The Paneto Optimal Front is the solution obtasned from the last generaton of the Genetic Algorithr of the non-
dominated solution set. The resufts shown are for 3 MOO u=ing 50 individuals with 50 generations. The Parsto
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charts of the four decision variables with the highest impact on the objective variables are shown in Figure 7
plotted against the objective 1: Maximum C0: Recovery.
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3.2 Additional Results
In acdtion to the decision varables and objective vanables, other key process performance vanables wers also
recorded while performing the MOO, Three of those vanables can be seen in Figure B.

4 Discussion

The objective Pareto chart for Case 1, represented by the blue circles in Figare 5, shows that an
increase in total werk is required to increase the overall CO; recovery rate of the hybrid process. This
increase in total work is reflected in the decision variables Pareto chart in Figure 7, where the feed
pressure of Membrane A (Figure 7(b)) mcreases with increasing recovery rate and the permeate
stream pressure of Membrane A (Figure 7(c)) decreazes with increasing recovery rate. Increase in
feed pressure and decrease in pressure below atmospheric pressure for the permeate stream
represents an increase in power requirement for the blower and vacuum pump respectively.

The total work required per mass of CO: captured provides & betier baseline to compare the hybrid
carbon capture process with other established carbon capture technology, which is shown in Figure §;
the total specific work required has a gquadratic relationship with the overall recovery rate of the hybnd
system . This guadratic relationship has an optimum minimum fots specific work of 1.24 GJ i (CO:
captured ] required with an overall recovery rate of 79.7%.

The Pareto charts for Case || show a similar frend to the objective variables and decizion variables
Pareto charts of Case |, the total work required increases with increasing recovery rate, which results
in a guadratic relationship between the total specific work required and the overall recovery rate of the
‘hybrid system. The optimum minimum for Case || cccurs at a total specific work of 1.26 GJet (CO:
captured ) required with an overall recovery rate of 52_.3%_ Furthermore, in order to-obiain a recovery
rate of 0%, approximately 1.5 Gdat (COz caplured) is required.

Thig difference in ocptimum perfomance between the two cases can be seen in Section 3.2, where the
Pareto Charts of the three main components that reguire werk are shown in Figure 8. Figure 8{a)
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shows that the work reguirements for Membrane A in both cases are similar. This mirrors the resuliz
obtained in Figure T{b) and Figure T{c), whers the feed pressure and permeate pressure of
Membrane A for both cases are comparable.
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Figure 8: Pareto chart of the three main components requiring work versus the CO: recovery rate (a)
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{Compressor D); (c) Low-Temperature Pre-Compression (Compressor C)

Figure &b} represents the total work reguired in the compression frain of the refrigeration cycles for
each case. As expected, the propane refrigerant refrigeration cycle (Case 1), requires less work than
the mixed refrigerant refrigeration cycle (Case 1). This is due to the lower temperatures obtained by the
propane refigerant, which re-guire lower pressure ratios in companson to the mixed refrigerant, where
higher pressure ratios are required to achieve the colder temperatures. However, it can also be
mmﬁﬂhmhMWHWHmemm
Tecovery 4
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Figure 8{c) shows the total work required for the pre-compression of the feed stream entering the low-
temperature separation. it can be ohserved that both cases have the same trend, whoever, at
recovery rates greater than 60%, the mixed refrigerant hybrid system requires less work. This can be
explained from the fact that the mixed refrigerant hylyid system has lower temperatures in the low-
temperature unit. The lower temperature allows the CO: o be liguefied at lower pressure, therefore
requiring less work in the pre-compression train.

The difference in work reguirement for the refrigeration unit and pre-compression unit explains the
difference in optimum operating conditicns of each case, where at iower recovery rates the propane
refngerant performs better due to the higher temperatures and similar pre-compression work
requirement. On the other hand, &t higher recovery rate, the mixed refrigerant has a better
perfiomance since o the colder temperatures resuits in a lower pre-compression work requirement.
This shows that the membrane/low-temperature hybrid system provides a high degree of flexibility o
distribute the CO: separation work load betwesn both capture processes.

5 Conclusions

Ag it can be s=en in Figure 3, MEA solvent absorption separation system with a multi-stage
COMPression system reqguires 4 Gyt CO; recovered) [10] that converts to approximatsly 1.3 GJef(t
CO: recoverad). Both Case | and Case |l considered have an opimum minimum specific work
required of approximatety 125 Gt CO: recovered ) with an overall recovery rate of 739.7% and 52%
respechively. Both cases provide a highly competitive oplion o the commercial MEA solvent
absorpbon separation system on an energy reguirement basis . Furthermore, membrane processes
The choice of which of the two systems should be employed would probably be based on other
factors, such as reiative ease of operation or capital cost.
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